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The book series addresses novel techniques and measures related to sustainable water de-
velopments with an interdisciplinary focus on different fields of water resources assessment 
and management, freshwater production, water and wastewater treatment and wastewater 
reuse as well as water-efficient technologies and water-saving measures. Particular attention is 
paid to the role of water issues within the water-energy-food-public health-ecosystem-climate 
nexus.  
Water and wastewater industries are rapidly growing sectors providing significant opportunities 
for investments. This applies especially to those industries using sustainable water and 
wastewater technologies, which are increasingly favored. 
The series of books constitutes an information source and facilitator for the transfer of 
knowledge, focusing on practical solutions and better understanding. It is aimed at academics, 
manufacturers and consultants, and professionals from governmental and non-governmental 
organizations, international funding agencies, public health, policy, regulatory and other 
relevant institutions, as well as the wider public, and targets communities and industries both 
great and small.
The series includes books authored and edited by world-renowned scientists and engineers as 
well as by leading authorities in economics and politics. Women are particularly encouraged to 
contribute, either as author or editor.

SERIES EDITOR: Jochen Bundschuh

Realizing that water, energy and food are the three pillars to sustain the growth of human 
population in the future, this book deals with all the above aspects with particular emphasis 
on water and energy. In particular, the book addresses applications of membrane science and 
technology for water and wastewater treatment, energy and environment. The readers are also 
offered a glimpse into the rapidly growing R & D activities in the ASEAN and the Middle East 
regions that are emerging as the next generation R & D centers of membrane technologies, 
especially owing to their need of technology for water and wastewater treatment. Hence, this 
book will be useful not only for the engineers, scientists, professors and graduate students who 
are engaged in the R & D activities in this field, but also for those who are interested in the 
sustainable development of these geographical regions. Thus, it is believed that the book will 
open up new avenues for the establishment of global collaborations to achieve our common 
goal of welfare of the human society.
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About the book series

Augmentation of freshwater supply and better sanitation are two of the world’s most pressing
challenges. However, such improvements must be done economically in an environmentally and
societally sustainable way.

Increasingly, groundwater – the source that is much larger than surface water and which provides
a stable supply through all the seasons – is used for freshwater supply, which is exploited from ever-
deeper groundwater resources. However, the availability of groundwater in sufficient quantity
and good quality is severely impacted by the increased water demand for industrial production,
cooling in energy production, public water supply and in particular agricultural use, which at
present consumes on a global scale about 70% of the exploited freshwater resources. In addition,
climate change may have a positive or negative impact on freshwater availability, but which
one is presently unknown. These developments result in a continuously increasing water stress,
as has already been observed in several world regions and which has adverse implications for
the security of food, water and energy supplies, the severity of which will further increase in
future. This demands case-specific mitigation and adaptation pathways, which require a better
assessment and understanding of surface water and groundwater systems and how they interact
with a view to improve their protection and their effective and sustainable management.

With the current and anticipated increased future freshwater demand, it is increasingly difficult
to sustain freshwater supply security without producing freshwater from contaminated, brack-
ish or saline water and reusing agricultural, industrial, and municipal wastewater after adequate
treatment, which extends the life cycle of water and is beneficial not only to the environment but
also leads to cost reduction. Water treatment, particularly desalination, requires large amounts of
energy, making energy-efficient options and use of renewable energies important. The technolo-
gies, which can either be sophisticated or simple, use physical, chemical and biological processes
for water and wastewater treatment, to produce freshwater of a desired quality. Both industrial-
scale approaches and smaller-scale applications are important but need a different technological
approach. In particular, low-tech, cost-effective, but at the same time sustainable water and
wastewater treatment systems, such as artificial wetlands or wastewater gardens, are options suit-
able for many small-scale applications. Technological improvements and finding new approaches
to conventional technologies (e.g. those of seawater desalination), and development of innovative
processes, approaches, and methods to improve water and wastewater treatment and sanitation
are needed. Improving economic, environmental and societal sustainability needs research and
development to improve process design, operation, performance, automation and management
of water and wastewater systems considering aims, and local conditions.

In all freshwater consuming sectors, the increasing water scarcity and correspondingly increas-
ing costs of freshwater, calls for a shift towards more water efficiency and water savings. In the
industrial and agricultural sector, it also includes the development of technologies that reduce
contamination of freshwater resources, e.g. through development of a chemical-free agriculture.
In the domestic sector, there are plenty of options for freshwater saving and improving efficiency
such as water-efficient toilets, water-free toilets, or on-site recycling for uses such as toilet flush-
ing, which alone could provide an estimated 30% reduction in water use for the average household.
As already mentioned, in all water-consuming sectors, the recycling and reuse of the respective
wastewater can provide an important freshwater source. However, the rate at which these water
efficient technologies and water-saving applications are developed and adopted depends on the
behavior of individual consumers and requires favorable political, policy and financial conditions.

vii



viii About the book series

Due to the interdependency of water and energy (water-energy nexus); i.e. water production
needs energy (e.g. for groundwater pumping) and energy generation needs water (e.g. for cooling),
the management of both commodities should be more coordinated. This requires integrated energy
and water planning, i.e. management of both commodities in a well-coordinated form rather than
managing water and energy separately as is routine at present. Only such integrated management
allows reducing trade-offs between water and energy use.

However, water is not just linked to energy, but must be considered within the whole of the
water-energy-food-ecosystem-climate nexus. This requires consideration of what a planned water
development requires from the other sectors or how it affects – positively or negatively – the
other sectors. Such integrated management of water and the other interlinked resources can
implement synergies, reduce trade-offs, optimize resources use and management efficiency, all
in all improving security of water, energy, and food security and contributing to protection of
ecosystems and climate. Corresponding actions, policies and regulations that support such integral
approaches, as well as corresponding research, training and teaching are necessary for their
implementation.

The fact that in many developing and transition countries women are disproportionately dis-
advantaged by water and sanitation limitation requires special attention to this aspect in these
countries. Women (including schoolgirls) often spend several hours a day fetching water. This
time could be much better used for attending school or working to improve knowledge and skills
as well as to generate income and so to reduce gender inequality and poverty. Absence of in-door
sanitary facilities exposes women to potential harassment. Moreover, missing single-sex sanita-
tion facilities in schools and absence of clean water contributes to diseases. This is why women and
girls are a critical factor in solving water and sanitation problems in these countries and necessi-
tates that men and women work side by side to address the water and wastewater related operations
for improvement of economic, social and sustainable freshwater provision and sanitation.

Individual volumes published in the series span the wide spectrum between research, develop-
ment and practice in the topic of freshwater and related areas such as gender and social aspects
as well as policy, regulatory, legal and economic aspects of water. The series covers all fields and
facets in optimal approaches to the:

• Assessment, protection, development and sustainable management of groundwater and surface
water resources thereby optimizing their use.

• Improvement of human access to water resources in adequate quantity and good quality.
• Meeting of the increasing demand for drinking water, and irrigation water needed for food

and energy security, protection of ecosystems and climate and contribution to a socially and
economically sound human development.

• Treatment of water and wastewater also including its reuse.
• Implementation of water efficient technologies and water saving measures.

A key goal of the series is to include all countries of the globe in jointly addressing the challenges
of water security and sanitation. Therefore, we aim for a balanced selection of authors and editors
originating from developing and developed countries as well as for gender equality. This will
help society to provide access to freshwater resources in adequate quantity and of good quality,
meeting the increasing demand for drinking water, domestic water and irrigation water needed
for food security while contributing to socially and economically sound development.

This book series aims to become a state-of-the-art resource for a broad group of readers includ-
ing professionals, academics and students dealing with ground and surface water resources, their
assessment, exploitation and management as well as the water and wastewater industry. This com-
prises especially hydrogeologists, hydrologists, water resources engineers, wastewater engineers,
chemical engineers and environmental engineers and scientists.

The book series provides a source of valuable information on surface water but especially on
aquifers and groundwater resources in all their facets. As such, it covers not only the scien-
tific and technical aspects but also environmental, legal, policy, economic, social, and gender
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aspects of groundwater resources management. Without departing from the larger framework
of integrated groundwater resources management, the topics are centered on water, solute and
heat transport in aquifers, hydrogeochemical processes in aquifers, contamination, protection,
resources assessment and use.

The book series constitutes an information source and facilitator for the transfer of knowl-
edge, both for small communities with decentralized water supply and sanitation as well as large
industries that employ hundreds or thousands of professionals in countries worldwide, working
in the different fields of freshwater production, wastewater treatment and water reuse as well
as those concerned with water efficient technologies and water saving measures. In contrast to
many other industries, suffering from the global economic downturn, water and wastewater indus-
tries are rapidly growing sectors providing significant opportunities for investments. This applies
especially to those using sustainable water and wastewater technologies, which are increasingly
favored. The series is also aimed at communities, manufacturers and consultants as well as a
range of stakeholders and professionals from governmental and non-governmental organizations,
international funding agencies, public health, policy, regulating and other relevant institutions,
and the broader public. It is designed to increase awareness of water resources protection and
understanding of sustainable water and wastewater solutions including the promotion of water
and wastewater reuse and water savings.

By consolidating international research and technical results, the objective of this book series
is to focus on practical solutions in better understanding groundwater and surface water systems,
the implementation of sustainable water and wastewater treatment and water reuse and the imple-
mentation of water efficient technologies and water saving measures. Failing to improve and move
forward would have serious social, environmental and economic impacts on a global scale.

The book series includes books authored and edited by world-renowned scientists and engineers
and by leading authorities in economics and politics. Women are particularly encouraged to
contribute, either as author or editor.

Jochen Bundschuh
(Series Editor)
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Environmental Science and Engineering, Fudan University (FDU), Shanghai

Eddy Yong-Ping Zeng (inter-compartmental processes and fluxes of persistent organic
pollutants (POPs); bioaccumulation and foodweb transfer of POPs; feasibility of using
solid-phase microextraction-based technologies to measure freely dissolved concentrations of
POPs in sediment porewater; human exposure and health risk), Dean, School of
Environment, Jinan University (JNU), Guangzhou

COLOMBIA

Claudia Patricia Campuzano Ochoa (water and environment: research, planning,
development, policy framework and strategic management; environmental integrated
management of water resources and territorial dynamics; water footprint; inter-institutional
coordination; education and environment; culture), Director of Water and Environment, and
Coordinator of the Inter-Institutional Water Agreement at the Antioquia in the Science and
Technology Center Corporation, Medellin, Antioquia

Gabriel Roldán Pérez (limnology and water resources), Colombian focal point for water in
the InterAmerican Network of Academies of Sciences (IANAS); Research Group in
Limnology and Water Resources, Catholic University of Oriente (UCO), Antioquia

COSTA RICA

Guillermo Alvarado Induni (geothermal fluids; water chemistry; balneology; interrelations
between water chemistry and seismic/volcanic activity), Head, Seismology and Volcanology,
Costa Rican Institute of Electricity (ICE), San Jose

CROATIA

Ognjen Bonacci (hydrology; karst hydrology; ecohydrology), Faculty of Civil Engineering,
Architecture, and Geodesy, University of Split, Split

CYPRUS

Soteris Kalogirou (solar energy collectors; solar energy for seawater desalination;
combination of CSP with desalination), Department of Mechanical Engineering and
Materials Sciences and Engineering, Cyprus University of Technology (CUT), Limassol

CZECH REPUBLIC

Barbora Doušová (water and wastewater treatment; adsorption technologies; study,
preparation, modification and testing of new sorbents to the verification of adsorption
properties of natural matter – soils, sediments, dusts, etc.; geochemical processes on the
solid-liquid interface), Department of Solid State Chemistry, University of Chemistry and
Technology Prague (UCT Prague), Prague

Nada Rapantova (water resources and water quality; hydrogeology; groundwater pollution;
groundwater modeling; mine water technology; uranium mining), Faculty of Mining and
Geology, VSB – Technical University of Ostrava, Ostrava
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Tomáš Vaněk (plant biotechnology; natural products chemistry; environment protection;
phytotechnologies), Head, Laboratory of Plant Biotechnologies, Institute of Experimental
Botany, Czech Academy of Sciences, Prague

DEMOCRATIC REPUBLIC OF THE CONGO

Dieudonné Musibono (ecotoxicology; ecosystems health; natural resources management;
aquatic biodiversity; environmental & social impact assessment of projects; sustainable
development; mining environment monitoring), Head, Department of Environmental Science
and Engineering, Faculty of Science, University of Kinshasa; Former Programme Advisor
and National Coordinator at UNEP, Kinshasa

DENMARK

Hans Brix (constructed wetlands for the treatment of polluted water; urban stormwater reuse;
sustainable water/wastewater management in developing countries), Department of
Bioscience, Aarhus University (AU), Aarhus

DOMINICAN REPUBLIC

Osiris de León (urban and industrial water pollution; water scarcity; groundwater exploration
and exploitation; geophysical methods; dam sites exploration; environmental assessment for
water pollution identification), Dominican focal point for water in the InterAmerican Network
of Academies of Sciences (IANAS); Commission of Natural Sciences and Environment of
the Science Academy, Academy of Sciences of the Dominican Republic, Santo Domingo

EGYPT

Fatma El-Gohary (water reuse), Water Pollution Research Department, National Research
Centre, Dokki

Mohamed Fahmy Hussein (isotope hydrology and geochemistry applied in the holistic
approach on surface and groundwater resources use; conservation and improvement of water
quality; water management by integrating unsaturated and saturated zones and the potential
promotion of water users implication in the control of water resources in the irrigated soils
via water treatment and reuse), Soil and Water Department, Faculty of Agriculture, Cairo
University (CU), Cairo

ESTONIA

Ülo Mander (landscape ecology (nutrient cycling at landscape and catchment levels) and
ecological engineering (constructed wetlands and riparian buffer zones: design and
performance), Department of Geography, Institute of Ecology and Earth Sciences,
University of Tartu (UT), Tartu

ETHIOPIA

Tesfaye Tafesse (transboundary water issues, with emphasis on the Nile; natural resources
management and institutions; rural development and agricultural problems in the Third
World), College of Social Sciences, Addis Ababa University (AAU), Addis Ababa

Taffa Tulu (watershed hydrology; watershed management; water resources engineering;
irrigation engineering; water harvesting), Center of Environment and Development, College
of Development Studies, Addis Ababa University (AAU), Addis Ababa

FEDERATED STATES OF MICRONESIA

Leerenson Lee Airens (water supply for Small Islands Development States (SIDS)),
GEF IWRM Focal Point; Manager, Water Works, Pohnpei Utilities Corporation (PUC),
Pohnpei State
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FIJI

Johann Poinapen (water and wastewater engineering and management; design and operation
of water and wastewater treatment plants including membrane systems (MF & RO); brine
treatment (thermal technologies); mine water treatment; water recycling), Acting Director,
Institute of Applied Sciences, University of the South Pacific (USP), Suva

FINLAND

Riku Vahala (drinking water quality and treatment), Water and Environmental Engineering,
Department of Civil and Environmental Engineering, School of Engineering, Aalto
University, Aalto

FRANCE

Catherine Faur (water treatment involving fluid-solid interactions; engineering of polymer
membranes by twin product – processes approaches), Department Engineering of Membrane
Processes, University of Montpellier (UM), Montpellier

GEORGIA

Givi Gavardashvili (water management; erosion-debris flow processes; floods),
Ts. Mirstkhulava Water Management Institute, Georgian Technical University (GTU),
Tbilisi

GERMANY

Regina Maria de Oliveira Barros Nogueira (water and wastewater biology), Institute for
Sanitary Engineering and Waste Management, Leibnitz University Hannover,
Hannover

Jan Hoinkis (membrane technologies; membrane bioreactor technology; water and
wastewater treatment; water reuse; sensor and control systems in water treatment), Institute
of Applied Research, Karlsruhe University of Applied Sciences (HsKA), Karlsruhe

Heidrun Steinmetz (resource oriented sanitation (nutrient recovery, energy efficiency);
biological and advanced wastewater treatment; water quality management), Chair of Sanitary
Engineering and Water Recycling, University of Stuttgart, Stuttgart

GREECE

Maria Mimikou (hydrology; water resources management; hydro-energy engineering; climate
change), School of Civil Engineering, National Technical University of Athens (NTUA),
Athens

Anastasios Zouboulis (water and wastewater treatment; biotechnological applications),
School of Chemistry, Aristotle University of Thessaloniki (AUTH), Thessaloniki

HAITI

Urbain Fifi (hydrogeology; environment engineering; groundwater quality and pollution;
water resources management; hydrogeological modeling), President of IHP Haitian National
Committee for UNESCO; Head of Research Master in “Ecotoxicology, Environment and
Water Management”, Faculty of Sciences, Engineering and Architecture, University
Quisqueya, Haut de Turgeau, Port-au-Prince

HONDURAS

Sadia Iraisis Lanza (water resources and climate change; physical hydrogeology; hydrology;
water quality), Physics Department, National Autonomous University of Honduras (UNAH),
San Pedro Sula, Cortés
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HONG KONG

Jiu Jimmy Jiao (hydrogeology; influence of groundwater and rainfall on landslides; impact of
human activities on groundwater regimes; dewatering system design; contaminant fate and
transport modeling and groundwater remediation design; global optimization approaches for
parameter identification in flow and transport modeling; parameter sensitivity analysis and
its influence on parameter estimation), Editor Hydrogeology Journal; Department of Earth
Sciences, The University of Hong Kong (HKU), Hong Kong

HUNGARY

László Somlyódy (wastewater treatment; environmental engineering), past President of the
International Water Association (IWA), Head, Department of Sanitary and Environmental
Engineering, Faculty of Engineering, Budapest University of Technology and Economics
(BME), Budapest

INDIA

Makarand M. Ghangrekar (wastewater treatment in microbial fuel cell and electricity
generation), Department of Civil Engineering, Indian Institute of Technology – Kharagpur
(IIT Kgp), Kharagpur, West Bengal

Arun Kumar (environmental management of water bodies), Alternate Hydro Energy Centre,
Indian Institute of Technology – Roorkee (IITR), Roorkee, Uttarakhand

Rakesh Kumar (urban hydrology; hydrological modeling; watershed management; drought
mitigation and management; flood estimation, routing, management and socio-economic
aspects; impact of climate change on water resources), Head, Surface Water Hydrology
Division, National Institute of Hydrology (NIH), Roorkee, Uttarakhand

Abhijit Mukherjee (physical, chemical and isotope hydrogeology; modeling of groundwater
flow and solute transport; hydrostratigraphy; contaminant fate and transport; surface
water-seawater-groundwater interactions; effect of climate change on water resources;
mine-site hydrology; environmental geochemistry), Department of Geology and Geophysics,
Indian Institute of Technology – Kharagpur (IIT Kgp), Kharagpur, West Bengal

INDONESIA

Budi Santoso Wignyosukarto (water resources; low land hydraulics, mathematical modeling),
Department of Civil & Environmental Engineering, Faculty of Engineering, Gagjah Mada
University (UGM), Yogyakarta

IRAN

Ahmad Abrishamchi (water resources and environmental systems: analysis and management),
Chairholder, UNESCO Chair in Water and Environment Management for Sustainable Cities;
Department of Civil Engineering, Sharif University of Technology (SUT), Tehran

ISRAEL

Ofer Dahan (vadose zone and groundwater hydrology; quantitative assessment of water
infiltration and groundwater recharge; water flow and contaminant transport through the
vadose zone; arid land hydrology; monitoring technologies for the deep vadose zone),
Department of Hydrology & Microbiology, Zuckerberg Institute for Water Research,
Blaustein Institute for Desert Research, Ben Gurion University of the Negev (BGU), Sde
Boker Campus, Ben Gurion

Michael Zilberbrand (groundwater resources; hydrogeochemical processes and
hydrogeological and hydrogeochemical modeling in aquifers and in the unsaturated zone),
Israeli Water Authority, Hydrological Service, Jerusalem
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ITALY

Alessandra Criscuoli (membrane science and technology; membrane distillation and
membrane contactors; integrated membrane processes; water and wastewater treatment;
desalination of brackish water and seawater), Institute on Membrane Technology, ITM-CNR,
Rende (CS)

Enrico Drioli (membrane science and engineering; membrane preparation and transport
phenomena in membranes; desalination of brackish and saline water; integrated membrane
processes; membrane distillation and membrane contactors; catalytic membrane and catalytic
membrane reactors; salinity gradient energy fuel cells), Institute on Membrane Technology,
ITM-CNR, Rende (CS)

Alberto Figoli (membrane science and technology; membrane preparation and
characterization; transport phenomena in membranes; pervaporation; water and wastewater
treatment; desalination of brackish and saline water), Institute on Membrane Technology,
ITM-CNR, Rende (CS)

Marco Petitta (groundwater pollution, management, and protection), President IAH Chapter
Italy; Department of Earth Sciences, Sapienza University of Rome, Rome

Ludovico Spinosa (sludge management), (retired) National Research Council (CNR);
Consultant at Governmental Commissariat Environmental Emergencies in Region Puglia;
Convenor at ISO/TC275/WG6 (Thickening and Dewatering) and CEN/TC308/WG1
(Process Control Methods) on sludge standardization

JAMAICA

Arpita Mandal (hydrology; hydrogeology; water resources and impacts of climate change;
water supply; climate variability; flood risk and control; hydrochemistry of groundwater;
saline water intrusion), Department of Geography and Geology, University of the West Indies
(UWI), Mona Campus, Mona, Kingston

JAPAN

Hiroaki Furumai (build-up and wash-off of micropollutants in urban areas; characterization
of DOM/NOM in lakes and reservoirs for drinking water sources; fate and behavior of DOM
in flocculation and advanced oxidation processes; biological nutrient removal from
wastewater; modeling activated sludge in aerobic/anaerobic SBR; characterization of
domestic sewage from the viewpoint of nutrient removal), Board of Directors, IWA;
Department of Urban Engineering, The University of Tokyo (Todai), Tokyo

Makoto Nishigaki (modeling groundwater and multiphase flow and solute transport in porous
media; modeling seepage in the saturated-unsaturated zone; development of methods of
measuring hydraulic properties in rock mass), Department of Environmental and Civil
Design, Faculty of Environmental Science and Technology, Okayama University,
Okayama

Taikan Oki (global water balance and world water resources; climatic variation and the Asian
monsoon; land-atmosphere interaction and its modeling; remote sensing in hydrology;
temporal and spatial distribution of rainfall), Institute of Industrial Science, The University of
Tokyo, Komaba, Tokyo

Yuichi Onda (hillslope hydrology; hydro-geomorphology; radionuclide transfer; forest
hydrology), Center for Research in Isotopes and Environmental Dynamics, University of
Tsukuba, Tsukuba, Ibaraki

Kaoru Takara (innovative technologies for predicting floods; global environmental changes;
risk and emergency management; interactions between social changes and hydrological
cycle/water-related disasters; disaster mitigation strategy; policy development; integrated
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numerical modeling for lakes and surrounding catchments), Director, Disaster Prevention
Research Institute, Kyoto University (Kyodai), Kyoto

JORDAN

Fawzi A. Banat (desalination), Department of Chemical Engineering, Jordan University of
Science and Technology (JUST), Irbid

Samer Talozi (irrigation and water resources engineering, planning and policy), Civil
Engineering Department, Jordan University of Science and Technology (JUST), Irbid

KENYA

Daniel Olago (environmental geology; surface and sub-surface water chemistry and
dynamics; water-energy and related nexuses; human impact on the environment, global
change processes, vulnerability and adaptation to climate change: past and present;
environmental policies, laws and regulations and capacity development in global
environmental change), Chairman, Network of African Science Academies (NASAC) Water
Program; Member, International Lake Environment Committee; Member and focal point for
water, Kenya National Academy of Sciences (KNAS); Institute for Climate Change and
Adaptation (ICCA) & Department of Geology, University of Nairobi, Nairobi

Mwakio Tole (water and geothermal energy resources; waste disposal; environmental impact
assessment), School of Environmental and Earth Sciences, Department of Environmental
Sciences, Pwani University, Kilifi

KOREA

Jaeweon Cho (water reuse; membrane filtration; ecological engineering (treatment wetland);
desalination), School of Urban and Environmental Engineering, Ulsan Institute of Science
and Technology (UNIST), Ulsan

KYRGYZSTAN

Bolot Moldobekov (hydrogeology; engineering geology; geographic information systems –
GIS; geoinformatics; interdisciplinary geosciences; natural hazards), Co-Director,
Central-Asian Institute for Applied Geosciences (CAIAG), Bishkek

LATVIA

Māris Kļaviņš (aquatic chemistry; geochemical analysis; environmental pollution and its
chemical analysis; environmental education, including also political and social sciences),
Head, Department of Environmental Science, University of Latvia (LU), Riga

LITHUANIA

Robert Mokrik (groundwater resources, flow and transport modeling; hydrogeochemistry and
groundwater isotopes; palaeohydrogeology), Department of Hydrogeology and Engineering
Geology, Faculty of Natural Sciences, Vilnius University, Vilnius

LUXEMBOURG

Joachim Hansen (wastewater treatment; micropollutants; wastewater reuse; water-energy
nexus), Engineering Science – Hydraulic Engineering, Faculty of Science, Technology and
Communication, University of Luxembourg – Campus Kirchberg, Luxembourg

MADAGASCAR

Désiré Rakotondravaly (hydrology; hydrogeology; hydraulics; geology; rural water supply;
vulnerability mapping; water and sanitation; GIS; project management; capacity building;
community development; conservation; development cooperation), Ministry of Mines,
Antananarivo
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MALAWI

Victor Chipofya (urban water utility operation and management; groundwater development,
monitoring and management; groundwater quality; rural water supply; water and sanitation in
peri-urban and rural areas; water reuse; hygiene promotion), Executive Director, Institute of
Water and Environmental Sanitation (IWES); National Coordinator of the Malawi Water
Partnership (MWP); Steering Committee Member: Water Supply and Sanitation
Collaborative Council (WSSCC) for Eastern and Southern Africa, Blantyre

MALAYSIA

Mohamed Kheireddine Aroua (separation processes; water and wastewater treatment),
Director, Centre for Separation Science & Technology (CSST), Department of Chemical
Engineering, Faculty of Engineering, University of Malaya (UM), Kuala Lumpur

Hamidi Abdul Aziz (water supply engineering; wastewater engineering; solid waste
management), School of Civil Engineering, University of Science Malaysia (USM),
Engineering Campus, Nibong Tebal, Penang

Ali Hashim (separation processes – flotation; liquid-liquid extraction; water and wastewater
treatment; ionic liquids – synthesis and applications), Department of Chemical Engineering,
Faculty of Engineering, University of Malaya (UM), Kuala Lumpur

Ahmad Fauzi Ismail (development of membrane technology for reverse osmosis,
nanofiltration, ultrafiltration and membrane contactor), Deputy Vice Chancellor
(Research & Innovation) & Founder and Director, Advanced Membrane Technology
Research Center (AMTEC), University of Technology Malaysia (UTM), Johor Bahru,
Kuala Lumpur

Hilmi Mukhtar (membrane development; membrane modeling; membrane applications
including wastewater treatment engineering and natural gas separation), Department of
Chemical Engineering, Faculty of Engineering, Petronas University of Technology (UTP),
Bandar Seri Iskandar, Perak

Mohd Razman Bin Salim (water and wastewater treatment), Deputy Director, Centre for
Environmental Sustainability and Water Security (IPASA), Faculty of Civil Engineering,
University of Technology Malaysia (UTM), Johor Bahru, Johor

Saim Suratman (hydrogeology; groundwater management), Deputy Director General,
National Hydraulics Research Institute of Malaysia (NAHRIM), Seri Kembangan Selangor
Darul Ehsan, Malaysia

Wan Azlina Wan Ab Karim Ghani (chemical and environmental engineering; biochar and
composites for water, wastewater and soil treatment; biomass conversion; biomass energy),
Research Coordinator, Department of Chemical & Environmental Engineering, Faculty of
Engineering, Putra University Malaysia (UPM), Serdang

MALTA

Kevin Gatt (governance, policy and planning issues related to water resources; waste
management and sustainable development), Faculty for the Built Environment, University of
Malta (UoM), Tal-Qroqq, Msida

MAURITIUS

Arvinda Kumar Ragen (wastewater engineering; constructed wetlands for household
greywater; water pollution control in sugar factories; environmental impact assessment),
Department of Chemical & Environmental Engineering, Faculty of Engineering,
University of Mauritius (UoM), Le Reduit, Moka.
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MEXICO

Ma. Teresa Alarcón Herrera (water resources; water treatment using artificial wetlands),
Director, Durango Unit of the Advanced Materials Research Center (CIMAV), Durango, Dgo.

Maria Aurora Armienta (hydrogeology; trace element contaminants; water treatment using
geological materials), Institute of Geophysics, National Autonomous University of Mexico
(UNAM), Ciudad Universitaria, Mexico City, D.F.

Sofia Garrido Hoyos (drinking water; collection and treatment of rainwater; biological
wastewater treatment; treatment and/or utilization of sludge and biosolids), Mexican Institute
of Water Technology (IMTA), Jiutepec, Mor.

Luz Olivia Leal Quezada (environmental engineering; environmental chemistry; automation
of chemical analysis techniques for environmental monitoring, particularly for the
determination and speciation of trace elements; techniques for determining water quality and
chemical aspects of their treatment), Advanced Materials Research Center (CIMAV),
Environment and Energy Department, Chihuahua, Chih.

MOROCCO

Lhoussaine Bouchaou (hydrology; water quality; aquatic ecosystems; environmental impact
assessment; climatology; climate change), President IAH Chapter Morocco; Applied
Geology and Geo-Environment Laboratory, Faculty of Sciences, University Ibn Zohr (UIZ),
Agadir

MOZAMBIQUE

Catine Chimene (municipal water and infrastructure; water supply engineering; agricultural
water; rural development), Higher School of Rural Development (ESUDER), Eduardo
Mondlane University (UEM), Inhambane, Vilankulo

MYANMAR

Khin-Ni-Ni Thein (hydroinformatics, integrated water resources management, river basin
management, coastal-zone management, sustainable hydropower assessment, disaster risk
reduction, climate change; sustainability; capacity building; community development; water
and environmental policy; public policy analysis; green economy and green growth),
Secretary, Advisory Group, Member, National Water Resources Committee; Advisory Group
Member, National Disaster Management Committee; Founder and President, Water, Research
and Training Centre (WRTC); Visiting Senior Professor, Yangon Technological University
(YTU), Yangon, Myanmar; Regional Water Expert for Green Growth, UNESCAP

NAMIBIA

Benjamin Mapani (groundwater recharge and vulnerability mapping; groundwater
development, management, monitoring and modeling; environmental hydrogeology; climate
change), Board of Trustees, WaterNet; Department of Geology, University of Namibia
(UNAM), Windhoek

NEPAL

Bandana K. Pradhan (environment and public health), Department of Community Medicine
and Public Health, Institute of Medicine, Tribhuvan University (TU), Maharajgunj
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NEW ZEALAND

David Hamilton (modeling of water quality in lakes and reservoirs; sediment-water
interactions in lakes; boom-forming algae, particularly cyanobacteria; ice cover in lakes),
Environmental Research Institute (ERI), University of Waikato, Waikato

NICARAGUA

Andrew Longley (hydrogeology; groundwater engineering; catchment studies and
groundwater modeling; international development: projects in the water, geothermal,
agriculture, environment and health sectors; rural water supply; arsenic contamination:
mapping, hydrogeology, epidemiology; bridging the gap between academia, industry, public
and charity sectors), Director, Nuevas Esperanzas UK, León

Katherine Vammen (aquatic microbiology; climate change and water resources; water supply
and sanitation for the poor; urban waters), Co-Chair of the Water Programme of the
Interamerican Network of the Academies of Science; Nicaraguan focal point for water
programme in the InterAmerican Network of Academies of Sciences (IANAS); Central
American University, Managua

NIGERIA

Peter Cookey (sustainable water and wastewater management in developing countries),
Rivers State College of Health Science and Technology, Port Harcourt, Nigeria and
Earthwatch Research Institute (EWRI), Port Harcourt

NORWAY

Torleiv Bilstad (water, oil and gas separation; environmental science and engineering),
Former President of EWA-Norway; Department of Mathematics and Natural Sciences,
University of Stavanger (UiS), Stavanger

Hallvard Ødegaard (water and wastewater treatment; innovative solutions for integrated
approaches to urban water management), Department of Hydraulic and Environmental
Engineering, Norwegian University of Science and Technology (NTNU), Trondheim

OMAN

Mohammed Zahir Al-Abri (thermal desalination; water and wastewater treatment;
nanotechnology), Petroleum and Chemical Engineering Department, Sultan Qaboos
University (SQU), Al Khoudh, Muscat

PAKISTAN

Ghani Akbar (agricultural engineering; integrated water management; soil and water
conservation and climate-smart agricultural practices), Program Leader, Integrated
Watershed Management Program (IWMP), Climate Change, Alternate Energy and Water
Resources Institute (CAEWRI), National Agricultural Research Centre (NARC), Chak
Shahzad, Islamabad

PALESTINIAN AUTONOMOUS AREAS

Marwan Haddad (interdisciplinary approaches to water resources and quality management;
renewable energy; recycling), Director, Water and Environmental Studies Institute, An Najah
National University, Nabus

PANAMA

José R. Fábrega (sustainable water and wastewater management; environmental fate of
chemicals in water and soil systems), Panamanian focal point for water in the
InterAmerican Network of Academies of Sciences (IANAS); Hydraulic and
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Hydrotechnical Research Center (CIHH), Technological University of Panama (UTP),
Panama City

PARAGUAY

Alicia Eisenkölbl (environmental management; environmental impact assessment;
trans-boundary aquifers; rural development), Faculty of Agricultural Sciences Hohenau,
Catholic University Our Lady of the Assumption (UCA), Campus Itapúa,
Encarnación

PERU

Nicole Bernex Weiss de Falen (integrated water resources management; human sustainable
development; climate change adaptation; integrated ecosystemic services, water management
and risks (droughts and floods) with land planning at a water basin, regional and national
level), Peruvian focal point for water in the InterAmerican Network of Academies of
Sciences (IANAS); member of the technical Committee of Global Water Partnership GWP;
LAC Chair in the CST of the UNCCD; Center of Research in Applied Geography (CIGA),
Pontifical Catholic University of Peru (PUCP), Lima

PHILIPPINES

Victor Ella (surface and groundwater hydrology; irrigation and drainage engineering; water
quality; simulation modeling; wastewater engineering; contaminant transport in soils;
geostatistics; hydraulic engineering), Land and Water Resources Division, Institute of
Agricultural Engineering, College of Engineering and Agro-Industrial Technology, University
of the Philippines Los Baños (UPLB), College, Laguna

POLAND

Marek Bryjak (adsorption based water treatment), Department Polymer & Carbon Materials,
Wrocław University of Technology, Wrocław

Wieslaw Bujakowski (geothermics), Mineral and Energy Economy Research Institute, Polish
Academy of Sciences (PAS), Kraków

Jacek Makinia (wastewater treatment; nutrient removal and recovery from wastewater),
Faculty of Hydro and Environmental Engineering, Vice-Rector for Cooperation and
Innovation, Gdańsk University of Technology (GUT), Gdańsk

Barbara Tomaszewska (monitoring of the aquatic environments; geothermics; scaling of
geothermal systems; membrane technologies for geothermal water treatment for water
resource purposes), AGH University of Science and Technology; Mineral and Energy
Economy Research Institute, Polish Academy of Sciences (PAS MEER), Kraków

PORTUGAL

Maria do Céu Almeida (sewer processes and networks), National Laboratory of Civil
Engineering (LNEC), Lisbon

Helena Marecos (water reuse), Civil Engineering Department, Lisbon Engineering Superior
Institute (ISEL), Lisbon

Helena Ramos (water-energy nexus; energy efficiency and renewable energies; hydraulics;
hydrotransients; hydropower; pumping systems; leakage control; water supply; water
vulnerability), Department of Civil Engineering, University of Lisbon (ULisboa), Lisbon
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QATAR

Farid Benyahia (immobilized nitrifiers in wastewater treatment; membrane distillation
desalination; water quality and energy efficiency analysis; airlift bioreactors; low-grade heat
in membrane distillation for freshwater production; bioremediation of oil spills; development,
design and evaluation of advanced refinery wastewater treatment processes), College of
Engineering, Department of Chemical Engineering, Qatar University (QU), Doha

Patrick Linke (design, engineering and optimization of efficient processes, integrated
systems and associated infrastructures; efficient utilization of natural resources (energy,
water and raw materials); water-energy-food nexus), Chair, Chemical Engineering Program,
Texas A&M University at Qatar (TAMUQ), Managing Director of the Qatar Sustainable
Water and Energy Utilization Initiative (QWE) at TAMUQ, Qatar Environment and Energy
Research Institute (QEERI), Doha

REPUBLIC OF GUINEA

Hafiziou Barry (integrated water resources management), Polytechnic Institute, University
Gamal Abdel Nasser, Conakry

ROMANIA

Anton Anton (pumping stations; municipal water networks), Hydraulics and Environmental
Protection Department, Technical University of Civil Engineering (UTCB), Bucharest

RUSSIAN FEDERATION

Sergey Pozdniakov (water resources; water quality; hydrogeology; contaminant transport;
geostatistics; water balance; climate change), Faculty of Geology, Moscow State University
(MSU), Moscow

RWANDA

Omar Munyaneza (hydrology; climate change and water resources management), College of
Science and Technology, Department of Civil Engineering, University of Rwanda (UR),
Kigali

SAUDI ARABIA

Noreddine Ghaffour (renewable energy for desalination and water treatment), Water
Desalination and Reuse Research Center, King Abdullah University of Science and
Technology (KAUST), Thuwal

Mattheus Goosen (renewable energy for desalination and water treatment; membranes),
Office of Research and Graduate Studies, Alfaisal University, Riyadh

SENEGAL

Alioune Kane (water quality; hydraulics; water-poverty relationships; climate variability and
water availability), Director of the Master Programme GIDEL (Integrated Management and
Sustainable Development of Coastal West Africa); Coordinator of WANWATCE (Centres
Network of Excellence for Science and Water Techniques NEPAD), Department of
Geography, Cheikh Anta Diop University (UCAD), Dakar

SERBIA

Petar Milanović (karst hydrogeology; theory and engineering practice in karst), President
IAH Chapter Serbia and Montenegro, Belgrade
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SINGAPORE

Vladan Babovic (hydroinformatics; data assimilation; data mining), Department of Civil and
Environmental Engineering, National University of Singapore (NUS), Singapore

Jiangyong Hu (water treatment technology; water quality; water reuse; health impacts),
Department of Civil and Environmental Engineering & Co-Director, Centre for Water
Research, National University of Singapore (NUS), Singapore

SLOVAKIA

Ján Derco (environmental engineering; nutrients removal; ozone-based oxidation processes;
water resources protection; water and wastewater technology), Institute of Chemical and
Environmental Engineering, Faculty of Chemical and Food Technology, Slovak University of
Technology (SUT), Bratislava

SLOVENIA

Boris Kompare (wastewater treatment; modeling), Past President EWA-Slovenia; Faculty of
Civil Engineering and Geodesy, University of Ljubljana (UL), Ljubljana

SOMALIA

Abdullahi Mohumed Abdinasir (water resources management; groundwater governance;
water supply), Ministry of Water, Petroleum, Energy and Mineral Resources, Mogadishu

SOUTH AFRICA

Tamiru A. Abiye (community water supply problems; water quality assessment and
monitoring; hydrochemical modeling; groundwater flow and solute transport; trace metals in
groundwater; surface and groundwater interactions; climate change impact on groundwater;
spatial and temporal variability of groundwater recharge), School of Geosciences, Faculty of
Science (East Campus), University of the Witwatersrand (Wits University), Johannesburg

Hamanth C. Kasan (sustainable water and wastewater management in developing countries),
General Manager, Scientific Services Division, Rand Water; President, African Water
Association (AfWA), Johannesburg

Sabelo Mhlanga (water-energy nexus; nano-structured materials for water purification and
recovery; energy-efficient and antifouling membrane filtration technologies for water
treatment; community involvement in water related problems in rural communities; green
chemistry), Deputy Director, Nanotechnology and Water Sustainability (NanoWS) Research
Unit, College of Science Engineering and Technology, University of South Africa (Unisa),
Johannesburg

Anthony Turton (water-energy-food nexus; hydropolitical risk model; mine water
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Foreword by Nidal Hilal

This book was written as one of the “Sustainable Water Developments” book series. Realizing,
however, that water, energy and food are the three pillars to sustain the growth of human population
in the future, the book deals with all the above aspects with particular emphasis on water and
energy.

Despite the availability of several books on similar subject, this book is unique by including
the results of research efforts mainly in the ASEAN and the Middle East Regions.

With a large population of the ASEAN nations (around 300 million) and their rich natural
resources, sustainable development of the region based on suitable utilization of the valuable
resources will have a strong impact on the growth of the entire global economy. However, with
limited land resources, inadequate energy supply and growing water stress, the region faces the
challenge of providing enough water and energy to grow enough food for the burgeoning popu-
lation. These issues and challenges in the water, energy and food sectors are interwoven in many
complex ways and cannot be managed effectively without cross-sectorial integration. Luckily, the
technologies are currently available to address all the above issues simultaneously, and the mem-
brane separation technology is one of such key technologies. Therefore, it is no wonder that strong
membrane research and development activities are now being undertaken in the ASEAN region.
It is also needless to say that, as the primary supplier of the fossil fuel to the global market yet with
scarce water resources, the production of drinking water and the rational management of energy
by the nations in the Middle East is equally crucial to maintain the peace in the whole world.

In this era of the global collaboration, it seems nowadays of primary importance to assemble
the results of the individual research efforts in one place, thus promoting the networking among
different research institutions in order to achieve the common goal of finding the solutions to
the challenges we are facing. It was very fortunate therefore that the editors were successful to
collect twenty eight papers; all related to water and energy, from the region as well the other parts
of the world.

By highlighting the advances in the membrane technology, the editors were also successful in
achieving the following main aims:

To promote interdisciplinary collaboration
To foster joint ventures
To promote the growth of scientific and technical development in membrane technology in the

region and beyond
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liv Foreword by Nidal Hilal

I am confident that the book will open up a new avenue for international collaboration not
only within but also beyond ASEAN and the Middle East regions on the development of new
membranes and membrane processes, thus contributing to the welfare of the entire human
community.

Nidal Hilal
Professor and Director, CWATER

Swansea University
United Kingdom

and
Editor-in-Chief, Desalination

October 2015



Editors’ foreword

As the book title “Membrane Technology for Water and Wastewater Treatment, Environment and
Energy” indicates, the book is primarily concerned with environmental applications of membrane
technology, particularly the treatment of water and wastewater.

Even though several books may have been written on a similar subject, this book is very
unique for the reason that the chapters have been contributed, on invitation, mainly by the active
researchers from the ASEAN and the Middle East regions.

With the large population ofASEAN nations (about 300 million) and their rich natural resources,
e.g. agricultural products in Thailand, and petroleum, natural gas and water in Indonesia and
Malaysia, sustainable development of the region based on suitable utilization of the valuable
resources will have a strong impact on the growth of the entire global economy.

This book provides information to assess the quantity and quality of current research and
development activities in the ASEAN region, especially on membrane science and technology,
which are recognized nowadays as one of the most powerful tools to solve environmental and
energy problems. The book also reflects upon those in the Middle East region, where the research
on water treatment is growing due to scarcity of water. Thus, it is believed that the book will open
up a new avenue for the establishment of global collaborations to achieve our common goal of
the welfare of human society.

Part I is for the development of novel separation membranes for water and wastewater treatment.
The membranes were fabricated either by blending of different polymers (Chapters 1 and 2)
or incorporation of nanoparticles (Chapter 3). The membrane surface was modified and the
membrane surface-pollutant interaction was studied by the QCM-D method (Chapter 4). Hollow
fibers were spun from polylactic acid (PLA) (Chapter 5). Flat sheet isotactic polypropylene
membrane was fabricated by the TIPS method (Chapter 6). Superhydrophobic membrane was
prepared by grafting of saline compounds on an alumina surface (Chapter 7). The first 5 chapters
are for the pressure driven membrane processes, whereas the last two chapters are for water
treatment by membrane distillation (MD).

Part II is for various applications of membrane separation processes in water and wastewater
treatment. Synthetic oily wastewater was treated by ceramic membrane (Chapter 8). Removal of
dye solutions typical for palm oil mill, leather, textile, pulp and paper industries was attempted
by nanofiltration (NF) (Chapter 9). Wastewater from palm oil (Chapter 10) and rubber industries
(Chapter 11), typical for Malaysia, was treated by ultrafiltration (UF)/NF and ceramic UF mem-
brane, respectively. Application of membrane separation technology for biodiesel processing is
reviewed (Chapter 12).

Part III is for modeling concerning water and wastewater treatment. Mathematical models were
developed for NF based deionization process (Chapter 13). The Monte Carlo method was applied
to simulate MD process (Chapter 14). Finally, drying in the multilayer formation of ceramic
membrane was simulated by a mathematical model (Chapter 15).

Part IV is for the preparation of membranes for energy and environment applications, more
specifically for gas separation membranes. The first two chapters are for the preparation of poly-
meric flat sheet membranes from polyphenylene oxide (PPO) (Chapter 16) and polyetherimide
(PEI) (Chapter 17). The third one is for the preparation of inorganic (perovskite) hollow fiber
membranes (Chapter 18), which is followed by two chapters where the fabrication of mixed
matrix membranes (MMMs) by filling clay nanoparticles (Chapter 19) into the polymer matrix

lv
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is discussed. Two chapters (Chapters 16 and 19) are for removing CO2, a powerful greenhouse
gas, whereas others are for CH4/H2 (Chapter 17) and O2/N2 (Chapter 18) separation.

PartV is for energy and environmental applications. Two of them are for CO2/CH4 separation by
using either commercially available PTFE membrane (Chapter 20) or emulsion liquid membrane
(Chapter 21). The third one is a review of olefin and paraffin separation by membrane contactor
(MC) (Chapter 22). The forth chapter discusses on the reliability of the gas permeation method
which is often used to measure the pore size of membranes for membrane distillation (MD)
and membrane contactor (MC) where Knudsen and viscous flow dominate (Chapter 23). The
last chapter compares co-current and counter-current flow for the separation of gas mixtures by
hollow fiber membranes (Chapter 24).

Part VI is dedicated to various applications of membrane separation processes concerning
energy, environment and food. The first one is for microbial fuel cell application (Chapter 25).
The second and third chapters are for membranes used in the organic environment. Polyphenyl
sulfone membrane is used for the separation of dye from methanol (Chapter 26) and a review is
made on degumming and deacidification of vegetable oils by membrane processes (Chapter 27).
The last chapter is for the fabrication of electro-spun nanofiber membrane, a novel membrane
that can be used for various applications (Chapter 28).

The editors believe that many innovative ideas on the development of membrane science and
technology are assembled in this book. The readers may also have a glimpse into the rapidly
growing R and D activities in the ASEAN and the Middle East regions that are emerging as
the next generation R and D centers of membrane technologies, especially owing to their need
of technology for water and wastewater treatment. As the table of contents indicates the book
addresses applications of membrane science and technology for water and wastewater treatment,
energy and environment. Hence, this book will be useful not only for the engineers, scientists,
professors and graduate students who are engaged in the R & D activities of the field, but also
for those who are interested in the sustainable development of these particular regions.

Ahmad Fauzi Ismail
Takeshi Matsuura

(Editors)
November 2015
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CHAPTER 1

Preparation and characterization of blended
polysulfone/polyphenylsulfone ultrafiltration
membranes for palm oil mill effluent treatment

Norafiqah Ismail, Woei Jye Lau & Ahmad Fauzi Ismail

1.1 INTRODUCTION

The palm oil industry forms the backbone of the economy of Malaysia, where the country today
is the world’s second largest producer and exporter of palm oil after Indonesia. In Malaysia, the
palm oil mill industry is identified as the one discharging the largest pollution load into the rivers
and this has been reported for the last three decades (Hwang et al., 1978). Currently, there are
more than 250 palm oil mills distributed in peninsular Malaysia, generating over 20 million metric
tons of effluent every year. In addition, one of the most crucial problems that the oil palm industry
faces is waste disposal, since about 2.5–3.0 m3 of palm oil mill effluent (POME) are generated
for every metric ton of crude palm oil produced (Borja and Banks, 1994). An efficient treatment
system is therefore highly desirable in palm oil mills in order to control the effluent discharge
and to meet the standard parameters set by the Malaysian Department of Environment (DOE).

There are several common POME treatment methods being adopted in Malaysia. One of the
types of POME treatment is biological treatment of anaerobic and aerobic systems. According
to Perez et al. (2001), the anaerobic process is a suitable treatment method due to the organic
characteristics of POME and thus is widely applied in Malaysia. However, the biological treat-
ment process needs proper maintenance and closed monitoring as the efficiency of the process
strongly depends on microorganisms to break down the pollutants which usually require long
retention time and skilled personnel to handle (Quah et al., 1982). An efficient POME treatment
has always been considered a burden to industrial players since no profit is gained from this
activity. Although biogas can be potentially produced from biological treatment, it still requires
an additional treatment process (Ahmad et al., 2005). Besides biological treatment, pond systems
have also been applied in Malaysia for POME treatment since 1982 and they are classified as
waste stabilization pond (Onyia et al., 2001). The main reason of using ponding systems is due to
their low operating and maintenance costs. In general, ponding systems are easy to operate, but
it is always associated with several drawbacks which include the vast amount of land required,
relatively long hydraulic retention time (between 45 and 60 days), bad odor created and diffi-
culty in maintaining the liquor distribution and collecting biogas. In order to tackle this problem,
membrane-based treatment processes have become the main focus among researchers due to their
excellent performance in treating POME and producing permeate of high quality, in addition to
its much smaller treatment footprint. This phenomenon can be reflected by the increasing number
of technical papers published (Abdurahman et al., 2011; Ahmad et al., 2006; Idris et al., 2007).

Membrane technology, particularly ultrafiltration (UF), appears to be a potential treatment
process to treat POME efficiently owing to its micrometer (µm) range pore size. Industrially, UF
membranes have been successfully implemented in municipal and industrial wastewater treat-
ments. It is gaining importance for water and industrial wastewater treatment especially in the
recovery of chemicals from the industrial wastewater, desalination, drinking water purification,
and removal of oil from oil-water emulsions (Tansel et al., 2000). It is reported in the work of
Mameri et al. (2000) that UF membrane could reduce up to 90% of the COD value of olive
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mill washing water. Lo et al. (2005) and Wu et al. (2007) on the other hand found that UF
membranes made of polysulfone (PSF) were able to treat and reclaim the protein from poultry
processing wastewater and POME, respectively, with significant efficiencies in reducing the value
of several important effluent parameters. In recent years, the potential of using polyphenylsulfone
(PPSF) membranes has been reported in different fields of membrane applications such as fuel
cell fabrication, pervaporation, gas separation and water treatment processes. PPSF, which is a
third member of the PSF family, comprises sulfone moieties, ether linkages and biphenyl group
in its repeat group. The replacement of the bisphenolA group by biphenyl group in PSF struc-
ture increases the impact strength of PPSF polymer, making it more suitable for UF membrane
preparation.

The main objective of the present work was to investigate the potential of the PSF mem-
branes blended with different content of PSSU for POME treatment process. Prior to the effluent
treatment process, the membranes were characterized using different instruments, i.e. scanning
electron microscope (SEM), atomic force microscope (AFM) and contact angle goniometer, in
addition to the water flux and BSA rejection tests. The performances of membranes for POME
treatment process were evaluated in terms of BOD3, COD and turbidity.

1.2 EXPERIMENTAL

1.2.1 Materials

Polysulfone (Udel-P1700, MW: 35,400 g mol−1) obtained from Amoco Chemical was used in
this study as membrane forming material. Another type of polymer – polyphenylsulfone (MW:
53,000–59,000 g mol−1) purchased from Sigma-Aldrich was used together with PSF in preparing
PSF/PPSF blend membranes. 1-methyl-2-pyrrolidone (NMP) with analytical purity of 99.5%
purchased from Merck was used as solvent. Bovine serum albumin (BSA, 67 kDa) purchased
from Sigma Aldrich was used as test solute by dissolving it in DI water.

1.2.2 Membrane preparation

Table 1.1 shows the composition of five different dope solutions that were used to prepare UF
hollow fiber membranes of various properties. These membranes were prepared from a dope
solution consisted of 20 wt% total polymer (with different PSF/PPSF ratio) and 80 wt% NMP
solvent. The details of dry-jet wet spinning process for hollow fiber membrane fabrication can be
found elsewhere (Ismail, 2014). In order to remove the residual solvent from membrane matrix, it
was needed to immerse the membrane in water bath for at least 1 day. Afterwards, the membrane
was air-dried naturally before it was used for module making.

1.2.3 Membrane characterizations

The morphologies of the membranes were observed by a tabletop scanning electron microscope
(SEM) (TM3000, Hitachi).The cross sections of samples were prepared by fracturing the mem-
branes in liquid nitrogen followed by a thin layer of platinum coating using sputter coater. The
surface roughness of the dried hollow fiber membranes on the other hand was determined byAFM
(Multimode Nanoscope, DI company) in a dynamic force mode (DFM) with a 20 µm scanner
and SI-DF40 (spring constant = 42 N m−1) cantilever. For this analysis, the membrane samples
were required to be cut into lengths of approximately 1 cm and located on the top of the scanner
tube by carbon tape. The outer surface of the hollow fiber membranes was observed within the
scan size of 1 µm × 1 µm. In this study, Ra and RMS were used as the evaluation parameter to
compare the roughness of membrane produced. The hydrophilicity of membranes was studied by
measuring the angle between the membrane surface and the meniscus formed by the water using
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Table 1.1. Composition of the dope solution for blended PSF/PPSF
membranes preparation.

Dope solution compositions [wt%]

Total polymer weight (20%) Solvent (80%)

Membrane PSF PPSF NMP

PSF 20 – 80
75PSF/25PPSF 15 5 80
50PSF/50PPSF 10 10 80
25PSF/75PPSF 5 15 80
PPSF – 20 80

contact angle goniometer (OCA 15plus, DataPhysics). To determine membrane porosity, ε [%],
the gravimetric method as expressed in the following equation can be employed:

ε =
w1 − w2

ρw
w1 − w2

ρw
+ w2

ρp

(1.1)

where w1 is the weight of the wet membrane [g], w2 is the weight of the dry membrane [g], ρp is
the density of the polymer [g cm−3] and ρw is the density of water [g cm−3].

1.2.4 UF experiment

The permeation flux and BSA rejection of all resultant membranes were measured by a customized
cross-flow UF system. In this experiment, the pressure was applied on the shell side (feed side)
of the hollow fiber membranes and the permeate flux was created in outside-in filtration mode.
For each membrane sample, a module consisted of 10 fibers in 21 cm long was used. The pure
water flux, JPWF [L m−2 h−1], was measured at 0.2 MPa after a steady-state flux was achieved:

JPWF = V

AT
(1.2)

where V is the permeate volume [L], A is the membrane surface area [m2] and T is the time [h].
To determine membrane separation efficiency, a feed solution containing 1000 mg L−1 of BSA

test solute was prepared. The membrane rejection against BSA solute, R [%], was determined by
measuring the concentration in the feed and permeate using UV-VIS spectrophotometer (DR5000,
Hach) at the wavelength of 280 nm:

R =
(

1 − cp

cf

)
× 100 (1.3)

where cp is the concentration of the permeate [mg L−1] and cf is the concentration of the
feed [mg L−1].

1.2.5 POME sample and analysis

The POME sample used in this work was collected from Sime Darby East Oil Mill, Carey
Island, Selangor, without undergoing any pretreatment process. Analytical tests were carried out
to evaluate the quality of the POME before and after membrane treatment process. Chemical
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oxygen demand (COD) tests were carried out by putting 2 mL sample into the oxidizing acid
reagent solution and then it was held at 150◦C for 2 h. After it was cooled down to ambient
temperature, the COD value of sample was analyzed using a colorimeter (DR/890, Hach) with
readings taken at 435 nm wavelength. Biological oxygen demand (BOD) tests on the other hand
were performed based on 3-day period, i.e. BOD3. For this analysis, initial dissolved oxygen
(DO) of each solution was first determined using a portable dissolved oxygen meter (PRODO,
YSI). After 3 days of incubation in the dark condition at 20◦C, the DO of the final samples was
re-analyzed in order to calculate the change of DO value, i.e. BOD value. With respect to sample
turbidity, a portable turbidimeter (2100Q, Hach) was used for measuring the turbidity of feed and
permeate sample at room condition.

1.3 RESULTS AND DISCUSSION

1.3.1 Effect of PSF:PPSF weight ratio on membrane properties

1.3.1.1 Morphological studies
The cross-sectional morphology of membranes prepared in this study was examined using SEM.
The effects of PPSF concentration on the structural properties of PSF is presented in Figure 1.1.
As can be seen, the addition of PPSF in the dope solution has indeed played a role in altering
membrane morphology. With increasing PPSF concentration in the PSF dope solution, it is
found that the finger-like structures were extended from both the inner and outer skin layer
of membrane by suppressing the number of big macrovoids formed at the intermediate layer.
However, when the dope solution was prepared from PPSF only, the viscosity of the dope solution
was increased, owing to the higher molecular weight of PPSF compared to PSF. Because of this,
a relatively denser and thick active layer was formed in PPSF membrane as shown in Figure 1.1e.
In this PPSF membrane, a very thick dense top layer was observed followed by sponge-like layer
supported a uniformly formed finger-liked inner layer. These results indicate that kinetically the
overall diffusion between components in phase inversion system can be suppressed because of
the increase in the rheological hindrance or delayed exchange between solvent and non-solvent.
In the following section, the effects of the morphology change of PSF membrane due to the
introduction of PPSF polymer at different weight ratio on the water flux and BSA removal are
further discussed.

1.3.1.2 Membrane filtration performance and its relation to membrane characteristics
Figure 1.2 shows the pure water flux and BSA rejection of all the resultant membranes measured
at operating pressure of 0.2 MPa. The water flux of membrane was improved with increasing the
PPSF concentration from PSF:PPSF weight ratio of 1:0 to 0.5:0.5, recording 82.81 L m−2 h−1 in
the 50PSF/50PPSF membrane compared to 11.09 L m−2 h−1 shown in the pristine PSF membrane,
i.e. PSF. The flux enhancement is mainly due to the development of more finger-like structures as
evidenced in the SEM image (Fig. 1.1) coupled with the increase in overall membrane porosity
(Table 1.2), which reduces the transport resistance of water and increases the water permeation
rate. Further increase in PPSF concentration to weight ratio of 0.25:0.75, however resulted in
lower pure water flux as evidenced in 25PSF/75PPSF membrane. This is probably due to the
decrease in overall membrane porosity coupled with increase in membrane hydrophobicity (i.e.
higher water contact angle value). As PPSF is naturally more hydrophobic than PSF, increasing the
content of PPSF in the PSF membrane matrix would therefore reduce membrane hydrophilicity
(Liu et al., 2012). In this study, it was found that the influence of PPSF on PSF membrane
hydrophilicity became more obvious when more than 75% of the total polymer used was PPSF.
Interestingly, the membrane prepared from pure PPSF exhibited zero flux (tested at 0.2 MPa),
even though the dope solution containing same polymer weight as the PSF dope solution was
used in preparing pure PSF membrane. The zero-flux membrane is mainly due to the formation
of relatively dense skin layer which is the result of the high viscosity of PPSF dope solution and
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(a)

(b) (c)

(d) (e)

PSF1 2013/02/28 10:28 N ×500 200 µm

PSF15_S1_0008 NL D4.7 ×800 100 µm PSF10_S1_0006 NL D4.1 ×800 100 µm

PSF05_S1_0007 NL D4.7 ×800 100 µm PPSF_01_ NL D4.5 ×500 200 µm

Figure 1.1. Scanning electron microscope (SEM) images of membrane cross-section: (a) PSF,
(b) 75PSF/25PPSF, (c) 50PSF/50PPSF, (d) 25PSF/75PPSF and (e) PPSF membrane.

partly caused by the increase in membrane hydrophobicity. With respect to surface roughness, no
significant change was observed on all the membranes prepared (except PPSF membrane) as the
Ra value of membrane was in the range of 2.13–6.89 nm.

With respect to BSA removal, it is found that the separation efficiency of membrane increased
with increasing the PPSF concentration from PSF:PPSF weight ratio of 1:0 to 0.25:0.75 followed
by very sharp drop in the pure PPSF membrane. Rejection rate of blended PSF/PPSF membranes
are reported to be higher than that of pure PSF and PPSF membrane. Increasing BSA removal
from PSF to 25PSF/75PPSF membrane can be explained by the fact that the membrane pore size
tended to decrease with increasing PPSF content in the PSF membrane. Nevertheless, no pores
were formed on the membrane prepared from PPSF as this membrane exhibited zero flux when
tested at 0.2 MPa. Based on the results obtained, it is found that 50PSF/50PPSF membrane was
the best performing membrane, owing to the good combination of water flux and BSA rejection
rate achieved. In view of this, this 50PSF/50PPSF blend membrane was selected for further study
by subjecting the membrane to POME treatment process. The detailed investigation together with
the result discussion is provided in the following section.
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Figure 1.2. Pure water flux and BSA removal of membranes prepared from different PSF:PPSF weight
ratio.

Table 1.2. Surface roughness, root mean square roughness, porosity and contact angle
of the membranes prepared from different PSF:PPSF weight ratios.

Surface roughness, Root mean square Porosity Contact
Membrane Ra [nm] roughness, RMS [nm] [%] angle [◦]

PSF 3.26 4.52 56.93 77.9
75PSF/25PPSF 2.13 3.29 67.21 74.5
50PSF/50PPSF 2.44 3.13 79.33 70.5
25PSF/75PPSF 6.89 9.84 67.14 80.7
PPSF 11.44 13.84 5.35 86.5

1.3.2 POME treatment using blended PSF/PPSF UF membrane

Table 1.3 shows the performances of 50PSF/50PPSF membrane in treating the raw POME sample
discharged from a local palm oil mill. As can be seen, the membrane demonstrated a very
promising result in reducing the pollutant levels of several important parameters. BOD3 and COD
values of the raw POME were remarkably reduced from around 1995 mg L−1 and 8457 mg L−1

to around 250 mg L−1 and 780 mg L−1, achieving close to 88 and 91% reduction, respectively.
Compared to BOD3 and COD reduction rate, almost complete elimination of sample turbidity
could be achieved using in-house made UF membrane. This excellent reduction rate of turbidity
can be explained by the presence of large particulates in POME sample which in general were
much larger in terms of size in comparison to the pore size of UF membranes, making the
separation of them very efficient and effective in UF membrane process.

Figure 1.3 compares the physical color of the feed POME sample and permeate samples treated
by 50PSF/50PSSF membranes. Clearly, there was a significant reduction in color intensity of
permeate sample in comparison to the feed POME sample. It must be pointed out that complete
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(a) (b)

Figure 1.3. Palm oil mill effluent sample, (a) before membrane treatment (raw) and (b) after membrane
treatment using 50PSF/50PPSF membrane.

Table 1.3. The performance of 50PSF/50PPSF membrane in removing important
pollutants from raw POME.

Parameter Raw POME Permeate Removal

BOD3 [mg L−1] 1994.58 251.31 87.40%
COD [mg L−1] 8456.67 780.55 90.77%
Turbidity [NTU] 8207.77 2.46 99.97%

elimination of color is almost impossible to achieve using UF membrane (even with commercial
UF membrane), mainly because of the presence of nano-sized color components in the POME
sample. The use of NF and RO membranes has potential to produce better quality of permeate,
but they require much higher operating pressure during treatment and flux productivity are also
significantly lower than that of UF membranes.

1.4 CONCLUSION

Blended PSF/PPSF membranes made of different PSF:PPSF weight ratio were successfully fab-
ricated via dry-jet/wet spinning method. In addition to pure water flux and BSA rejection tests,
the membranes were also characterized using SEM, AFM and contact angle goniometer. Results
showed that the blended membrane made of equal amount of PSF and PPSF (designated as
50PSF/50PPSF membrane) was the best performing membrane after taking into account its high-
est water flux and excellent BSA rejection. Further investigations revealed that the 50PSF/50PPSF
membrane was able to reduce significantly the values of several important pollutants in raw POME,
achieving close to 88, 91 and 100% reduction for BOD3, COD and turbidity, respectively. How-
ever, it was found that UF membrane was not efficient enough to completely eliminate the color
of the effluent, mainly due to the existence of nano-sized color components in POME sample.
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CHAPTER 2

Development and characterization of sago/PVA blend membrane
for recovery of ethyl acetate from water

Abdulhakim M. Alamaria & M.M. Nawawia Ghazali

2.1 INTRODUCTION

Pervaporation (PV) is a membrane separation process that has been studied intensively to separate
alcohol/water mixtures such as ethanol/water, iso-propanol/water and ethyl acetate/water (Ghazali
et al., 1997; Xia et al., 2011; Zhang et al., 2009). A good advantage of pervaporation is that no
pollution occurs and high efficiency production is expected (Feng et al., 1997; Lipnizki et al.,
1999). All chemical and pharmaceutical industries are presently showing incredible interest in
this new technology that is low energy consuming, has high separation efficiency and is of an eco-
friendly nature (Hyder et al., 2006; Rachipudi et al., 2011). Pervaporation has several applications
like recovery of organic mixture from water, separation of mixtures of similar boiling points and
dehydration of organic solvents (Feng et al., 1997; Hasanoğlu et al., 2005; Liua, Y. et al. 2011).
Ethyl acetate is one of the important solvents, and wildly used in various manufacturing industries
such as pharmaceutical industries and chemical industries for cleaning fluids, inks, coated papers
and perfume (Hai-Kuan Yuana et al., 2011; Yongquan et al., 2012). Recovery of ethyl acetate
from water is however very difficult because ethyl acetate forms azeotrope with the water and
the separation becomes expensive by distillation which requires entrainers that must be removed
after distillation is completed (Wua et al., 2012). Hence PV is considered most appropriate for
the recovery of ethyl acetate from water. Many different natural and synthetic polymers have
been used to develop membranes for PV. As well, some polymers such as chitosan, polyvinyl
alcohol, and cellulose were blended to fabricate membranes for dehydration of the alcohol/water
mixture. It is also known that separation factor and permeation flux depend not only on membrane
material but also on the operating conditions such as feed temperature and liquid composition
(Huang et al., 1999). Table 2.1 summarizes the effect of different materials for recovery of ethyl
acetate from its aqueous solution. The hydrophilic polymers that have O–H group are usually
preferred to prepare membranes for ethyl acetate recovery by dehydration. In addition to those
listed in Table 2.1, much work has been done to develop starch-based membranes for producing
renewable energy, reducing environmental effect, and finding for more applications (Lu et al.,
2009). Sago starch is evidently a hydrophilic polymer, which makes it an interesting material
to be developed into membranes for dehydration of ethyl acetate. There are several chemical
and physical modification methods to improve the properties of sago starch and one of those
is blending with other polymers. Sago starch has not yet been studied as a membrane material,
especially for PV. In this study, an attempt is made to separate azeotrope forming mixtures of
ethyl acetate-water using sago starch/PVA blend membranes. The effects of operating conditions
are also discussed in the work.

2.2 EXPERIMENTAL

2.2.1 Materials

Sago starch was supplied by Ng Kia Heng Sago Industries Sdn Bhd, Batu Pahat, Johor Malaysia.
Polyvinyl alcohol (86,000 Mwt, 99–100% hydrolyzed) from New Jersey USA, ethyl acetate (99%)

11
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Table 2.1. Comparison between different materials on the separation of ethyl acetate/water mixture.

Water
content
in the feed Temperature Membrane Flux Selectivity
[wt%] [◦C] material Crosslinking J [kg m−2 h−1] α References

1–2.5 30–60 Polyvinyl alcohol Yes (0.0001–0.065) (103–104) Salt et al.
(2005)

5.1 60 PVA/ceramic No 1.45 × 10−4 129 Xia et al.
composite (2011)

9 35 Chitosan/poly(vinyl No 0.953 746 Zhang et al.
pyrrolidone) (2009)

97 30–50 Poly(vinylidene No 0.2–2 100 Tian and
fluoride-co- Jiang (2008)
hexafluoropropene)

95 60 Commercial NaA No 2.65 200–500 Shaha et al.
zeolite (2000)

from USA, sulfuric acid from Thailand were obtained from QReC Chemicals (Asia) Sdn Bhd.
Acetone was from Taman industry Rawang Selangor Malaysia, glutaraldehyde was purchased
from Fisher Scientific Company, and water was deionized before use.

2.2.2 Preparation of sago starch/PVA membranes

Sago starch (3 wt%) and (10 wt%) of PVA were prepared separately by adding to and keeping
in hot water of 90◦C for 3 and 6 h, respectively, to make the solution homogeneous. The sago
starch and PVA solutions were mixed (50/50 by weight) and kept stirred at 70◦C for 24 h. The
solution was then kept in an oven for 24 h before casting onto a glass plate and the film was
dried in the ambient air for 72 h. The membrane so prepared was further cross-linked either by
chemical reaction or by thermal treatment or both. For the chemical cross-linking the membrane
was immersed in a solution containing 0.5 wt% sulfuric acid (H2SO4), 2.5 wt% glutaraldehyde,
48 wt% acetone and deionized water, the balance, for 30 min at room temperature. Then the
membrane was washed many times by distillated water before being kept in distillated water
for 7 h at room temperature to remove residual H2SO4. The membrane was then dried at room
temperature for 24 h. For the heat treatment, the cast polymer film was kept in an oven together
with the glass plate at 70◦C for 4 h before it was removed from the glass plate. For the combined
chemical/thermal cross-linking, the dried chemically cross-linked membrane was further heat
treated. The membrane without cross-linking, cross-linked by chemical reaction, cross-linked by
heat treatment and cross-linked by chemical reaction and heat treatment are called hereafter N,
CH, TH and CH +TH, respectively. All membranes were subjected to PV for dehydration of ethyl
acetate/water mixtures.

2.3 CHARACTERIZATION

2.3.1 Differential scanning calorimetry (DSC) and thermogravimetric analysis (TGA)

All membrane samples were characterized by DSC and TGA. DSC experiments were done with
TA instruments model DSC 2920 differential scanning calorimeter, from 0 to 200◦C at a heating
rate of 10◦C min−1. Liquid nitrogen was used to decrease the temperature from 200 to −30◦C
before every run. DSC was run first with an empty aluminum pans and the weight of the samples
in the cell, and obtained DSC curve was used as the baseline for DSC measurements of all
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Figure 2.1. Schematic diagram of pervaporation process.

samples, whose weight was between 6 and 8 mg. TA instruments model SDT 2960 Simultaneous
DSC-TGA was used for thermogravimetric analysis (TGA). The temperature range for TGA was
30–200◦C with a heating rate of 10◦C min−1. DSC and TGA were both conducted in a helium
atmosphere.

2.3.2 FTIR spectroscopy

Fourier transform infrared spectroscopy (FTIR) spectroscopy was used to quantify the chemical
composition of a membrane film before and after cross-linking, and was recorded within the
range of 4000–650 cm−1. There were four samples named as pristine N, CH, TH and CH +TH.

2.3.3 Pervaporation

The pervaporation of ethyl acetate-water mixture was carried out using the apparatus which is
described in Figure 2.1. The effective membrane area for the pervaporation was 78 cm2. The
vacuum pressure was kept under 3 mmHg and the experiments were conducted in the temperature
range between 30–60◦C. The concentration of water in the feed was 1–4 wt%. The permeate
was collected in a collector cooled by ice. The ethyl acetate concentration was measured by
refractometry using a calibration curve. The errors inherent in the pervaporation measurements
were not more than 1.0 for both flux and separation factor. The total permeates flux (J ) was
determined as:

J = w

A�t
(2.1)

where w refers to the amount of the permeate [g], A refers to the effective area [m2] of the
membrane used in the pervaporation and (�t) is the time [h].

The separation factor α was calculated by Equation (2.2) using the weight fractions of water
and ethanol in the permeate, yw and yeth, and in the feed, xw and xeth:

α = yw/yeth

xw/xeth
(2.2)
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Figure 2.2. Differential scanning calorimetry (DSC) curve of effect of different crosslinking on sago
starch/PVA blend membrane (N: non crosslinking, CH: chemical crosslinking, TH: thermal
crosslinking, CH +TH: chemical + thermal crosslinking).

2.4 RESULTS AND DISCUSSION

2.4.1 Membrane characterization

2.4.1.1 DSC
Sago starch has a helical structure which can be crystallized and polyvinyl alcohol is semi-
crystalline. For both of them, the structure may change by cross-linking. From the DSC curves
N and TH samples showed glass transition temperature (Tg) at 60◦C, CH showed Tg at 96◦C and
(CH +TH) showed Tg and melting point (Tm) at 90◦C and 208◦C, respectively. Thus the structure
of the membranes changed considerably by cross-linking as presented in Figure 2.2.

2.4.1.2 Thermal stability TGA
The thermal stability of sago starch/PVA membrane and its cross-linked derivatives were investi-
gated by TGA analysis under nitrogen flow. The resulting thermograms are shown in Figure 2.3.
From the thermograms, it is clear that all membranes exhibited three consecutive steps for weight
loss. In N (Fig. 2.3a) the first weight loss of 20% occurred in a range of temperature between
60 and 250◦C. The second weight loss of 6% occurred between 250 and 300◦C, corresponding
to physically absorbed water molecules. The majority of these absorbed water molecules exist in
a bound state rather than in a free molecular state (Guana et al., 2006; Shaoa et al., 2003) and
looks like to be bound directly to the polymer chain through hydrogen bonds. For CH membrane
shown in Figure 2.3b, the first weight loss of 22% occurred at temperature between 50 and 300◦C.
Compared to N membrane the weight loss increased in a wider temperature range up to 300◦C.
This also is attributed to desorption of physically absorbed water molecules in the membrane. The
second weight loss for CH membrane was 80% in a temperature range between 300 and 450◦C,
which corresponds to decomposition of sago starch and polyvinyl alcohol. For TH membrane
shown in Figure 2.3c the first weight loss of 19.87% occurred between 60 and 200◦C, which is
due to a loss of absorbed water. The second weight loss of 83% occurred at around 200–400◦C,
which may correspond to the structural decomposition of sago starch/PVA. For CE +TH mem-
brane the first weight loss of 12.17% occurred between 50 and 280◦C, due to its physical change
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Figure 2.3. (a) TGA for non cross-linking sago/PVA membrane, (b) TGA for chemical cross-linking mem-
brane, (c) TGA for thermal cross-linking membrane and (d) TGA for chemical + thermal
cross-linking membrane (N: non crosslinking, CH: chemical crosslinking, TH: thermal
crosslinking, CH +TH: chemical + thermal crosslinking).

in the polymer such as dehydration. The second weight loss of 87% occurred between 300 and
450◦C as shown in Figure 2.3d. It can be thus concluded that CH +TH membrane was the most
stable thermally among all the tested membranes. Generally in pervaporation operating temper-
ature is kept below 100◦C. Hence, all the tested membranes seem to be thermally stable enough
(Xiao et al., 2006).
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Figure 2.3. Continued.

2.4.1.3 FTIR
Figure 2.4 shows the FTIR spectra for all tested membranes (N,TH, CH, CH +TH).The absorption
peak of IR spectrum for N membrane appears at 3266.88 cm−1 corresponding to the hydroxyl
(−OH) group. For chemical cross-linking (CH) as we can see the hydroxyl group peak decreased
slightly due to the reaction with aldehyde group during the cross-linking reaction. Chemically
cross-linked membrane showed a new peak at 1714.31 cm−1 for C–O–C and also another peak at
1256.40 cm−1 is likely due to C–C from acetal linkages. Sago starch and PVA have a very large
number of hydroxyl groups, and not all of them were reacted with aldehyde during the limited
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Figure 2.4. Fourier transform infrared (FTIR) for sago/PVA membranes (N: non crosslinking, CH: chemical
crosslinking, TH: thermal crosslinking, CH +TH: chemical + thermal crosslinking).

time. On the contrary, the thermally cross-linking showed increase in the absorption peak of
3283.97 cm−1 after heat treatment. Chemical + thermal cross-linked membrane showed the same
result as thermally cross-linked membrane,which can be explained by completion of cross-linking
by the thermal treatment.

2.4.2 Pervaporation

2.4.2.1 Effect of feed temperature
Operating temperature is an important parameter in pervaporation due to its effect on the sorption
and diffusion rates (Moheb Shahrestani et al., 2013). Figure 2.5a shows total flux in a range of
30–60◦C when the water content in the feed ethyl acetate/water mixture is fixed to 2 wt%. From
the figure, the total flux increases as the temperature increases. From Figure 2.5a N membrane’s
flux increased from 0.03 kg m−2 h−1 at 30◦C to 0.3 kg m−2 h−1 at 60◦C. This can be explained by
the increase in mobility of polymer chains and the expansion of the free volume. CH membrane
showed the flux of 0.162 kg m−2 h−1 at 30◦C and 0.549 kg m−2 h−1 at 60◦C, which were higher
than the N membrane. For the TH membrane, the fluxes were 0.217 kg m−2 h−1 at 30◦C and
1.192 kg m−2 h−1 at 60◦C, which were even higher than both of N and CH membranes. Interest-
ingly, the flux was increasing continuously with the temperature, while for the other membranes
a flux drop at 50◦C was observed. The CH +TH membrane achieved the highest permeation
flux among all the membranes, i.e. the flux was 0.148 kg m−2 h−1 at 30◦C, which was lower
than the CH and TH membranes, but the highest flux of 4.967 kg m−2 h−1 was reached at 60◦C.
Figure 2.5b shows the complicated nature of the feed temperature effect on the separation factor.
The separation factor at 60◦C was 9000 for N membrane and 1960, 1760 and 400 for TH, CH
and CH +TH membrane, respectively, demonstrating the highest selectivity for the N membrane
which is without cross-linking.

2.4.2.2 Effect of feed concentration
The effect of water content on the permeation flux is shown in Figure 2.6. All PV experiments
were carried out at 30◦C. As seen from Figure 2.6, generally, flux increases with an increase
in water content from 1 to 4 wt% for all the membranes. This can be explained by two reasons.
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Figure 2.5. (a) Effect of feed temperature on the permeation flux for all membranes and (b) effect of feed
temperature on the separation factor for all membranes.
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Figure 2.6. Effect of feed concentration on the permeation flux for all membranes.

First, as the water content increases in the feed the water transport increases and hence the total
permeation flux increases, and the second, at higher water content the membrane swells more,
which leads to increased flexibility of the polymer network and both ethyl acetate and water
cross the membrane more easily. Hence, the flux increases but the separation factor may decrease
(Hyder et al., 2006). The order in the flux changes with water content; i.e. at 1 wt% water content
CH membrane showed the lowest flux while at 4 wt% water content CH membrane showed the
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highest flux. As mentioned above, when the water content increases in the feed, the degree of
swelling of the membrane will increase. Moreover, when water content increases, the coupling
of water and ethyl acetate transport is enhanced.

2.5 CONCLUSION

The intrinsic properties of sago starch/PVA blend membranes with and without cross-linking
were characterized by FTIR, DSC and TGA. FTIR revealed that the hydroxyl groups of sago
starch and PVA decreased by chemical cross-linking due to formation of acetal linkage. As a
result, the membranes became less hydrophilic. On the other hand, CH+TH and TH membranes
are more hydrophilic than CH membrane. DSC showed increase in Tg by cross-linking. PV of
ethyl acetate/water mixture showed that the flux of the CH +TH membrane is the highest but the
selectivity is the lowest due to the hydrophilic nature of the membrane. TH membrane with good
permeation flux and high selectivity is considered to be the best.
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CHAPTER 3

Development of adsorbents based cellulose acetate mixed matrix
membranes for removal of pollutants from textile industry effluent

Ramesh Kumar Saranya, Yogarathinam Lukka Thuyavan,
Gangasalam Arthanareeswaran & Ahmad Fauzi Ismail

3.1 INTRODUCTION

Polymeric modification using adsorptive inorganic particles is gaining prime importance for
its significance in enhancing the filtration properties of membranes. Membranes can remove
various pollutants through the separation mechanisms of impaction, diffusion, electrostatic inter-
action, hydrophobic property, and adsorption (Walther et al., 1988). Among several mechanisms,
adsorption is the process most commonly used in to remove the dye constituents of textile industry
effluent. The combination of different methods like adsorption and filtration for enhanced mem-
brane separation is highly presumed to achieve significant reduction on pollutants due to textile
industries. For a long time, application of activated carbon (AC) as dye adsorbent in textile and
dye wastewater treatment has been studied (Choy et al., 1999; Kannan et al., 2001; Malik, 2003;
Namasivayam and Kavitha, 2002) because of its large surface area, polymodal porous structure,
high adsorption capacity and variable surface chemical composition (Marsh Rodríguez-Reinoso,
2006). However, the addition of AC in organic polymer matrix for the synthesis of mixed matrix
membranes (MMMs) has been very rarely studied. Ballinas et al. (2004) studied the influence of
characters of AC on polysulfone (PSF) composite membranes in a continuous operation system
and concluded the high performance of a hybrid AC/PSF composite membrane better than non-
hybrid ones. The effect of polyethersulfone concentration and AC loading on the performance of
MMMs in terms of permeability and selectivity of O2/N2 gas separation has also been investigated
(Kusworo et al., 2010). Yet, the studies on application of AC coupled with membrane separation
in wastewater treatment show much less evidence.

Iron oxide (IO) particles due to their high surface reactivity as a result of their small size range
of 1–100 nm (Zhang, 2003) can transform chemical pollutants such as PCBs, TCE, pesticides
and chlorinated organic solvents in biosolids (Li et al., 2007). They have the ability to degrade
pollutants effectively by reductive (Tratnyek and Johnson, 2006; Xu et al., 2005) and/or oxidative
pathways depending on the state of iron (Laine and Cheng, 2007; Pignatello et al., 2006). Several
methods to synthesize IO nanoparticles were available but the main challenges of these numerous
and novel techniques lie in their capacity to obtain a narrow dispersion in particle size together with
the desired compositional, structural and crystalline uniformity (Martínez-Mera et al., 2007). The
interface between a polymer matrix and inorganic filler plays an important role in the performance
of MMMs. Hence, in this study, the feasibility of synthesis of AC and IO based MMMs was
examined. The recent development of MMMs makes it an ideal platform for incorporation of
adsorptive particles for the removal of pollutants from textile industry effluent.

To fully exploit the use of AC and IO for an adsorbent enhanced membrane filtration, different
wt% ofAC and IO was blended in solution with cellulose acetate (CA).The influence of adsorption
and reaction of incorporated nanoparticles owing to dispersion was confirmed by ultrasonication
followed by which the CA/AC and CA/IO membranes have been successfully synthesized by
phase inversion method. The characteristics of MMMs in terms of surface morphology, particle
size distribution have been studied by field emission scanning electron microscopy (FESEM) and
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X-ray diffraction (XRD), respectively. The performance of prepared MMMs was also evaluated for
its permeability and rejection efficiency of chemical oxygen demand (COD), biological oxygen
demand (BOD) and sulfates from textile dye effluent by means of polymer enhanced ultrafiltration.

3.2 EXPERIMENTAL

3.2.1 Materials

All chemicals and reagents used were of analytical grade and used without any further purifi-
cation. Cellulose acetate (CA) was obtained from Sigma Aldrich, India Limited. N ,N ′-dimethyl
formamide (DMF) was purchased from Qualigens fine chemicals, Glaxo India limited. Analyti-
cal grade AC prepared from charcoal with the surface area of 800 to 850 m2 g−1 and methylene
blue adsorption of 0.13 g g−1 was purchased from Merck (India) Limited. IO particles were also
procured from Merck India Limited. Polyethyleneimine (PEI) of 50 kDa MW was obtained from
Alfa Aesar (India) Limited. Double distilled and Millipore water were produced in the laboratory.

3.2.2 Preparation of CA MMMs

The phase inversion method of membrane synthesis was carried out for the fabrication of CA/IO
and CA/ACMMMs. The composition of various CA MMMs prepared is provided in Table 3.1.
The homogenous casting solution for each composition was obtained by dissolving IO and AC
initially in DMF solvent which after complete dissolution by means of ultrasonication was mixed
with CA under mechanical stirring. The final dope solution was also sonicated for 30 min before
casting to ensure homogeneity and casted on a cleaned glass plate. The thickness of the membrane
was fixed as 400 µm using a film applicator (elicometer). After leaving for 30 s evaporation time,
the membrane was immersed in distilled water maintained at 20◦C.

3.2.3 Characterization of CA MMMs

The X-ray diffraction (XRD) pattern was recorded for both neat CA and CA MMMs using an X-ray
diffractometer (Rigaku Corporation, Japan) constituting Ni-filtered Cu Kα as a monochromatic
radiation source (40 kV, 30 mA) with scintillation counter (NaI) as a detector.

The top and cross-section morphology of synthesized CA MMMs were visualized with the help
of field emission scanning electron microscopy (FESEM, Hitachi, S-4160, Japan) operated at an
accelerating voltage of 20 kV. The dried membrane samples were pre-treated using Au sputtering
to impart electrical conductivity.

Table 3.1. Casting composition of prepared CA MMMs.

Casting solution composition

CA AC/IO DMF solvent
Membrane type [g] [g] [mL] Membrane description

CA 4.375 – 21.7 Neat CA
CA/AC1 4.353 0.022 21.7 CA + 0.5 wt% AC
CA/AC2 4.310 0.065 21.7 CA + 1.5 wt% AC
CA/AC3 4.266 0.109 21.7 CA + 2.5 wt% AC
CA/IO1 4.354 0.022 21.7 CA + 0.5 wt% IO
CA/IO2 4.310 0.065 21.7 CA + 1.5 wt% IO
CA/IO3 4.266 0.109 21.7 CA + 2.5 wt% IO
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3.2.4 Performance of CA MMMs

3.2.4.1 Permeability studies
The flat sheet CA MMMs were employed in stirred cell dead-end ultrafiltration (UF) unit (Model
Cell-XFUF076, Millipore, USA) for studying the pure water permeability. The effective area
of the membrane taken was 38.5 cm2. The initial membrane compaction was performed for 1 h
at 60 psi (≈0.414 MPa) trans-membrane pressure (TMP). Later, the test run for determining the
pure water flux was done and the permeate volume was collected every 10 min. The pure water
flux (Jw) was found using the following equation:

Jw = V

A × �t
(3.1)

where V , A and �t are the permeate volume, membrane effective area and permeation time,
respectively.

3.2.4.2 Performance of CA MMMs in the treatment of textile industry effluent
To evaluate the rejection efficiency of CA MMMs in reducing COD, BOD and sulfates from the
textile dye effluent, polymer enhanced UF was performed. The feed solution of raw textile dye
effluent was first complexed with the water-soluble polyelectrolyte PEI. The concentration of PEI
was taken to be 1 wt% and completely mixed with PEI under stirring for 24 h (Arthanareeswaran
et al., 2007). The macroligands formed due to the PEI complexation with the organic pollutants in
the effluent enables improved rejection using UF (Juang and Chen, 1996). The permeate volume
was collected in replicates over distinct intervals at constant TMP of 60 psi (≈0.414 MPa) and
which were then analyzed for COD, BOD and SO2−

4 concentration based on the standard methods
(APHA, 2005).

Then, the rejection efficiency of each CA MMM was determined separately using the following
equation:

% Rejection (R) = Cf − Cp

Cf
(3.2)

where Cf and Cp are the concentration of feed and permeate respectively for determining the
rejection of COD, BOD and SO2−

4 . However, the actual rejection [%] can be evaluated using
Equation (3.3) from the concentration of retentate obtained after filtration of specific volume at
specific time:

% Actual rejection (Ract) = Cr − Cp

Cr
(3.3)

where Cr is the concentration of reject volume.

3.3 RESULTS AND DISCUSSION

3.3.1 Morphological characteristics of CA MMMs

The top surface morphology of CA/AC and CA/IO MMMs (Fig. 3.1) reveals that the ultrason-
ication has its significance on dispersing the adsorbent particles in uniform manner in the CA
matrix. The dense symmetric structure with no differentiation between top finger pores and bot-
tom macrovoids has been observed for neat CA membrane. However, surface morphology of CA
MMMs suggests the efficient dispersion of IO and AC has provided accessible active sites for
pollutants to be adsorbed (Smuleac et al., 2010). It can also be seen that most IO particles were
distributed uniformly on CA as shown in CA/IO1 and CA/IO3 MMMs and the few clusters of
IO particles created pores when they leached out of the CA matrix during phase inversion. This
leads to increase in permeability of CA/IO1 MMM however the reason for the lesser permeability
offered by CA/IO3 MMMs compared to CA/IO1 is attributed to the surface pore blockage on
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Figure 3.1. Scanning electron microscope SEM micrographs of neat CA and CA MMMs.

highest addition of about 2.5 wt% of IO particles. With the highest IO loading, the particles com-
pletely lose structure and thus bringing deformation of the skin layer and pore structure (Jian et al.,
2006). AC that interacts with CA polymer can change dope solution properties significantly and
thus enhancing the macrovoids formation in CA/AC MMMs. The cross-section FESEM images
of CA/AC MMMs shows a number of elongated porous sub-structures when compared with neat
CA membrane. From the results, it could be inferred that increase in AC concentration has caused
the hydrophobic interactions between CA and carbon that subsequently helped to increase pore
formation. These macrovoidal formation at the bottom layer helps for improved permeability of
CA/AC MMMs.
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Figure 3.2. XRD profile of CA/IO MMMs and CA/AC MMMs.

Table 3.2. Crystallite size of CA/IO and CA/AC
MMMs.

Membrane type Crystallite size [nm]

CA 21.9
CA/IO1 4.9
CA/IO2 8.3
CA/IO3 10.6
CA/AC1 25.3
CA/AC2 29.2
CA/AC3 34.9

3.3.2 XRD characterization of CA MMMs

The effect of IO and AC addition on CA has also been studied with the help of XRD pattern as
shown in Figure 3.2. The peaks corresponding to crystal lattice of (110) and (300) are characteristic
of Fe (0) core and IO shell and are observed in all CA/IO MMMs. The broad peak at 2θ angle
of 20.5◦C corresponds to amorphous CA which changed into the crystalline nature of cubic
lattice of IO as seen in CA/IO MMMs. The grain size of CA/IO and CA/AC MMMs of different
compositions of IO and AC has been shown in Table 3.1. The crystallite size was observed to
increase from 4.9 to 10.6 nm due to the increase of IO wt% in CA/IO3 MMMs. This confirms the
presence of reactive IO nanoparticles and its crystalline behavior as the results were in agreement
with the Braggs lattice of Magnetite: 01-111 (Daraei et al., 2012). Similarly, the presence of AC
in CA/AC MMMs was confirmed by the intensity peaks at 2θ angle of 40.6◦ and the crystallite
size were lower compared to CA/IO3 MMMs.

3.3.3 Effect of IO and AC on permeability of CA MMMs

The effect of IO and AC on the pure water permeability of CA MMMs has been shown in Figure
3.3. The highest flux of 11.22 L m−2 h−1 was observed for CA/AC3 membrane, which suggests
that the increase in AC content increases the permeability. The presence of AC in the CA matrix
has changed the membrane pore morphology of CA (Hwang et al., 2013) and hence the flux
of CA/AC MMMs increased compared to pure CA. The macrovoidal pore formation owing to
AC addition as seen in FESEM image of CA/AC3 MMM supports the flux enhancement. The
mixing of AC and CA resulted in disintegration of CA polymeric chains that subsequently created
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Figure 3.3. Pure water flux studies on synthesized MMMs.

interfacial voids. This change in interfacial membrane morphology is mainly due to the adhesion
of AC in CA matrix and thus contributes to the enhancement of permeability.

In case of CA/IO MMMs, the increase in wt% of IO reduced the water permeability from
7.17 to 3.63 L m−2 h−1 and the reason would be due to the obstruction of majority of holes and
channels by the presence of IO particles at higher loading of 1.5 and 2.5 wt% (Gholami et al.,
2014). The permeation capacity also depends on the thinner top-layer of the membrane and hence
the increase in thickness due to increased IO content tends to reduce the water permeability in
case of CA/IO3 MMMs. Hence, the minimal loading of IO of about 0.5 wt% has only helped to
retain the nanoparticle size of IO without aggregation that ultimately enhanced the permeability
properties of CA.

3.3.4 Effect of AC and IO on polymer assisted UF

PEI complexation leads to the formation of macromolecules which resulted in decrease of perme-
ate flux of the textile dye effluent (Fig. 3.4). The virgin CA showed 2.56 L m−2 h−1 of permeate
flux for PEI complexed textile effluent which is 48.43% lower compared to the flux of effluent
without PEI complexation. The binding capacity due to imine groups of PEI and its electrostatic
interactions with molecules present in the effluent caused increase in liquid phase polymer-based
retention (LPR) of PEI bound effluent that subsequently led to a decrease in permeate flux (Rivas
et al., 2003). However, the presence of IO and AC in the CA polymer matrix helped to decrease
the reduction in permeate flux owing to PEI complexation.

Inspite of PEI complexation, for CA/AC3 MMM there was observed only a 25% flux decrease
compared to the flux observed for effluent without PEI. The reason for decrease in reduction of
flux difference would be due to the surface non-electrostatic interactions of AC (Moreno-Castilla,
2004). For CA/IO1 MMMs, there was observed a reduction in decrease of permeate flux of
only about 35% compared to that of effluent having no PEI binding. The reactive and catalytic
property of IO particles has been effectively utilized as they are situated at CA polymeric matrix.
The reactivity of IO helped potentially for the inhibition of PEI complexed pollutants due to its
surface acidity that tends to be involved in proton exchange and hence not much in reduction of
effluent flux of CA MMMs compared to virgin CA.

3.3.5 Effect of CA MMMs on COD removal

Similar to BOD, the rejection efficiency of CA/IO in reducing COD was higher (by about 89.9%)
with the reject concentration of 654 mg L−1. The natural organic matter (NOM) and heavy metal
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Figure 3.4. Effect of PEI on flux of textile dye effluent.

0

200

400

600

800

1000

1200

1400

1600

1800

2000

CA CA/AC3 CA/IO1

C
O

D
 [m

g 
L–1

]

Membrane type

Permeate with no PEI
Reject with no PEI
Permeate with PEI addition
Reject with PEI addition

Figure 3.5. Effect of CA MMMs on COD removal.

concentration were greatly reduced and there had been evidence in using iron nanoparticles coated
membranes for such removal (Hosseini et al., 2012; Ng et al., 2010). Like IO nanoparticles, the
presence of AC in CA/AC MMM has also influenced the COD rejection efficiency to about
89.2% owing to the addition of PEI. However, the reject COD concentration was high of about
944 mg L−1 as compared to 654 mg L−1, which was the COD reject concentrate due to CA/IO
MMMs (Fig. 3.5).

3.3.6 Effect of CA MMMs on BOD removal

The BOD removal is highly intense for CA/IO MMM operated with PEI bound effluent that
showed about 96.7% reduction owing to fouling resistant ability of magnetite nanoparticles. The
reject BOD concentration is 84 mg L−1 that ensures the adsorption capacity of IO impregnated
in CA matrix. However, the reject BOD of neat CA and CA/AC MMMs as shown in Figure 3.6
indicated increase in concentration of BOD of about 284 and 372 mg L−1, respectively. It can
be concluded that superior hydrophilicity of CA/IO would also be the reason for reducing the
irreversible fouling and resulted in higher flux with lesser % rejection.
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Figure 3.6. Effect of CA MMMs on BOD removal.
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Figure 3.7. Effect of CA MMMs on sulfate removal.

3.3.7 Effect of CA MMMs on sulfate removal

In contrast to BOD and COD rejection efficiency, the highest sulfate rejection was observed to be
65.8% for PEI complexed effluent treated using CA/IO MMM in Figure 3.7. The reason for lesser
rejection is attributed to the fact that the dissolved salts pass through pores of UF membranes
easily resulting in only less % rejection in comparison with those of COD and BOD. The CA/AC
MMMs showed 44.72% sulfate rejection that was better than neat CA as it was observed to
have only 12.8% sulfate rejection. These results confirm that the reducing ability of AC and IO
nanoparticles present in CA matrix.
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3.4 CONCLUSIONS

The effect of loading of IO and AC in CA matrix was widely investigated based on the permeation
flux and pore morphology. Based on these investigations, some of the significant conclusions are
as follows:

• Among various synthesized CA MMMs, CA/AC3 MMMs with the highest loading of 2.5 wt%
of AC exhibited superior permeability and macrovoids formation in the sub-layer of its
asymmetric structure.

• Compared to AC, the impregnation of IO offered high catalytic reduction of the pollutants
thereby showing the rejection efficiency of about 96.7, 89.86 and 55.5% of BOD, COD and
SO2−

4 , respectively, from the textile dye effluent.

The advantage of adsorption in decreasing the concentration of COD, BOD and sulfates in
the retentate of textile effluent was the major breakthrough in this polymer enhanced UF using
CA MMMs.
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CHAPTER 4

Studying the role of magnetite (Fe3O4) colloids functionality on
PES membrane in removing of humic acid foulant using QCM-D

Qi-Hwa Ng, Jit-Kang Lim, Abdul Latif Ahmad & Siew-Chun Low

4.1 INTRODUCTION

Over the past few decades, the usage of membranes for potable water production has progressed
remarkably due to the compact design of the membrane module, lower energy consumption,
and reliable effluent quality. However, membrane fouling still remains as a critical issue in many
applications of water filtration processes and it restricts the widespread application of membranes.
In water treatment, humic acid (HA) has been considered to be one of the most significant
foulants among many potential natural organic matters (NOMs) in both surface and ground water
(Lahoussine-Turcaud et al., 1990; Wang et al., 2005). Previous studies of HA fouling were focused
on the role of several important factors (e.g., pH and ionic strength) in humic acid solutions (Jones
and O’Melia, 2000; Wang et al., 2005). For example, Jones and O’Melia (2000) had demonstrated
the effects of solution chemistry (pH and ionic strength) on the adsorption of HA to a membrane
surface. The HA adsorption was found to increase with the increased of ionic strength and pH
of the HA solution, as also observed in many studies dealing with various types of membranes.
However, this kind of research approach is labor intensive, and normally requires tedious analysis
of the feed stream before it enters the filtration process.

In general, hydrophilic membranes exhibit lower level of fouling (Jones and O’Melia, 2000;
2001). This is due to the formation of a water boundary between the hydrophilic membrane and the
surrounding water molecules that resists the approach of hydrophobic foulants near the membrane
surface. In turns out to make the membrane less vulnerable to fouling. Many approaches have been
taken to improve the hydrophilicity of membranes, including the blending of the hydrophilic poly-
mers and the surface modification of membranes (Ma et al., 2001; Malaisamy and Bruening 2005;
Peeva et al., 2010). However, the polymer chain undergoing chemical modification sometimes
becomes highly swollen, leading to the low mechanical properties of the membrane (Mbareck
et al., 2009). As a solution, the integration of nanoparticles into the membrane matrix allows both
control of the membrane fouling and the ability to produce specific functionalities to the mem-
brane (Li et al., 2009; McLachlan, 2010). Generally, this type of composite membrane can be
produced through polyelectrolyte multilayer modification (PEM) method, phase inversion tech-
niques, self-assembly through covalent attachment or blending with a polymer casting solution
(Liu et al., 1997; Schlemmer et al., 2009; Taurozzi et al., 2008).

The quartz crystal microbalance with dissipation monitoring (QCM-D) technology is a surface
sensitive technique which gives real time information about the deposition of the thin surface
layers by measuring the changes of mass and viscoelastic properties at a surface. It has been used
to evaluate the surface adsorption kinetics and to analyze the nanoparticle-surface interactions
in real time (Chen and Elimelech, 2006; Xu et al., 2010). For example, Xu et al. (2010) had
investigated the adsorption behavior of Laponite and Ludox silica nanoparticles on surface of
poly(diallyldimethylammonium chloride) through QCM-D. The adsorption rates of both silica
nanoparticles were found to be concentration dependent and signifying that the Ludox adsorbed
layer was more softly bound than the Laponite adsorbed layer. A series of reports have also
been presented on the study of the membrane fouling using QCM-D technique and proved its
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effectiveness in assessing the adsorption and viscoelastic properties of the foulants (organic and
inorganic) onto the membrane surfaces (Arkhangelsky et al., 2012; Contreras et al., 2011; Hashino
et al., 2011).

In the present study, we aimed to quantify the adsorption of functionalized magnetic nanopar-
ticles (F-MNPs) onto the PES membrane surfaces in different dispersants (DI water and PSS) at
conditions with or without PSS and PDDA as precursors through QCM-D measurement. First, the
MNPs were functionalized using PSS polymer and flocculation studies for the nano-colloids were
carried out. Then, different membrane surfaces functionalities in adsorptive fouling by common
organic foulants (HA) were elucidated.

4.2 EXPERIMENTAL

4.2.1 Materials

The magnetite Fe3O4 nanoparticles (MNPs) were supplied by NanoAmor (USA). PSS and PDDA
polyelectrolyte were purchased from Sigma (St. Louis, USA). Ultrafiltration PES membrane with
molecular weight cut-off of 20,000 was obtained from GE Osmonics (USA). In this study, PES
polymer supplied by BASF was used as the model membrane used in QCM-D measurement. The
solvent N -Methyl-2-pyrrolidone (NMP) and humic acid used as the membrane foulant were pur-
chased from Merck (Germany) andAldrich (Switzerland), respectively. NaOH (Merck, Germany)
and HCl were used for pH adjustment.

4.2.2 Functionalization of nanoparticles

A suspension with 2500 mg L−1 of MNPs was prepared using deionized water and ultrasonicated
to break the existing aggregates. Similarly, PSS solution (0.00412 g mL−1) was prepared and
ultrasonicated to promote good dispersity of polymeric solution. Both colloids suspension and
PSS solution were adjusted to pH 3.5 before the former was added drop wise into the latter solution,
where the physisorption process was allowed to occur for 1 day. The PSS-coated nanoparticles
(F-MNPs) were then separated using a permanent magnet and pre-washed before final dispersion
in deionized water or PSS. Dynamic light scattering (Zetasized) was used to determine the size
distribution and colloidal stability of naked Fe3O4 and functionalized Fe3O4 in suspension. The
measurement was performed at an angle of 90◦ under a light source of 650 nm, and the calculation
was based on the assumption of spherical particles in Brownian motion and single scattering.

4.2.3 Quartz crystal microbalance with dissipation (QCM-D)

The QCM-D measurements were performed with AT-cut quartz crystals mounted in an E1 system
(Q-Sense, Goteborg, Sweden). 1% w/v of PES polymer dissolved in NMP was spin coated onto
the gold quartz crystal (Q-Sense, Sweden) and evaporated at room temperature for 24 hours.
All QCM-D measurements were conducted under flow-through condition via a digital peristaltic
pump operating in sucking mode at a constant flow rate 50 µL min−1 and at 25◦C. The ATR-
FTIR spectra of the commercial PES membrane and the model PES membrane coated on the
quartz crystal were analyzed using Thermo Scientific Fourier transform infrared spectrometer
(NICOLET iS10, USA) to confirm the similarly of the functional groups. Each spectrum was
obtained from 32 scans with 4 cm−1 resolutions at a 45◦ incident angle using a diamond crystal
over the wavenumber range of 4000–600 cm−1.

4.2.3.1 Monitoring F-MNPs adsorption
First, the solutions of PSS/PDDA precursor were alternately pumped through the QCM-D cham-
ber at 50 µL min−1. The flow-through precursor solution will be absorbed to the surface of the
PES coated gold crystal cell. Negatively charged PSS solution will be first interacted with the
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Table 4.1. List of the different samples combination.

No. sample Precursor Dispersant of F-MNPs

1 – Ultrapure water
2 – PSS
3 PDDA Ultrapure water
4 PDDA PSS
5 PSS then PDDA Ultrapure water
6 PSS then PDDA PSS

PES polymer, followed by the positively charged PDDA solution. Throughout the layer-by-layer
assembly, the composite precursor-PES surface was formed where outermost layer was ready to
adsorb the functional F-MNPs. In this work, the dynamic adsorptions of F-MNPs onto the PES
surface in condition with or without precursors (PSS/PDDA) as well as the effects of dispersants
(DI water/PSS) were monitored using QCM-D, as the experimental protocols were shown in
Table 4.1. Adsorbed mass of F-MNPs on different combination surfaces was modeled using the
viscoelastic modeling in QTools provided by Q-Sense.

4.2.3.2 Adsorption/cleaning of HA on the membrane surface
The foulant (HA) analysis of the modified (PES-Fe3O4) and unmodified (PES) membranes
were investigated using QCM-D through the adsorption study and cleaning of the humic acid
from the membranes. In preparation of modified PES-Fe3O4 membrane, the precursor-PES
composite layer was first generated according to the method described in section (Monitoring
F-MNPs adsorption). Sequentially, 2500 mg L−1 of F-MNPs solution flowed-through the QCM-
D chamber which crossed the precursor-PES surface at a constant flow rate of 50 µL min−1. The
cationic (PDDA) precursor at the outermost layer will induce cooperative binding with the anionic
F-MNPs and formed the modified PES-Fe3O4 membrane. After a stable baseline of the QCM-D
signal was achieved while flowing with ultrapure water, HA foulants (25 mg L−1) were allowed to
flow across the quartz crystal surface for two hours, followed by washing using ultrapure water for
another 30 min. The adsorbed mass �m as well as the removed cleaning mass per unit surface of
HA from the different quartz crystal surfaces (modified PES-Fe3O4 and unmodified PES model
membranes) were evaluated based on the Sauerbrey equation (Sauerbrey 1959):

�f = −n

c
�m (4.1)

where �f refers to the changes of frequency [Hz], �m refers to the changes of mass adsorbed
per surface area of quartz crystal cell [ng cm−2], n is the overtone number (n = 3 in this study)
and C is the mass sensitivity constant of the QCM-D (C = 17.7 ng cm−2 Hz−1 at f = 4.95 MHz).

4.3 RESULTS AND DISCUSSION

4.3.1 Stability of the functionalized MNPs and characteristics of the model PES membrane

Dynamic light scattering (DLS) was used to measure size distribution as well as to study the floc-
culation kinetics of MNPs and F-MNPs, where the colloidal suspension was diluted to 6 mg L–1 in
3.0 mL of deionized water. As shown in Figure 4.1, the bare MNPs were started to flocculate from
its initial hydrodynamic diameter at around 306 nm to form the larger clusters up to ∼2000 nm
in size. The flocculation of MNPs was probably because the small particles tend to agglomerate
to reduce the energy associated with high surface area to volume ratio of the nano-size particles
(Lu, et al., 2007). Moreover, formation of the large clusters may also be possible because of the
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Figure 4.1. Flocculation kinetic profile presenting the average hydrodynamic size [d.nm] of naked MNPs
and PSS coated F-MNPs vs. time (minutes).

attractive van der Waals and magnetostatic forces working within the intermolecular MNPs (Lim
et al., 2012). Hence, surface modification/functionalization of MNPs is necessary to preserve
good colloidal stability and provide a better layer dispersion of MNPs on the membrane surface.

As shown in Figure 4.1, MNPs functionalized using PSS (F-MNPs) have smaller hydrodynamic
sizes compared to the bare MNPs at its initial stage. Moreover, the F-MNPs have not shown any
obvious clustering behavior throughout the similar measuring time scale and remained almost
constant in size (145.49 ± 7.60 nm). This is a result of the steric (osmotic and elastic) and elec-
trostatic repulsion existing between the F-MNPs because of the adsorbed polyelectrolyte layer,
rendering the restricted intermolecular interactions among the polyelectrolyte coated particles
(Lim et al., 2012). Hence, the MNPs stability is enhanced. ATR-FTIR was used to characterize
the model PES coated on the gold crystal to confirm its similar functionalities to those of the
commercial PES membrane. As shown in Figure 4.2 (spectra), and in Table 4.2 (peak assign-
ments; Coates 2000), both commercial PES membrane and PES coated onto gold quartz crystal
demonstrated the same spectra, with the revealed characteristic vibrations at the peaks for the
aromatic bands at 1576 and 1484 cm−1, the symmetric vibration of the SO2 groups at 1146 cm−1,
the Ar–O–Ar groups at 1236 cm−1, and the C–S groups at 1484 cm−1 (Liu and Bai, 2005).

4.3.2 The F-MNPs adsorption onto PES model membrane

After functionalized MNPs with PSS, the F-MNPs were dispersed in either PSS or DI solution. The
higher charge density of the PSS polyelectrolyte present in the solution is expected to demonstrate
higher adsorption of the F-MNPs onto the PES polymer. However, at all conditions stated in
Table 4.1, the adsorbed mass of the F-MNPs dispersed in DI (conditions 1, 3 and 5) was relatively
higher compared to the F-MNPs that were dispersed in PSS (conditions 2, 4 and 6). It was likely
due to the adsorption competition between the F-MNPs and free PSS onto the coated surface of
the quartz crystal. Thus, the average zeta potentials for the polyelectrolytes and F-MNPs were
evaluated, as shown in Table 4.3. From Table 4.3, the free PSS polymer exhibited higher negative
charge density compared to the F-MNPs. This is because the neutralization of charge occurs
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Figure 4.2. ATR-FTIR spectra for commercial PES membrane and PES coated on crystal.

Table 4.2. Possible assignments of the FTIR spectra of PES membrane.

Peak [cm−1] Range given in the literature (Coates, 2000) Assignment

1576 About 1580 Aromatic stretching vibration
1484 1460–1550 C–S stretch
1236 1275–1200 Ar–O–Ar stretching vibration
1146 1160–1120 SO2 stretching

during the functionalization of MNPs (positive charge) with PSS (negative charge). Hence, free
PSS polymer has the high affinity to adsorb onto the surface compared to the F-MNPs. In addition,
the components of lower charge density of the F-MNPs were removed easily from the surface
during the washing process (Rojas et al., 2002). For this reason, the F-MNPs that were dispersed
in DI will be further used for the membrane fouling study by humic acid.

As for the effects of the presence of precursor on the adsorption of F-MNPs, the results
(Fig. 4.3) show that F-MNPs adsorbtion on the PES surface is lowest when no precursor is
applied. This might be because only weak hydrogen bonding is working between F-MNPs and the
PES membrane (Diagne et al., 2012). Comparing between the PDDA and PSS/PDDA precursors,
the combination of PSS/PDDA precursor shows higher F-MNPs adsorbed mass (125.61 mg m−2)
than PDDA precursor (77.18 mg m−2). This is due to the weak adsorption of PDDA on the PES
polymer which further caused the detachment of the PDDA together with the adsorbed F-MNPs
from the PES surface. However, when the PES surface is covered by coating PSS precursor prior
to the assembly of PDDA onto the crystal cell, the combination (PES → PSS → PDDA) will
form a thicker “polycation blanket” with a strongly charged outermost layer compared to the
presence of only a layer of PDDA on the PES coated crystal cell (PES → PDDA) (Hua and Lvov,
2008). Consequently, increase in the adsorption of the F-MNPs on the polyelectrolyte multilayer
(PES → PSS → PDDA) was observed. Furthermore, the addition of the polyelectrolyte layers
would be expected to produce a more continuous film with increased surface charge (positive
charge in this study) and more ion-exchange sites for the adsorption of F-MNPs (Liu et al., 2010);
nevertheless, the number of bilayer of PSS/PDDA was limited to 1 to reduce the membrane
thickness to avoid flux decline during the membrane application later.
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Figure 4.3. Amount of F-MNPs in PSS or DI adsorbed on PES spin-coated quartz crystal sensor with or
without precursor.

Table 4.3. Details on average zeta potential for
polyelectrolytes and F-MNPs.

Polyelectrolyte Average zeta potential [mV]

PSS −63.40 ± 3.41
PDDA +63.83 ± 3.76
F-MNPs −40.53 ± 0.81

4.3.3 Adsorption of HA foulant on the membrane surface

QCM-D was used to study the interactions between foulants and membrane surface, and the
results are shown in Table 4.4. The amount of HA adsorbed on the pure PES membrane was much
higher than that of the modified PES-Fe3O4 membrane. This is due to the increase of negative
charge density and hydrophilicity on the surface of modified membrane that makes them not easy
to foul. Almost all foulants were washed out (95.27%) from the modified PES-Fe3O4 membrane
surface, whereas only 33.63% of HA was removed or 56.15 ng cm−2 was retained on the pure PES
membrane surface after the washing step. There is only weak interaction between the HA foulant
and the modified membrane due to the impregnation of F-MNPs with negative charge and of high
hydrophilicity to the PES membrane. Thus, the attachment of HA foulant which has the similar
negative charge is reduced. In contrast, the stronger attachment of HA foulant occurred when
strong hydrophobic-hydrophobic interactions occurred between the HA and the unmodified PES
membrane.

However, some minor HA foulants were still deposited on the surface of the modified membrane
(3 ng cm–2) due to the higher membrane roughness by the presence of the nanoparticles. However,
the deposited amount of HA foulant (3 ng cm−2) was negligible compared to the unmodified PES
membrane (56.15 ng cm−2), showing that the lower irreversible fouling occurred for the modified
PES-Fe3O4 during fouling experiments.
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Table 4.4. Adsorption level for HA on different membrane surfaces and percentual mass of adsorbed layer
(HA) removed by pure water.

Membrane Adsorbed mass [ng cm−2] HA mass removed after washing [%]

PES 84.60 33.63
PES-Fe3O4 63.51 95.27

4.4 CONCLUSION

Surface modified/functionalized MNPs were successfully end-capped to the surface of PES mem-
brane due to improved colloidal stability. In this study, membrane modified with F-MNPs in the
presence of PSS/PDDA precursors exhibited lower membrane fouling by the HA foulant, due
to the formation of highly negatively charged and hydrophilic surface. The F-MNPs modified
membrane developed in this work achieved high efficiency for the removal of humic substances
up to 97.25%, which make the membrane processes more economical (longer life span of the
membrane) and more sustainable.
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CHAPTER 5

The effect of spinning parameters on PLA hollow fiber
membrane formation

Arisa Jaiyu, Kanungnuch Keawsupsak, Julaluk Pannoi,
Passakorn Sueprasit & Chutima Eamchotchawalit

5.1 INTRODUCTION

Development of renewable and decomposable material from the agriculture feed stocks has
become one of the most popular topics for research interest due to environmental ecological
awareness and a shortage of petroleum resource (Berkesch, 2005). Poly(lactic acid) (PLA) is the
one of the most attractive decomposable and renewable polymers derived from corn and sugar
cane (Datta and Henry, 2006; Lim et al., 2008; Liu et al., 2000). Nowadays, the manufacture of
PLA successfully developed into the commercial scale and the price of PLA has become much
cheaper compared to the past.

Membranes play a central role of our daily life (Mulder, 1996) and have gained an important
place in chemical technology because they can be used in broad range of applications (Baker,
2004). Most of the polymeric membranes were made from petroleum-based polymers. If these
polymer membranes are discarded into the environment, ending up as wastes that do not degrade
in a hundred years, it causes a serious global problem in the management of the increasing amount
of solid waste. In this study, PLA was chosen to use as the membrane material for hollow fiber
membrane fabrication.

The fabrication of hollow fiber is still a complex process especially when the new material is
used. Nonsolvent induced phase separation (NIPS) has been widely used for fabrication of hollow
fiber membrane on a commercial scale (Moriya et al., 2009; Witte et al., 1996) since NIPS is a
simple and convenient method to prepare porous membranes. There are few publications about
preparation of PLA membrane in flat sheet and hollow fiber (Moriya et al., 2009; Witte et al.,
1996; Zereshki et al., 2010a; 2010b). Moriya et al. (2009) studied the effect of solvent, nonsolvent
and PEG on membrane morphologies and filtration performance of PLA hollow fiber membranes
prepared via NIPS. In the NIPS method, factors involved in the hollow fiber membrane formation
include (i) polymer dope formulation such as polymer and additive concentrations and (ii) spinning
parameters such as air gap, take-up speed, coagulation and bore fluid temperature (Chakrabarty
et al., 2008; Garca-Payo et al., 2009; Loh et al., 2011). In this chapter, PLA hollow fiber with
good ultrafiltration performance was fabricated via NIPS using only one formulation of dope
solution containing 20% PLA, 2% glycerin 0.5% Polyethylene glycol (PEG1500) and N -methyl-
2-pyrollidone (NMP). The effects of spinning parameters on the structure, morphologies and
filtration performance of hollow fiber membrane have been studied.

5.2 EXPERIMENTAL

5.2.1 Materials

Poly(lactic acid) (Ingeo 2003D) was purchased from NatureWorks LLC and dried in a conven-
tional oven at 50◦C for 24 hours before use. NMP was purchased from POSH. S.A. (Labscan).
Glycerin was purchased from Iltalmar company. Bovine serum albumin (BSA) and PEG1500 were
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Figure 5.1. Schematic of spinning process.

purchased from S.M. Chemical Supplied Co. Ltd. All materials were used as received without
further purification.

5.2.2 Fabrication of PLA hollow fiber membranes

PLA resin (20 wt%), glycerin (2 wt%), PEG1500 (0.5%) were dissolved in NMP at approxi-
mately 80◦C for about 7 hours to form an homogeneous dope solution. Then, the dope solution
was transferred into the polymer dope tank and kept overnight at 70◦C for eliminating the air
bubbles formed during the stages of stirring and pouring. The degassed dope solution was used to
fabricate PLA hollow fiber membranes using the dry-wet spinning process shown schematically
in Figure 5.1. Distilled water and tap water at room temperature were used as bore fluid and
coagulant, respectively. The dope solution and bore fluid (water) were pressurized by nitrogen
gas through a spinneret, with an outer tube diameter of 1.06 mm and inner tube diameter of
0.66 mm, to a coagulation bath of water. The preparation parameters such as feed pressure, air
gap, and take-up speed have been varied, while the dope solution temperature and bore fluid rate
were fixed at 70◦C and 10 mL min−1, respectively. After phase separation and solidification of
membrane, the membrane was collected by a roller. The spinning parameters are summarized in
Table 5.1. The obtained membranes were immersed in water over 3 days to completely remove
the NMP used in membranes fabrication. Next, the membranes were immersed in 10% aqueous
glycerin solution for 10 min to preserve the pore structure during drying. The membranes were
dried in the air at ambient for further tests.

5.2.3 Characterization of the PLA hollow fiber membranes

5.2.3.1 Characterization of the structures and morphologies
of PLA hollow fiber membranes by FESEM

A field scanning electron microscope (FESEM, JEOL model JSM-6340F) was used to charac-
terize the cross-section, outer and inner surface morphologies of asymmetric PLA hollow fiber
membranes. Specimens of the cross-section hollow fiber membranes for FESEM were prepared
by fracturing the dried membrane sample in liquid nitrogen. The specimens were covered with a
thin layer of gold using a sputter coater before the FESEM analysis. The diameter of hollow fiber
membranes was measured from FESEM image using Image J 1.44 P program.
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Table 5.1. Spinning parameters and structure of hollow fiber membranes.

Wall
Feed pressure Air gap Take-up speed thickness

Code [MPa] [cm] [m min−1] i.d. [µm]∗ o.d. [µm]∗ [µm]

HF-PLA1 0.045 25 220 916 1237 161
HF-PLA2 0.045 5 220 955 1206 125
HF-PLA3 0.045 5 270 808 1017 105
HF-PLA4 0.065 5 220 938 1223 142
HF-PLA5 0.1 5 220 909 1207 149
HF-PLA6 0.1 5 270 746 991 123

∗i.d.: inner diameter; o.d.: outer diameter (of hollow fiber membrane).

5.2.3.2 Measurement of hollow fiber pure water flux
The hollow fiber membranes were prepared for measurement of pure water flux using a lab-scale
permeation system. Prior to the test, the hollow fiber membranes were immersed in pure water to
remove glycerin for overnight. Pure water was circulated through the inside of membrane under
pressure (0.1 MPa) and then, the pure water permeate from the membrane was collected. The
pure water flux of the membrane (J ) was calculated by the following equation:

J = Q

At
= Q

nπdlt
(5.1)

where Q is the total filtrate volume [m3] within the operation time t [h], A the membrane area
[m2], n the number of fibers in one testing, d the inner diameter of the testing fibers [m], and l
the effective length of the fiber [m].

5.2.3.3 BSA rejection
The BSA (MW = 67,000) solution at 1000 mg L−1 was used as the feed solution. The BSA
concentration of feed and permeate was evaluated using UV-visible spectroscopy (Shimadzu
model UV-1700) at 280 nm.

The % BSA rejection can be calculated using the following equation:

R [%] =
(

1 − Cp

Cf

)
× 100 (5.2)

where Cp and Cf are the BSA concentration [mg L−1] of permeate and feed, respectively.

5.2.3.4 Mechanical properties
Tensile strength and elongation at break of each sample were determined using a tensometer
(Monsanto model T10) at room temperature with a crosshead rate of 50 mm min−1 and a 25 mm
gauge length. At least 5 replicates were tested, and average values were reported.

5.3 RESULTS AND DISCUSSION

The fabrication of hollow fiber is still a complex process especially when the new material is
used. The spinning parameters play an important role in formation of membrane hollow fiber via
NIPS. In this study, a number of PLA hollow fiber membranes were prepared by dry-wet solution
spinning process via NIPS. The spinning parameters such as feed pressure, air gap and take-up
speed were varied while the formulation of polymer dope solution was fixed.
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Figure 5.2. FESEM image of cross-section PLA hollow fiber: (a) HF-PLA1, (b) HF-PLA2, (c) HF-PLA3,
(d) HF-PLA4, (e) HF-PLA5 and (f) HF-PLA6.
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Figure 5.3. FESEM image of magnified cross-section PLA hollow fiber: (a) HF-PLA1, (b) HF-PLA2,
(c) HF-PLA3, (d) HF-PLA4, (e) HF-PLA5 and (f) HF-PLA6.

5.3.1 The effect of spinning parameters on the hollow fiber membrane structure and
morphologies

The PLA hollow fiber spinning parameters and structure are summarized in Table 5.1. The results
showed that the diameter and wall thickness of membranes decreased with the increase of take-up
speed of membranes. Moreover, the wall thickness of membranes increased with the increase of
feed pressure. The air gap between spinneret and coagulant bath also affected the structure of
hollow fiber membrane.

The asymmetric structure of the hollow fiber membranes was examined by FESEM. The
FESEM image of cross-sections in Figures 5.2 and 5.3 shows that the PLA hollow fiber membranes
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TISTR SEI 5.0 kV ×1,000 10 µm WD15 mmTISTR SEI 5.0 kV ×1,000 10 µm WD16 mm

Figure 5.4. FESEM image of inner surface PLA hollow fiber: (a) HF-PLA1, (b) HF-PLA2, (c) HF-PLA3,
(d) HF-PLA4, (e) HF-PLA5 and (f) HF-PLA6.

(a) (b) (c)

(d) (e) (f)

TISTR SEI 5.0 kV ×1,000 10 µm WD14 mm

TISTR SEI 5.0 kV ×1,000 10 µm WD15 mm TISTR SEI 5.0 kV ×1,000 10 µm WD15 mm

TISTR SEI 5.0 kV ×1,000 10 µm WD14 mm

TISTR SEI 5.0 kV ×1,000 10 µm WD14 mm

TISTR SEI 5.0 kV ×1,000 10 µm WD15 mm

Figure 5.5. FESEM image of outer surface PLA hollow fiber: (a) HF-PLA1, (b) HF-PLA2, (c) HF-PLA3,
(d) HF-PLA4, (e) HF-PLA5 and (f) HF-PLA6.

have double finger-like structure (macrovoid) which is the normal structure formed in NIP method.
These results indicate that phase separation was induced by nonsolvent (water) that has penetrated
from both inner and outer surfaces of hollow fiber membranes (Moriya et al., 2009). There is
a sponge-like layer between 2 macrovoids in the middle of the membranes. FESEM image in
Figure 5.3 clearly shows the 3 layers of membrane (the finger-like structure near the inner side
of the membrane, sponge-like in the middle of membrane and the finger-like near the outer side
of membrane). The finger-like structure layers near inner side of membrane are thicker than the
layer near outer side of membrane, which may be due to the velocity of the bore fluid. The porous
structure was formed at the inner surface and outer surface (see Figs. 5.4 and 5.5) of the hollow
fiber membrane maybe because the solvent diffused out slowly or nonsolvent diffused into the
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Figure 5.6. BSA rejection [%] and pure water flux of PLA hollow fiber membrane.
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Figure 5.7. Tensile strength and elongation of PLA hollow fiber membrane.

dope solution rapidly. The inner surface showed larger pores compared to the outer surface due
to the velocity of the bore fluid. The larger finger-like structure was formed when the air gap
increased from 5 cm to 25 cm.

5.3.2 Pure water flux and BSA rejection

The pure water flux and BSA rejection of PLA hollow fiber membranes are shown in Figure
5.6. The PLA hollow fiber membranes HF-PLA-2, HF-PLA3 and HF-PLA6 showed high pure
water flux because the wall thickness of these membranes were thinner compared to the other
membranes.

The PLA hollow fiber membranes exhibited 71–99% in BSA rejection. The BSA rejection
of HF-PLA1, HF-PLA3 and HF-PLA4 were higher than 90%. These results indicated that these
membranes exhibited excellent ultrafiltration performance.
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5.3.3 Tensile strength and elongation

Results related to the tensile strength and the elongation at break of PLA hollow fiber membranes
are presented in Figure 5.7. The PLA hollow fiber membranes exhibited 1.9–2.5 MPa in tensile
strength and 4–6% in elongation. HF-PLA3 showed the highest tensile strength, while HF-PLA1
showed the highest elongation.

5.4 CONCLUSION

PLA hollow fiber membranes were successfully prepared via nonsolvent induced phase separation
by dry-wet solution spinning method. The solution containing 20% PLA, 2% glycerin, 0.5%
PEG1500 and NMP at 70◦C and water at RT were used, respectively, as the spinning dope and
the bore fluid as well as the external coagulant. The spinning parameters, such as feed pressure,
air gap and take-up speed, affected the structure, morphologies and the filtration performance
of the membrane. PLA hollow fiber membrane obtained from this work exhibited excellent
ultrafiltration performance with 99% in BSA rejection. These results indicated that PLA hollow
fiber membrane can be a good candidate for hollow fiber membrane made of nonpetroleum-
based polymer.
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CHAPTER 6

Fabrication of microporous polypropylene membrane via
thermally induced phase separation for support media

Norlisa Harruddin, Norasikin Othman, Ani Idris,
Norul Fatiha Mohamed Noah & Zing-Yi Ooi

6.1 INTRODUCTION

In recent years, microporous membranes have been widely used in a variety of industrial appli-
cations involving ultrafiltration, microfiltration, as support material for manufacturing thin film
composite membranes for nanofiltration. There are many techniques that have been used to fab-
ricate microporous membranes such as modified microwave casting solution, melt casting and
stretching, feasible freeze (Mu et al., 2010), liquid-liquid phase separation, vapor induced phase
separation and thermally induced phase separation (Fu et al., 2003; Matsuyama et al., 2002).

Among all these methods, thermally induced phase separation (TIPS) is found to be the most
versatile, simplest and an effective way of producing microporous membrane (Fu et al., 2003).
TIPS offers several advantages such as: it is applicable in wide range of polymers, it can be used
to prepare membranes from semi-crystalline polymers, it is highly capable of producing a variety
of microstructure membranes and fewer variables need to be controlled (Khayet and Matsuura,
2011). TIPS process includes two mechanisms; solid-liquid (S-L) and liquid-liquid (L-L) phase
separation. L-L phase separation occurs when the polymer diluent solution is cooled from one
phase region to the temperature below cloud point curve whereas in S-L phase separation, the
polymer diluent solution is cooled from one phased region to the temperature below crystal point
curve and the polymer crystallizes prior to L-L phase separation.

The behavior of phase separation and thermodynamic interaction between polymer and diluent
in TIPS process are greatly influenced by several parameters such as type of polymer, polymer
concentration, type of diluents and quenching condition. Among these parameters, polymer
concentration and quenching condition were selected as more effective parameters since they
directly affect the phase separation mechanism and membrane morphology (Lloyd et al., 1990).
In most cases, polymer concentration is responsible for determining the strength and durability
of membrane structure whereas quenching conditions are useful for fixing the structure of the
polymer solution at a certain stage of solidification during liquid-liquid phase separation.

In this work, microporous isotactic polypropylene membranes were fabricated by using TIPS
method. The effect of polymer concentration and quenching condition on membrane morphology
and porosity were investigated by SEM analysis.

6.2 EXPERIMENTAL

6.2.1 Reagents and solutions

To fabricate a microporous membrane, isotactic polypropylene (iPP) pellets (Mw: 250,000) and
diphenylether (DPE) were used as polymeric support and diluents. Both chemicals were obtained
from Sigma Aldrich. In order to extract the diluents from the membrane, methanol was chosen
as an extractant since methanol does not swell iPP to any appreciable extent and is miscible with
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Table 6.1. Properties of isotactic polypropylene (iPP), diphenyether (DPE) and
methanol.

Properties Isotactic polypropylene Diphenylether Methanol

Physical appearance White pellet Yellow liquid Colorless liquid
Melting point [◦C] 171 27.5 −98
Boiling point [◦C] Not applicable 258 65

Glass plate

Polymer-diluent sample

Teflon tape
(100 µm)

Figure 6.1. Apparatus for membrane preparation.

DPE at high concentration (McGuire et al., 1995). The properties of isotactic polypropylene,
diphenylether and methanol are tabulated in Table 6.1.

6.2.2 Fabrication procedures via TIPS method

TIPS method is almost similar to the previous study and certain modification steps have been
proposed for producing the desired morphology of membrane (Lin et al., 2009; McGuire et al.,
1995). Homogeneous polymer-diluent sample was prepared by dissolving iPP and DPE in a
beaker at different polymer concentrations (10, 15 and 20%) and the beaker was purged with
nitrogen gas and sealed with aluminum foil to prevent oxidation. The mixture was then heated
at a temperature of 200◦C for almost 3 hours and continuously stirred until the solution became
homogeneous. After that, the polymer-diluent solution was cooled at room temperature until a
white solid polymer was formed. The white solid polymer was sliced into desired pieces and
placed in between two glass plates with a thickness 0.3 cm and width 10 cm to avoid evaporation
of diluent. The thickness of the polymer solution was adjusted to 100 µm by inserting a teflon film
in the square opening of the glass plate. (Fig. 6.1 exhibits the apparatus of membrane preparation).
As shown in Figure 6.1, a teflon tape and vacuum grease were applied to the edges of the bottom
glass plate to avoid diluent loss during the evaporation process and prevent the polymer-diluent
sample from being compressed by the top glass plate. The thickness of the polymer-diluent sample
should be constant in the whole experiment.

After that, the glass plate containing the solid polymer was re-melted in an oven at 473K for
5 minutes to cause melt-blending. Then, the sample was quenched at two different quenching
conditions, either by air cooling or ice cooling in a horizontal position (Fu et al., 2003; Kim et al.,
1991). Different quenching conditions considerably affect the time for coarsening the droplets
in liquid-liquid separation (Fu et al., 2003). After the liquid-liquid separation is induced, the
membrane was immersed in methanol for one day to extract the diluent from the microporous
structure of the membrane that was produced by evaporation of methanol.

6.2.3 Fabrication by varying polymer concentration

Polymer concentration is the most important factor that affects membrane pore structure since
it directly affects phase separation and coarsening on the morphology of the membrane. The
influence of polymer concentrations on fabricated membrane was investigated by varying
polymer-diluent compositions in the range of 10% polymer – 90% diluent, 15% polymer – 85%
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diluent and 20% polymer – 80% diluent. The fabrication method was similar to those described
in Section 6.2.2.

6.2.4 Fabrication by varying quenching condition

Quenching temperature has significantly affected the polymer crystallization and structure of
the resulting membrane. Hence, the effects of quenching conditions on the final morphology of
the membrane were investigated. As stated in Section 6.2.2, after solid polymer was re-melted
in an oven at 473K, the sample was quenched at two different quenching conditions either at
air cooling, 29◦C or ice cooling, 7◦C. Each condition considerably affects the crystallinity and
formation of porous membrane. The fabrication method was similar to Section 6.2.2 but different
in solidification process.

6.2.5 Porosity measurement

The fabricated membrane was dried in a vacuum oven at 80◦C for 24 hour to ensure that no water
is present in the pores of the membrane and weighed as W1. After that, the membrane was fully
immersed in oil to ensure all pores were filled with the oil. The wet surface of the membrane
was absorbed by filter paper and the membrane was weighed as W0. The membrane porosity was
calculated using the equation:

P = W0 − W1

Ah
= Vpores

Vtotal
× 100 (6.1)

where different weight of oil in the pores [g] = volume of pores in membrane [cm3], P is the
membrane porosity [%], W0 is the weight of the wet membrane [g], W1 is the weight of the dry
membrane [g], A is the membrane area [cm2], and h is the membrane thickness [cm], Vpores is the
volume of membrane pores [cm3] and Vtotal is the total volume of the membrane [cm3].

6.3 RESULTS AND DISCUSSION

6.3.1 Membrane formation via thermally induced phase separation (TIPS) – morphology of
fabricated membrane support

The morphology of the membrane resulting from the thermal separation process reflects the
thermodynamics and phase separation kinetic of the polymer-diluent solution. In this research,
membrane was fabricated using TIPS method induced by liquid-liquid phase separation which
resulted in different porous structures of the membrane. Figure 6.2 exhibits the SEM micrograph of
membrane support prepared by various polymer-diluent concentrations and quenching conditions.

Scanning the membrane at low magnification, 50 µm revealed that all iPP membranes exhibit
identical morphologies and similar pore shapes. Table 6.2 presents the pore size and porosity of the
membrane support at different polymer concentrations and quenching conditions. The pore size
was identified from the SEM image and the porosity was obtained from calculation using Equation
(6.1). It can be observed that the resulting membranes have an average pore size of 17 µm for
10 wt%, 11 µm for 15 wt% and 9 µm for 20 wt% polymer concentration for air cooling condition.
Briefly, the pore size of the membrane decreases by increasing polymer concentration and it seems
that membrane with air cooling condition is likely to produce membrane with larger pore size
than ice cooling condition. A similar trend was observed in porosity value, where increasing
polymer concentration decreased porosity of the membrane. In addition, membrane quench at the
air cooling condition produced membrane with higher porosity compared to that of the ice cooling
condition. Generally, porosity of membrane can be related to pore size of membrane. Large pore
sizes indicate that the membrane contains a lot of empty space inside and around pores, hence
results in increased membrane porosity (Akbari and Yegani, 2012; Khayet and Matsuura, 2011).
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(a) 10 wt% – air cooling

(a) 15 wt% – air cooling

(a) 20 wt% – air cooling

(b) 15 wt% – ice cooling

(b) 20 wt% – ice cooling

(b) 10 wt% – ice cooling
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Figure 6.2. Scanning electron microscope (SEM) micrograph of inner cross section of iPP membrane:
(a) air cooling: 10, 15, 20 wt% polymer concentration and (b) ice cooling: 10, 15, 20 wt%
polymer concentration.

Table 6.2. Pore size and porosity of membrane support at different
polymer concentrations and quenching conditions.

Polymer Quenching Pore size Porosity
concentration [%] condition [µm] [%]

10 Air cooling 17.4 93
Ice cooling 15.7 90

15 Air cooling 11.5 87
Ice cooling 10.3 85

20 Air cooling 9.0 85
Ice cooling 7.8 84

The influence of polymer concentration and quenching condition on the morphology of membrane
will be discussed in detail in next sections.

Furthermore, the membrane possessed closed pores, beady morphology with good interconnec-
tivity throughout the membrane, which indicated that the membrane was formed in the metastable
region during liquid-liquid (L-L) phase separation (Budyanto et al., 2009; Martinez-Perez et al.,
2011; Matsuyama et al., 2000; Tao et al., 2006; Vanegas et al., 2009). When a homogeneous
polymer solution is cooled from the one-phase region of the phase diagram to a temperature below
the binodal curve, liquid-liquid phase separation occurs and droplets of one phase form within
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Figure 6.3. Binary phase diagram behavior of polymer solution.

a continuous matrix of a second phase. Phase separation can occur either in spinodal region or
metastable region. The resulting morphology of the membrane is dependent on the position of
the polymer solution in the binary phase diagram of polymer solution as illustrated in Figure 6.3.
The figure shows that phase separation can occur at four different positions which are position
1: metastable region, position, 2: spinodal region, position 3: metastable region and position 4:
stable region (Khayet and Matsuura, 2011).

Related to the SEM micrograph in Figure 6.2, it was observed that all resulting membranes
appear similar to Figure 6.3c, which indicates that the phase separation occurs in the metastable
region by the nucleation and growth mechanism. The microstructure formed reflects that the
crystallization of solvent can induce the polymer to separate into polymer rich and polymer lean
phases when the temperature decreases (Ramaswamy et al., 2002) and the cooling temperature is
located under the metastable region. Two major factors that control the size of diluent droplet and
shape of diluent rich phase in L-L phase separation are polymer concentration and the quenching
condition (Caleb, 2008; Gu et al., 2006; Martinez-Perez et al., 2011). Hence, noticeable dif-
ferences in membrane morphology and pore structural were identified between three different
polymer concentrations and two quenching conditions.

Figure 6.4 illustrates the SEM micrograph of the whole cross-section of iPP membranes pre-
pared at different polymer concentrations and quenching conditions. It can be observed that all
membranes exhibit a symmetric structure from top to bottom parts of the membrane. A symmetric
structure is defined as a membrane with uniform pore size throughout the membrane. Commonly,
a symmetric membrane is suitable for the supported liquid membrane (SLM) process because
it has higher stability compared to that of an asymmetric membrane as explained previously by
several researchers (Lv et al., 2007; Scott and Hughes, 1996; Yang et al., 2007). According to Lv
et al. (2007), a force exerted on both sides of the symmetric membranes is likely to be almost the
same thus there is a possibility of improving the SLM process. According to the experiment done
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(a) 10 wt% – air cooling (b) 10 wt% – ice cooling

(a) 15 wt% – air cooling (b) 15 wt% – ice cooling

(a) 20 wt% – air cooling (b) 20 wt% – ice cooling
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Figure 6.4. SEM micrograph of whole cross section of iPP membranes: (a) air cooling for 10, 15 and 20 wt%
polymer concentration and (b) ice cooling for 10, 15 and 20 wt% polymer concentration.

by Fu et al. (2004), almost 100% of metal ions were removed by using a microporous membrane
with a symmetric structure as a support material.

From the figure, it is noticed that membrane with low concentration of polymer has numerous
defect pores mainly due to the solidification during cooling and entrapment of air bubbles (Ferrer,
2007). Beside, small defects can be observed at high concentration of polymer due to high viscosity
of the polymer solution caused by entrapment of air bubbles in the polymer solution. Therefore, a
compromise must be attained between low and high concentration in order to reduce the cooling
effect and entrapment of air bubbles. It has also been observed that membrane quenched by the
ice cooling condition is likely to produce membrane with imperfected structure and defect pores
throughout the membrane. This phenomenon occurs since high cooling rate causes incomplete
pore formation, hence leads to defective pore structure after the extracting out of the diluent.

In addition, several studies done by previous researchers have also demonstrated similar
morphology of membrane by inducing L-L phase separation (Budyanto et al., 2009; Martinez-
Perez et al., 2011; Matsuyama et al., 2000; Ramaswamy et al., 2002; Tao et al., 2006).
A study done by Budyanto et al. (2009) showed that poly L-lactic acid (PLLA) scaffolds
had a bicontinuous structure, where both the polymer-rich phase and polymer-lean phase were
completely interconnected when induced by L-L phase separation.
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Figure 6.5. SEM micrograph of inner cross section of iPP membrane as a function of polymer concentration:
(a) 10 wt%, (b) 15 wt% and (c) 20 wt% (quench at air cooling condition).

6.3.2 Effect of polymer concentration on the morphology and porosity of membrane

In order to investigate the effect of polymer concentration, the quenching condition was fixed
to air cooling condition to avoid any disruption affect. Figure 6.5 shows the SEM micrograph
of the cross-section of iPP membranes prepared at different polymer concentrations (10, 15 and
20 wt%). It can be observed that by increasing the polymer concentration from 10 to 20 wt%, the
interconnectivity between cellular pores and the pore size are decreased throughout the membrane.
As can be seen, membrane (c) has a thicker wall and smaller pore diameter compared to membrane
(a) and (b). Polymer concentration affects considerably the final morphology of membrane where
the interconnectivity of pores increases with decrease of polymer concentration, leading to high
tensile strength in the polymer-diluent system (Khayet and Matsuura, 2011; Lin et al., 2009).

Different polymer concentrations resulted in different pore sizes of the membrane, as shown
in Table 6.3. It shows that the average pore size decreases with increasing polymer concentration
from 10 to 20 wt%. Membrane (a) had larger cellular pores with average pore size of 17.4 µm,
membrane (b) had a slightly smaller pore size of 11.5 µm whereas membrane (c) exhibited closed
pore structure with smaller average pore size of 9 µm. The decrease in pore size upon increasing
polymer concentration could be attributed to the growth rate and viscosity of the polymer solution.
A solution of the high polymer concentration has the higher viscosity, hence leading to reduction in
the droplet growth rate of membrane pores. This finding is in agreement with the previous research
done by Wu et al. (2012) and Sun et al. (2012). Besides, increasing the polymer concentration
results in a larger number of nuclei, which in turn reduces the area of the polymer domain in
the final membrane morphology. Reduction of the polymer domain leads to smaller pores and
membrane of greater integrity.

Polymer concentrations influence the pore density and therefore the overall porosity of the
membrane (Ferrer, 2007). Table 6.4 exhibits the porosity value of the fabricated membranes
at different polymer concentrations. It was identified that increase the polymer concentration
decreases the porosity of membrane. By increasing the concentration of polymer from 10 to 20
wt%, the porosity of membrane decreased from 93 to 85%. This can be explained by the fact that
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Table 6.3. Pore size of membrane at different polymer concentrations
(quench at air cooling condition).

Membrane Polymer concentration [wt%] Pore size [µm]

(a) 10 17.4
(b) 15 11.5
(c) 20 9.01

Table 6.4. Porosity of membrane at different polymer concentrations
(quench at air cooling condition).

Membrane Polymer concentration [wt%] Porosity [%]

(a) 10 93
(b) 15 87
(c) 20 85

an increase in the polymer concentration will increase the nucleation density. High nucleation
density induces the formation and a number of small pores, which leads to the lower porosity.
However, membranes with higher nucleation density are stronger and have high structural integrity
because they contain a large number of pores with compact arrangement (Khayet and Matsuura,
2011), hence it indicates that membrane (c) and (b) are stronger compared to membrane (a). The
effects of polymer concentration on nucleation density were studied by other researchers and
similar findings were obtained by Akbari and Yegani (2012) and by Ferrer (2007).

The relationship between polymer concentration and morphology of membrane has been widely
investigated by previous researchers (Akbari andYegani, 2012; Budyanto et al., 2009; Pavia et al.,
2012; Tao et al., 2006). A previous study by Lin et al. (2009) demonstrated a similar result, in
which increasing polymer concentration of iPP from 10 to 60 wt% decreased the mean pore size of
membrane. In addition, the tensile strength of membrane increased also with increasing polymer
concentration. Another study done by Budyanto et al. (2009), showed that at low and medium
concentration of PLLA polymer, membrane with powder like structure and interconnected pores
were produced meanwhile high concentration of PLLA produced membrane with closed pore
structure. Overall, all fabricated membranes exhibited symmetric porous network with good
interconnectivity and it was highly depending on the polymer concentration.

6.3.3 Effect of quenching condition on the morphology and porosity of membrane

In membrane fabrication via TIPS, the quenching condition is responsible for inducing the phase
separation and crystallization of polymer (Ferrer, 2007; Fu et al., 2003; Martinez-Perez et al.,
2011). Hence, quenching condition has a strong influence on the porous structure of the membrane
finally obtained. In order to investigate the effect of quenching condition, concentration of polymer
was fixed to 15 wt%. Figure 6.6 exhibits the effect of quenching condition on final morphology
of membrane at 15 wt% polymer concentrations. The figure shows that all membranes exhibited
similar morphology with pores throughout the membrane. Membrane (a) has well-structured
pores with perfect shape throughout the membrane due to adequate time for the formation of pore
membrane. However, slight defect structure is detected on membrane (b) due to the entrapment
of air bubbles within the matrix. This was supported by a previous study by Ferrer (2007), who
stated that the presence of defect within the structure of membrane is due to solidification of
the mixture and entrapped air bubbles. The blocked air bubbles in the pore of the membrane
failed to diffuse out due to the high cooling rate during solidification. Beside, high cooling rate
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(a) Air cooling (b) Ice cooling
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Figure 6.6. SEM micrograph of inner cross section of iPP membrane as a function of quenching condition
at 15 wt% polymer concentration: (a) air cooling condition and (b) ice cooling condition.

Table 6.5. Pore size of membrane with 15 wt% polymer concentration
at different quenching condition.

Membrane Quenching condition Pore size [µm]

(a) Air cooling 11.5
(b) Ice cooling 10.3

upon solidification led to imperfect pore shape due to insufficient time for pore formation of
membrane.

Table 6.5 represents the pore size value of the membranes at different quenching conditions.
Apparently, membrane (b) has smaller pore size value compared to that of membrane (a) due to
a nucleation phenomenon. Quenching membrane at low temperature causes the polymer crys-
tallization to occur immediately after phase separation, which results in reduction of time for
droplet growth in liquid-liquid phase region (Ramaswamy et al., 2002). As a result, membrane
with smaller pore size is produced. However, quenching at high temperature enhances the mobility
of the polymer chain in polymer diluent solution and also increases the time for polymer crys-
tallization (Tao et al., 2006). Ferrer (2007) also pointed out that quenching at low temperature
reduces the pore size due to the nucleation phenomenon whereas quenching at high temperature
tends to produce large pores due to the presence of less nuclei and the occurrence of the growth
phenomenon.

Quenching condition also gives an impact on the porosity of membrane. Table 6.6 exhibits
the porosity of membrane at different quenching conditions. It shows that increase in quenching
temperature increases the membrane porosity. Apparently, porosity value of membrane quenched
by air cooling is slightly higher than the membrane quenched by ice cooling. This result can be
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Table 6.6. Porosity of membrane with 15 wt% polymer concentration
at different quenching condition.

Quenching condition Polymer concentration [wt%] Porosity [%]

Air cooling 15 87
Ice cooling 15 85

explained by the fact that when the quenching temperature increases, the cooling rate decreases,
hence pores have sufficient time to complete their growth and leafy structure of membrane is
created (Akbari and Yegani, 2012). Hence, an increment on pore size and space between pores
lead to higher porosity of membrane. However, the porosity values for both membranes are not
much different.

The effect of the quenching condition on the resulted membrane structure has been discussed by
previous researchers (Akbari andYegani, 2012; Ferrer, 2007; Lin et al., 2009; Ramaswamy et al.,
2002). Similar finding was obtained by Tao et al. (2006), who found that pore size of membrane
poly(4-methyl-1-pentene) was greatly influenced by quenching temperature, in which smaller
pore size was produced by quenching at lower temperature and vice versa. Fu et al. (2003) also
demonstrated a similar observation in which iPP membrane quenched by ice water has smaller
pore size due to high cooling rate. High cooling rate corresponds to shorter time for coarsening
the droplets generated by liquid-liquid phase separation process.

6.4 CONCLUSION

Microporous polypropylene membranes with bicontinuous and symmetric structure was prepared
from the iPP-DPE system via TIPS technique by varying polymer concentration and quenching
condition. The mechanism of phase separation and final morphology was greatly influenced by
polymer concentration and quenching condition. Increasing the polymer concentration caused
a decrease in pore size and membrane porosity due to high viscosity of polymer solution and
reduced droplet growth rate. Meanwhile, at different quenching conditions, smaller pore sizes
were obtained by quenching in ice cooling, and the larger and well-structured pores were formed
when quenched in air cooling condition. The growth rate of pores was higher in air cooling than
ice cooling, as the polymer-rich phase had more time for polymer crystallization in the L-L phase
separation region.
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CHAPTER 7

Synthesis and characterization of superhydrophobic alumina
membrane with different types of silane

Nor Aini Ahmad, Thinesh Rachandran, Choe Peng Leo & Abdul Latif Ahmad

7.1 INTRODUCTION

Hydrophobic membrane permits the passage of nonpolar compounds selectively in a feed stream.
This is because the hydrophobic surface with “water repellent” feature has less bonds with polar
molecules such as water.

Hydrophobic membranes with large liquid entry pressure, fast permeation of nonpolar
molecules, excellent rejection of polar compounds, great mechanical strength and outstand-
ing chemical stability are nowadays required in the advanced membrane separation process.
Membranes with superhydrophobic features (water contact angle >150◦) are most desirable in
membrane distillation, osmotic evaporation, membrane gas absorption and filtration. Hydropho-
bic membranes have been successfully applied in membrane distillation for desalination, with
salt rejection reported to be higher than 90% at a feed temperature more than 90◦C (Cerneaux
et al., 2009; Gazagnes et al., 2007; Hendren et al., 2009; Khemakhem and Amar, 2011;
Krajewski et al., 2006; Larbot et al., 2004). Hydrophobic membrane with a water contact
angle of 139◦ has also been effectively used to concentrate fruit juices (Vargas-Garcia et al.,
2011). Hydrophobic polymeric membranes such as polytetrafluoroethylene (PTFE), polypropy-
lene (PP), polyvinylidenefluoride (PVDF), poly(amide-ethylene oxide) copolymer (Pebax),
poly(1-trimethylsilyl-1-propyne) (PTMSP) and polymers of intrinsic microporosity (PIMs) are
commonly used due to their low cost, ease of preparation and wide range of commercial availability
(Pierre and Christian, 2008).

However, polymeric membranes are morphologically unstable in corrosive media, under high
operating temperature and/or pressure. Membrane deformation, membrane swelling and plasti-
cization impair the membrane performance which leads to higher operating cost and maintenance
expenditure. (Brodard et al., 2003). Due to these reasons, ceramic membranes with superior
mechanical strength, excellent chemical resistance and great thermal stability are of great interest.
Unlike polymeric membranes, ceramic membranes naturally possess hydrophilic characteristic
because their metal oxides can form hydroxyl (OH) groups encouraging adsorption of water
(Mansur et al., 2008). Thus, ceramic membranes must be modified into superhydrophobic ceramic
membranes for the mentioned applications.

Ceramic membranes are naturally hydrophilic; hence they show low rejection of polar compo-
nents and permeate flux of non-polar species. The conversion of a hydrophilic ceramic membrane
into a hydrophobic ceramic membrane can be easily achieved by chemical grafting of silane (Cot
et al., 2000; Han et al., 2012; Jun et al., 2008; Lu et al., 2009; Mansur et al., 2008; Picard et al.,
2001; Zhang et al., 2008), n-dodecanethiol (Pan et al., 2008) and lipid solution (Romero et al.,
2006) onto the membrane surface. The preparation of hydrophobic ceramic membranes via silane
grafting has been widely reported (Gazagnes et al., 2007; Krajewski et al., 2004; 2006; Larbot
et al., 2004; Krajewski et al., 2004). Membrane grafting via immersion of the ceramic mem-
brane in silane solution is a simple procedure which requires a short time to produce hydrophobic
ceramic membrane. The reactive silane solution is prepared by hydrolyzing silane in solvents like
hexane (Lu et al., 2009) and alcohol (Sugimura, 2012; Zhang et al., 2008).
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Membrane hydrophobicity formed after membrane grafting is significantly influenced by
the chemistry of silane. Fluoroalkylsilanes (FAS) is the most common silane used for the
synthesis of hydrophobic ceramic surface due to its ease of handling. More importantly,
superhydrophobic alumina membrane with contact angle more than 150◦ could be produced by
grafting of FAS (Khemakhem and Amar, 2011; Lu et al., 2009). The n-octadecyltrimethoxysilane
(C18H37Si(OCH3)3, ODS), n-(6-aminohexyl) aminopropyltrimethoxysilane (NH2(CH2)6NH
(CH2)3Si(OCH3)3, AHAPS) and fluoroalkysilane (C8F17(CH2)2Si(OC2H5)3, FAS) were used
to prepare hydrophobic surface on ceramic surfaces (Sugimura, 2012). The maximum water
contact angles on ceramic surfaces using AHAPS, ODS and FAS were 62, 105 and 112◦,
respectively. Grafting with FAS generates the highest water contact angle since it consists of
hydrophobic groups; Si–C, C–C, C–O, –CF2–CH2–, –CF2–CF2– and –CF2–CF3 (Sugimura
et al., 2002). The presence of –CF2–CF2– and –CF2–CF3 groups provide FAS with lower
surface tension, because the surface tension of the typical substituent groups decreases in
the following order: CH2 (36 dyn cm−1) > CH3 (30 dyn cm−1) > CF2 (23 dyn cm−1) > CF3

(15 dyn cm−1) [1 dyn = 1 g cm s−2] (Bernett and Zisman, 1960; Dettre and Johnson Jr,
1966). Besides that the hydrophobicity on the ceramic surface is influenced by the length
of fluorocarbon chain (Yim et al., 2013). Researchers frequently used silane with long-CF2-
backbone such as C8F17C2H4Si(OCH2CH3)3, C6F13C2H4Si(OCH3)3, C18H37Si(OCH3)3 and
NH2(CH2)6NH(CH2)3Si(OCH3) to produce hydrophobic ceramic membranes (Cerneaux et al.,
2009; Gazagnes et al., 2007; Khemakhem and Amar, 2011; Koonaphapdeelert and Li, 2007;
Krajewski et al., 2006; Larbot et al., 2004; Picard et al., 2001; Sugimura, 2012).

The membranes grafted with silane exhibited additional mass transfer resistance due to the
growth of a needle-like structure which blocks the membrane pores (Ahmad et al., 2013;
Koonaphapdeelert and Li, 2007; Lu et al., 2009; Wei and Li, 2009). The needle-like structure orig-
inated from the long molecule chain of silane which substitutes the OH groups on the membrane
surface during the grafting process. The additional resistance in the FAS layer on the membrane
surface caused the decline of the gas permeability (Ahmad et al., 2013; Koonaphapdeelert and
Li, 2007). Hence, the major aim of this work is to study the effects of different silane sol-
vents, grafting times and organosilane chains on mass transfer resistance of hydrophobic alumina
membrane.

7.2 EXPERIMENTAL

7.2.1 Membrane preparation

Alumina powder with an average particle size of 0.53 µm was used to prepare alumina mem-
brane support. The alumina powder was mixed with polyethylene glycol (Fluka 10000, Sigma
Aldrich, Malaysia), methyl cellulose (Sigma Aldrich, Malaysia) and deionized water to pre-
pare membrane support of 2 cm diameter as described elsewhere (Passalacqua et al., 1998).
Three different types of silane were used (as shown in Fig. 7.1); (heptadecafluoro-1,1,2,2-
tetrahydrodecyl) trimethoxysilane (CF3(CF2)7C2H4Si(OCH3)3 (LC, Sigma Aldrich, Malaysia),
(tridecafluoro-1,1,2,2-tetrahydrodecyl) trimethoxysilane (CF3(CF2)5C2H4Si(OCH3)3) (SC, Gulf
Chemical, Singapore) and 3-aminopropyl-triethoxysilane (H2N(CH2)3Si(OC2H5)3) (RC, Gulf
Chemical, Singapore). Three parameters were studied in this research, namely solvent selection,
grafting duration and silane structures. Either ethanol or n-hexane was used to prepare grafting
solutions. LC was mixed with the solvents with the volume ratio of 1 mL (LC): 50 mL solvents.
The alumina support was immersed into the different grafting solutions for 20 min and rinsed
with the solvents to remove the excess silane. The membrane grafting times were varied by
immersing the alumina support for 5, 10 and 30 min. Different silane chains (SC and RC) were
mixed with the ethanol with a similar volume ratio. Then, the alumina support was immersed into
the grafting solutions for 20 min and rinsed with ethanol. All membrane samples were later dried
in the oven (Memmert) at 60◦C for 24 h. The designation on the membrane samples was shown
in Table 7.1.
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Figure 7.1. Molecular structures of silanes.

Table 7.1. Designation and the water contact angles of the membrane samples.

Contact Grafting
Sample Description angle [◦] time [min]

S Alumina membrane support 0 0
ETLC-5 Immersion of membrane sample in 1 mL LC: 129.34 ± 7.24 5

50 mL ethanol for 5 min
ETLC-10 Immersion of membrane sample in 1 mL LC: 134.32 ± 8.12 10

50 mL ethanol for 10 min
ETLC-20 Immersion of membrane sample in 1 mL LC: 152.26 ± 3.92 20

50 mL ethanol for 20 min
ETLC-30 Immersion of membrane sample in 1mL LC: 147.73 ± 4.27 30

50 mL ethanol for 30 min
HXLC-5 Immersion of membrane sample in 1 mL LC: 148.73 ± 1.14 5

50 mL n-hexane for 5 min
HXLC-10 Immersion of membrane sample in 1 mL LC: 144.70 ± 3.28 10

50 mL n-hexane for 10 min
HXLC-20 Immersion of membrane sample in 1 mL LC: 148.24 ± 1.53 20

50 mL n-hexane for 20 min
HXLC-30 Immersion of membrane sample in 1 mL LC: 149.51 ± 8.38 30

25 mL n-hexane for 30 min
ETSC-20 Immersion of membrane sample in 1 mL SC: 128.06 ± 3.92 20

50 mL ethanol for 20 min
ETRC-20 Immersion of membrane sample in 1 mL RC: 0 20

50 mL ethanol for 20 min

7.2.2 Membrane characterization

A goniometer (Ramé-Hart Instruments Co.) was used to determine the water contact angle on
alumina (Al2O3) membranes.A few drops of deionized water were placed on each of the membrane
samples to get an average value of contact angle. A scanning electron microscopy (SEM, Crest
System (M) Sdn. Bhd, Quanta Feg 450) with energy dispersive X-ray (EDX) was used to observe
the morphology and chemical elements of the membranes before and after grafting. Further
analysis with porometer (Porolux1000) was made to investigate membrane resistance and pore
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reduction after membrane modification. The membrane resistance was determined from dry
measurement using equation:

J = �P

ηRm
(7.1)

where J is nitrogen permeance, �P is pressure difference, η is nitrogen viscosity and Rm is
membrane resistance.

7.3 RESULTS AND DISCUSSION

7.3.1 Contact angle

The wetting property of a membrane surface is frequently examined using water contact angle.
A membrane surface is classified as hydrophilic when its static water contact angle (CAw) is
less than 90◦ or hydrophobic if CAw is larger than 90◦. Further enhancement on the membrane
hydrophobicity and roughness can result a superhydrophobic surface with CAw higher than 150◦.
In contrast, a porous membrane tends to adsorb water droplets into its pores, resulting in lower
CAw compared to dense membrane. Figure 7.2 shows the time dependent hydrophilic property of
grafted alumina membranes and alumina support (S).

The unmodified alumina membrane support (S) showed an early CAw of 17◦ which then
decreased to 0◦. The water droplet was drastically adsorbed into the porous membrane barrier after
5 s. Based on Figure 7.2, superhydrophobicities on an alumina support were successfully devel-
oped after grafting with LC solution prepared using different solvents (n-hexane and ethanol).
CAw of more than 140◦ was observed for sample HXLC-20 and ETLC-20, and it remained sta-
ble in the ambient air. CAw of the other grafted alumina membrane with LC in varied grafting
durations were recorded after 3 min as represented in Table 7.1. The hydrophilic nature of the S
sample was changed into a hydrophobic feature once grafted with long chains of silane. Membrane
grafting with long silane chains (LC) by different solvents (ethanol and n-hexane) had an abil-
ity to produce hydrophobic membranes with hydrophobic features. Short grafting time in 5 min
with LC in different solvents (ethanol or n-hexane) produced hydrophobic membrane with water
contact angle more than 120◦. LC-hexane grafting solution produced nearly superhydrophobic
alumina membranes in a short time compared to LC-ethanol membranes. However, membrane
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grafting with LC-ethanol produced more superhydrophobic ETLC-20 with the water contact of
152.26 ± 3.92◦ than membrane grafting with LC-hexane. The chemical structure of the solvent
could affect the membrane hydrophobicity. Meanwhile, membrane grafting with different silane
chains showed a different scenario as shown in Figure 7.2. Membrane grafting with SC produced
ETSC-20 membrane with lower 128.06 ± 3.92◦. About 24◦ reduction in CAw occurred compared
to ETLC-20 membrane even though grafted with similar grafting duration (20 min). This might
have been caused by the different length of –CF2– chain. The grafted ETRC-20 membrane showed
CAw of 34◦ when water was dropped to the membrane surface, however the water contact angle
surprisingly decreased to 0◦ within 10 s. This situation might be due to the presence of amino
group (R–NH2) in the silane structure.

As reported in some works (Ahmad et al., 2013; Gao et al., 2011; Krajewski et al., 2006),
membrane grafting with a long silane chain (LC), (heptadecafluoro-1,1,2,2-tetrahydrodecyl)
triethoxysilane (CF3(CF2)7C2H4Si(OCH3)3), commonly recognized as FAS, changed the
hydrophilic nature into hydrophobic. A smooth surface modified with FAS rendered the sur-
face hydrophobic with the CAw of about 120◦. In addition, CAw values rose proportionally with
the grafting time as more hydrolysable groups from LC reacted with OH groups of the alumina
membrane surface. The chemical reaction between the hydrolysable and OH groups forms a
hydrophobic layer. Nevertheless, extended grafting duration until 30 min changed the water con-
tact angle only to 147.73 ± 4.27◦ of ETLC-30 and to 149.51 ± 8.38◦ of HXLC-30 membranes.
It may be due to the saturation of bonding between the OH and the hydrolysable groups of LC.
Membrane grafting with long –CF2– silane chain introduces mass transfer hindrance as reported
in some earlier researches (Ahmad et al., 2013; Lu et al., 2009). In order to form a superhydropho-
bic membrane with low membrane resistance, the alumina membrane supports were grafted with
different silane chains. SC silane has two less –CF2– chains compared to LC. The presence of two
extra –CF2– chains with lower surface tension (23 dyn cm−1) (Bernett and Zisman, 1960; Dettre
and Johnson Jr, 1966; 1969) in LC enhanced the hydrophobic strength on the grafted membrane.
In contrast, the introduction of functional amino groups in the silane structure resulted in highly
water permeable hydrophilic features as reported in other studies (Herder et al., 1988; Paradis
et al., 2012; Wang et al., 2010). The protonated amino groups are bound to the alumina surface,
thereby orienting the hydrophilic silanol end groups. Thus, silane with amino groups could not
be used as the grafting agent to produce hydropobic membrane.

7.3.2 Morphological characterization and elements analysis on the membrane surface

A scanning electron microscope (SEM) with energy-dispersive X-ray spectroscopy (EDX) was
used to study the membrane’s morphological difference and the element variation of FAS grafted
alumina membranes. Figure 7.3a–f shows the surface structure and cross-sectional morphology
of the alumina support (S) and the grafted membranes with LC and SC. There was no significant
difference in the membrane structure after direct grafting with LC, SC or RC silane, concurring
with the reports by other scholars (Gao et al., 2011; Koonaphapdeelert and Li, 2007; Noack et al.,
2000; Vargas-Garcia et al., 2011). Membrane grafting with varied grafting solvents, times and
silane chains did not show any significant changes on the membrane morphology. Although there
was no clear structural difference from the SEM images, the chemical element analysis by EDX
(Fig. 7.4) showed the presence of additional elements of fluorine (F), carbon (C) and silicon (Si).
The elements of hydrogen (H) and nitrogen (N) were not included in the EDX image of ETRC-20.
This is because nitrogen was present in small abundance and it was unable to detect chemical
element abundances with atomic numbers less than 11 (Na) (Swapp, 2012).

7.3.3 Mass transfer in membrane barriers

Direct membrane grafting with silane causes serious mass transfer resistance in the membrane
barrier due to the existence of silane chains on the membrane surface and pore. A capillary
flow porometer with nitrogen permeability measurement could be used to determine membrane
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Figure 7.3. Scanning electron microscope (SEM) images for the surface view of: (a) S, (b) ETLC-30,
(c) ETSC-20 and cross-sectional view of (d) S, (e) ETRC-30 and (f) ETSC-20.

resistance. Figure 7.5 shows the nitrogen flow rate through membrane samples. Nitrogen flow
rate through the hydrophobic membranes decreased when the membrane grafting duration and the
length of the silane chain increased. Extended membrane grafting duration up to 30 min caused
the coupling reaction between the OH groups of the alumina and the difuctional or trifunctional
silane groups of silane. Consequently, chemically bonded layers of Si–O–Al were formed, which
caused an additional membrane barrier and reduced the internal pore size by pore blockage
(Lu et al., 2009; Van Gestel et al., 2003). Membrane grafting with short silane chain (SC and
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Figure 7.4. EDS results of (a) S, (b) ETLC-30, (c) HXLC-30, (d) ETSC-20 and (e) ETR-20 at the membrane
surface.

RC) is expected to lower membrane resistance. However, SC silane can be used to produce
superhydrophobic alumina membrane by enhancing the surface roughness. Nitrogen permeation
flux reduced from 3.966 L min−1 (S) to 3.782 L min−1 (ETSC-20), 1.018 L min−1 (ETRC-20) and
0.6672 L min−1 (ETLC-20), respectively, after grafting with short, amino and long silane chain
respectively for 20 min.
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Figure 7.5. Nitrogen flow rate through the membranes: (a) LC-ethanol, (b) LC-hexane and (c) different
silane types.

7.4 CONCLUSION

Membrane grafting with silane is well known as a method to produce hydrophobic membrane.
However, not all silane types are capable to modify the hydrophilic nature of ceramic membrane
into hydrophobic membrane. Silane structure with long –CF2– chain and low surface tension
group could form a superhydrophobic alumina membrane. Membrane grafting with LC-ethanol
and LC-hexane produced the superhydrophobic alumina membranes ETLC-20 (152.26 ± 3.92◦)
and HXLC-20 (148.24 ± 1.53◦). However, LC silane with long –CF2– chain showed higher
membrane resistance due to pore blockage which caused reduction in membrane pore size. The
amino group in the SC was protonated to form chemical bonding with OH on the membrane
surface and water. Thus, the presence of amino groups makes the hydrophilic nature of the
ceramic membrane remained unchanged when amino group was present in the saline compound.
In conclusion, the selection of the silane chains is significantly important to control the membrane
hydrophobicity and mass transfer resistances.
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CHAPTER 8

Cross-flow microfiltration of synthetic oily wastewater
using multi-channel ceramic membrane

Yousof H.D. Alanezi

8.1 INTRODUCTION

Produced water is water formed in underground formations and is brought up to the surface
along with crude oil during production. It comprises mainly dispersed oil, organic compounds,
and suspended solids. The most popular preference to deal with produced water is to re-inject it
back into the formation. Produced water re-injection (PWRI) needs a modified treatment such as
separation units to eliminate oil and suspended solids before re-injection for pressure build up.
De-oiling treatment normally consists of gravity or corrugated plate separator and a gas flotation
unit. However, gravity separation is not successful with emulsified oil droplets smaller than
20 µm. The reason is that as the oil droplets size reduces, the essential retention time to obtain
acceptable separator efficiency increases considerably.

A promising membrane technology is cross-flow microfiltration (MF) for removal of suspended
particles and emulsified oil droplets in the size range of 0.1–20 µm from their feed suspensions.
For the technique to be industrially acceptable it must provide an increase of the filtrate volume
with an oil concentration of less than 5 mg L−1 and also eliminate any solids in suspension. In
contrast, the main drawback associated with MF relates to fouling, i.e. the membrane surfaces or
pores become clogged.

8.1.1 Case study

Due to the increasing amounts of produced water during oil production in Kuwait, the establish-
ment of wastewater treatment units for produced water re-injection purposes had become essential.
It is estimated there that oil wells generate in quantity of 15 to 40% of produced water. The unit
consists of surge tank, oily water treatment, and oil drum. The oily water treatment comprises
parallel/corrugated plate separator and induced gas flotation. The main objective of this treatment
train is to reduce the oil in water concentration from 2000 to 10 mg L−1, the maximum allowable
concentration for reinjection and disposal. The produced water characteristic are presented in
Table 8.1.

8.2 EXPERIMENTAL

8.2.1 Materials

Dodecane and Sorbitan monooleate (Aldrich Chemical) were used to form oil in water emul-
sions. Emulsion particle size distributions were measured using a Malvern Zetasizer 3000HS; the
average particle size of the distributions was 3–5 µm. The membrane used was a tubular ceramic
(zirconia) microfiltration module obtained from Fairey Industrial Ceramics Ltd. The membrane
average pore diameter was 0.2 µm and its effective length was 0.55 m. The membrane consists of
7 channels, each being circular with an inner diameter of 4.7 mm. The membrane was mounted
horizontally in a stainless steel module.
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Table 8.1. Produced water characteristics.

Chemical
component Concentration [mg L–1]

Cl− 145900
HCO−

3 196
Ca2+ 23250
Na+ 42191
SO2−

4 256
Oil 2000
H2S 150

Lobe pump Drain Centrifugal pump

Feed tank

Heat exchanger

Cooling
water

Retentate

Pi P0

PP stream

Feed
stream

stream
Permeate

Figure 8.1. Schematic diagram of the experimental setup.

8.2.2 Cross-flow microfiltration rig

The schematic diagram of the microfiltration rig used in this study is shown in Figure 8.1. The oil
in water emulsions were pumped into the membrane module via a variable speed lobe pump. The
transmembrane pressure was monitored using three pressure gauges, one at each of the feed and
retentate ends of the membrane and one in the permeate stream. The temperature of the feed
stream was regulated using a secondary circuit in which a plate type heat exchanger kept the feed
temperature at 25 ± 2◦C. This secondary circuit also provided most of the mixing effects, to keep
particles in the suspension well dispersed. The �P for a given cross-flow velocity was therefore
controlled by manipulating the permeate pressure, Pp, using the valve in the permeate stream.

8.2.3 Experimental procedure

Prior to the start of a filtration experiment, the oil-in-water emulsions were prepared by mixing
n-dodecane (model oil) and sorbitan monooleate (surfactant) with deionized water for half an hour
by using a high shear laboratory mixer at a speed of 4000 rpm. The emulsions were then flowed
through the rig with the permeate valve closed for 10 min before the start of an experiment to
stabilize the cross-flow velocity and to allow equilibrium to be achieved between the suspension
and the surfaces in the rig (including the heat exchanger circuit). The clean water flux and
total membrane resistance were determined before and after each experiment to ensure that the
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permeability of the membrane was approximately the same at the start of each experiment. This
was necessary to enable analysis of the extent of irreversible fouling and the efficiency of the
cleaning method.

Jcrit is the critical flux; this was measured experimentally by successive increments/decrements
of transmembrane pressure using a step by step technique. The technique consisted of systematic
increases of �P, each step had minimum 15 min duration or until the equilibrium permeate flux
had been reached. The first unstable permeation flux was determined when the flux declined over
the course of time at a given �P step. After incrementing the pressure to a point beyond the
critical �P, the pressure is then decremented. The flux points corresponding to the upwards and
downwards steps are plotted against �P and the deviation point from the clean water flux or first
step extrapolation line was obtained.

8.3 RESULTS AND DISCUSSION

8.3.1 Effect of oil feed concentration on the critical flux

With the 0.2 µm tubular multi-channel ceramic membrane, the critical flux was determined at four
different cross-flow velocities (1.14, 1.52, 1.92, 2.28 m s−1). At each cross-flow velocity, four oil
feed concentrations were examined: 300, 600, 1200, and 2400 mg L−1. TheTMP stepping method
was used to determine the critical flux in each case and Table 8.2 summarizes these results. From
the results shown Table 8.2, it is seen that as the oil concentration increased in the feed, the critical
flux value decreased at different operating conditions. This behavior is in agreement with several
studies conducted before (Chen, 1998; Field et al., 1995; Fradin and Field, 1999; Kwon et al.,
2000; Madaeni, 1997).

Gesan-Guiziou et al. (2000) observed that as the latex concentration in the feed increased
from 400 to 2000 mg L−1, the critical flux was decreased by two thirds. At higher concentrations
(3000–8000 mg L−1) the critical flux stayed approximately invariant. In the current study, when
the oil concentration in the feed increased from 300 to 2400 mg L−1, the critical flux values
were decreased by almost one third while operating at cross-flow velocities of 1.14, 1.52, and
1.92 m s−1. For the case of operating at cross-flow velocity of 2.28 m s−1, the critical flux values
decreased approximately by one quarter as the oil feed increased from 300 to 2400 mg L−1, as
shown in the Table 8.2.

As a result of increases in the oil feed concentration, the mass transfer rate of the oil droplets to
the membrane surface increased, which led to more accumulation in the boundary layer near the
membrane surface. Consequently, an increase in the membrane resistance is observed due to the
expansion of concentration polarization and the formation of a thicker cake layer. During filtration
of BSA at two different feed concentrations (at 0.1 and 1.0 wt%), the critical flux for the lower

Table 8.2. Summary of estimated critical flux values from TMP stepping
experiments at varying oil feed (dodecane) concentrations without
adding NaCl.

Cross-flow velocity [m s−1]

1.14 1.52 1.92 2.28
Oil feed Case A Case B Case C Case D
concentration
[mg L−1] Apparent critical flux [L m−2 h−1]

300 65 118 143.36 238
600 73 115.67 137.13 217
1200 47 89 116.42 197.8
2400 44 79.74 99.33 179.9
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Figure 8.2. Variation of critical flux with oil feed concentration at different cross-flow velocities (1.14,
1.52, 1.92, and 2.28 m s−1).

concentration was measured to be approximately 66 L m−2 h−1 while the higher concentration
was 200 L m−2 h−1 (Chen, 1998). Chen proposed that the most influential parameter that affected
the critical flux measurement was local concentration.

It can also be seen from Figure 8.2 and Table 8.2 that the critical flux value decreased by 2–4%
as the concentration increased from 300 to 600 mg L−1 for the cases B and C, and decreased by
9% for case D. With the exception for the case A, increasing oil feed concentration from 300
to 600 mg L−1 resulted in an increase in the critical flux value. Similar behavior was reported
by Wakeman and Tarleton (1993) where they noticed that the membrane fouling rate was found
higher at lower feed concentration, where a comparatively high rate of TMP increase was noticed.
The accumulated particles tend to plug the membrane pores at low feed concentration, because
the competition for settling over optimal positions (at the membrane pores) is not too high.

In contrast, the lower rate of TMP increase at higher feed concentration might be caused by
the particles bridging over the pores of the membrane to compete for the optimal positions which
lead to cake layer formation (Kwon et al., 2000).

Furthermore, by increasing the oil feed concentration from 600 to 1200 mg L−1, the critical
flux decreased by 35% for case A, by 23% for case B, by 15% for case C, and by 10% for
case D. As the oil feed concentration increased from 1200 to 2400 mg L−1, for case A the critical
flux declined by 2%; for cases B and D the critical flux declined by 9–10%; and for case C the
critical flux declined by 15%. Case D showed an inverse relationship between critical flux and
feed concentration. As the oil feed concentration increased by 100% (doubled), the critical flux
decreased by approximately 9–10% for each increment of oil concentration.

In general the variation trend of critical flux values was to decline as the oil feed increased
up to an oil concentration of 1200 mg L−1, after which the critical flux was almost indepen-
dent of concentration, as presented in Figure 8.2. The high flux at lower oil concentration
(300–600 mg L−1) appears to point to the inadequate formation of an oil layer onto the mem-
brane surface, which can be removed by the hydrodynamic effect (Mohhammadi et al., 2004;
Ohya et al., 1998) while at higher oil concentrations (1200–2400 mg L−1), the hydrodynamic
effect cannot take away the formed oil layer. Kwon et al. (2000) observed a similar trend that both
critical fluxes (based on mass balance and increase in TMP) decreased as the feed concentration
increased. They suggested that this behavior was due to the higher accumulation of particles onto
the membrane surface. Hence, at higher feed concentration more particles tend to accumulate
onto the membrane surface for the similar flux step.
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Figure 8.3. Variation of critical flux with cross-flow velocity at different oil feed concentration (300, 600,
1200 and 2400 mg L−1).

On the other hand, Bacchin et al. (2006) stated that the plotting the permeate flux as a function
of the logarithm of the concentration was not a straight line relationship, which demonstrated
incompliance with the film model. Therefore, the mechanism of particle mass accumulation
could not be explained by such a model. This inconsistency could be attributed to assumptions
made for such a model where the effects for the changes of diffusion coefficient and viscos-
ity across the boundary layer were not considered. Furthermore, this disagreement could be
credited to the existence of surface interactions between the particle and membrane or particles
themselves.

8.3.2 Effect of cross-flow velocity and wall shear stress on the critical flux

Figures 8.3 and 8.4 demonstrate the variation of critical flux with increasing cross-flow velocity
for n-dodecane emulsions.

The general observed trend was an increase in critical flux as the cross-flow velocity (shear)
was increased as shown in Table 8.2 and Figure 8.3. At the higher cross-flow velocities, higher
shear wall stress was generated and hence less particle deposition occurred at the membrane
surfaces due to removal by erosion. For 300 mg L−1 emulsions, increasing the cross-flow velocity
from 1.14 to 2.28 m s−1 led to an increase in critical flux by a factor of 3.7. Also, for 600 mg L−1

emulsions, increasing the cross-flow velocity from 1.14 to 2.28 m s−1 led to an increase in critical
flux by a factor of 3. While for 1200 mg L−1 emulsions, increasing the cross-flow velocity from
1.14 to 2.28 m s−1 led to an increase in critical flux by a factor of 4.2. Similarly, for 2400 mg L−1

emulsions, increasing the cross-flow velocity from 1.14 to 2.28 m s−1 led to an increase in critical
flux by a factor of 4.1.

In general, increasing the cross-flow velocity from 1.14 to 2.28 m s−1 resulted in an increase
in critical flux by a factor approximately between 3 and 4. A comparable trend with a similar
factor was reported by previous researchers such as Chen (1998) and Chiu and James (2005)
when the cross-flow velocity increased. Chen (1998) accredited their results to the inception of
turbulence at higher cross-flow velocities. Similarly in the present study, the Reynolds number
at lowest cross-flow velocity (1.14 m s−1) was estimated to 5358 and at the highest cross-flow
velocity (2.28 m s−1) it was approximated to 10,716. Hence, the flow regime could be described
to lie in the turbulent regions.
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Figure 8.4. Variation of critical flux with cross-flow velocity at different NaCl electrolyte concentration.

The critical flux values decreased when the NaCl salt amount increased in a 600 mg L−1 emul-
sion at different cross-flow velocities, as shown in Figure 8.4. When no salt was added, increasing
the cross-flow velocity from 1.14 to 1.92 m s−1 led to an increase in critical flux by a factor of
1.9. Adding 0.05 M NaCl to the 600 mg L−1 emulsion and increasing the cross-flow velocity from
1.14 to 1.92 m s−1 led to an increase in critical flux by a factor of 2.4. By adding 0.1 M NaCl to the
600 mg L−1 emulsion and increasing the cross-flow velocity from 1.14 to 1.92 m s−1, an increase
in critical flux by a factor of 4 resulted.

The impact of increasing both ionic strength (0.05 M and 0.1 M NaCl) and cross-flow velocity
on critical fluxes demonstrated similar curve behavior, as shown in Figure 8.4. When cross-flow
velocity increased from 1.14 to 1.52 m s−1, the critical fluxes increased for both ionic strength
by a factor of almost 1.4, however, as the cross-flow velocity increased further from 1.52 to
1.92 m s−1, the critical flux for the higher ionic strength (0.1 M) increased by a factor 2.6 while
for the moderate ionic strength (0.05 M) by a factor of 1.7. In other words, the influence of
operating at higher shear rate was more profound on critical flux for emulsions with higher ionic
strength, where the flux was almost 60% higher compared to that for moderate ionic strength.
By operating at higher shear rate, there is a tendency to remove relatively smaller droplets from
the membrane surface by a scouring effect.

In contrast, for the 600 mg L−1 emulsion (without NaCl) when cross-flow velocity increased
from 1.14 to 1.52 m s−1, the critical fluxes increased by a factor of approximately 1.6, however, as
the cross-flow velocity increased further from 1.52 to 1.92 m s−1, the critical flux increased by a
factor of roughly 1.2 (Fig. 8.4). This behavior suggested that there might be breakage of large oil
droplets to finer particles which are not removed by shear rate and there may be internal fouling
of the membrane. While for emulsion with added NaCl, the oil emulsion stability seemed strong
enough to withstand these higher shear rates.

Generally, increasing cross-flow velocity led to an increase in the critical flux values as shown
in Table 8.2. The best critical flux level was 238 L m−2 h−1 at experimental conditions where the
cross-flow velocity was 2.28 m s−1, 300 mg L−1 and no NaCl salt was added. Adding 0.1 M NaCl
salt at the same experimental conditions, the critical flux value decreased to 88 L m−2 h−1. On the
other hand, the least critical flux value was 22 L m−2 h−1, where experimental conditions were
at the lowest cross-flow velocity (1.14 m s−1) and the highest NaCl concentration (0.1 M) for
600 mg L−1 emulsion.
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Table 8.3. The critical parameter (Jcrit /τw) values at different cross-flow velocity for
emulsion A, emulsion B, and emulsion C.

Oil feed concentration [mg L−1]

600 1200 2400
Cross-flow Emulsion A Emulsion B Emulsion C
Velocity Jcrit /τw Jcrit /τw Jcrit /τw
[m s−1] [L m−2 h−1 Pa−1] [L m−2 h−1 Pa−1] [L m−2 h−1 Pa−1]

1.14 12.15 7.82 7.32
1.52 11.51 8.85 7.93
1.92 9.34 7.93 6.76
2.28 10.74 9.79 8.90
Mean 10.93 8.60 7.73

Assuming cake filtration, the total particle accumulation onto the membrane surface occurs as
a result of the convection flow dragging particles toward the membrane becoming higher than the
removal rate of particles away to the bulk stream, which is believed to be proportional to shear
stress (Huisman, 1999):

A(JCp − aτw) = dm

dt
(8.1)

where A is the surface area, J is the permeate flux, Cp is the mass concentration of suspension,
a is an experimentally determined constant, τ is the shear stress and m is the cake mass. At higher
wall shear stresses, fewer particles deposited onto membrane surface and hence higher critical
flux values were attained (Fig. 8.4).

Gèsan-Guiziou et al. (2002 ) suggested a critical parameter (Jcrit/τw), which stayed constant
over the range investigated, where Jcrit increased linearly with τw and Jcrit was found to be
independent of initial pore size of the membrane. Their argument was justified based on the
work of Huisman (1999) who claimed that at the condition of critical flux there is no particle
accumulation (dm/dt) and hence dm/dt becomes zero in Equation (8.1). Therefore, the convec-
tive particle deposition (JcritCp) is proportional to the shear stress (τw), that is JcritCp ∝ aτw.
Gèsan-Guiziou et al. (2002) stated that the proof that “a” in Equation (8.1) is constant is inad-
equate; for this to be so implies that the ratio (JcritCp)/τw has to stay constant, which is not
observed experimentally. Similarly, the experimental results obtained in this work demonstrate
that the critical parameter (Jcrit/τw) did not remain constant as shown in Table 8.3. Therefore,
Gèsan-Guiziou et al. (2002) interpretation of such experimental data is that “a” is not constant,
however a function of Cp, which implies that the hypothesis to establish Equation (8.1) was not
applicable for such cases.

From Table 8.3 and Figure 8.5, it is apparent that no single linear correlation exists for all the
concentrations. In addition, for every concentration there was some non-linearity in the variation
of critical flux with shear stress and the proportional correlation between the convective particle
deposition and particle back transport erosion (shear stress) exists over a limited range of values.
These observations concerning the constancy of (Jcrit/τw) do not entirely agree with the work of
Gèsan-Guisiou et al. (2002) whose experimental results demonstrated a linear variation of critical
flux and wall shear stress. The gradient of the linear relationship (Jcrit/τw) for skimmed milk was
0.95 L m−2 h−1 Pa−1 and for latex particles was 18 L m−2 h−1 Pa−1.

8.3.3 Comparisons between experimental results and models

Generally, it is known that permeate flux drags particles towards the membrane whilst diffusion
induces particle back transport into the bulk. Various mechanisms have been proposed to account
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Figure 8.5. Variation of critical flux with wall shear stress at different oil feed concentration (300, 600,
1200 and 2400 mg L−1).

for this back transport such as shear-induced diffusion, Brownian diffusion, axial transport (par-
ticle rolling), inertial lift forces, and particle-particle interaction forces (Belfort et al., 1994).
Presuming Brownian diffusion back transport is the dominant mechanism, predicted fluxes for
micron-sized particles were found to be one or more of orders of magnitude less than those
observed experimentally (Howell, 1995). This has been referred to as the ‘flux paradox’ for col-
loidal suspensions. Axial transport models are derived from solving fully-developed laminar flow
equations and the flow in this work the turbulent regions.

A particle deposition could be initiated by the forces pushing it towards the membrane, such
that the permeate drag force and attractive physico-chemical interactions, are bigger than the
forces taking away the particle from the membrane (e.g. the shear drag force and repulsive
physico-chemical interactions). Such conditions are better portrayed by torque-balance models.
These models state that particles will roll along the membrane surface only if the positive torque
produced by the cross-flow velocity, repulsive interactions, and lift forces is larger than the
negative torque generated by the convective permeate flow. As the permeate flux increases, the
negative torque increases until it balances the positive torque so that the net torque on the particle
is nil, hence the particle will stop rolling and the critical flux is approached.

The critical flux is then expressed by (Belfort et al., 1994; Howell, 1995):

Jcrit = 2.36aτw

µ0 tan θ(a2R̂m)2/5
+ 0.463Fi

πµ0 sin θ(a2R̂m)2/5
(8.2)

where a is the particle radius, τw is the wall shear stress, µ0 is the permeate viscosity, θ is the
angle of repose (a measure for the surface roughness), R̂m the specific membrane resistance,
and Fi is the membrane-particle interaction force. Fi is positive if the surface charge sign of both
the membrane and the particle are the same. Fi is negative if the surface charge sign of both
the membrane and the particle are opposite. Fi diminishes if the membrane or the particle are
uncharged (or at isoelectric point). Since most of critical flux values were measured at solution
pH 5.5–6 and the reported iso-electric point for ceramic membrane was 5.8–6. Thus, the second
term of Equation (8.2) will be cancelled and the equation is reduced to:

Jcrit = 2.36aτw

µ0 tan θ(a2R̂m)2/5
(8.3)
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Table 8.4. Summary of prominent back-transport and lift models (Baruah and Belfort, 2003).

Flux Equation
model Approaches Flux equation number Applicable range

Brownian Use Leveque solution Applicable for very
diffusion for laminar flow in a J = 0.114

(
γκ2T 2

µ2
0a2L

)1/3

ln
(

ϕw

ϕb

)
(8.4) small diameter particles

solid wall tube and (<1 µm); under predicts
Stokes-Einstein flux by 1–2 orders of
diffusion magnitude for large

particles
Inertial Include the inertial Applicable for large
lift terms in solving the J =

(
0.036ρa3γ2

µ0

)
(8.5) diameter particles

force balance (>20 µm) and consider
around a single only single particles
particle

Shear- Replace diffusion Applicable for intermediate
induced coefficient with a J = 0.078

(
a4

L

)1/3

γ ln
(

ϕw

ϕb

)
(8.6) diameter particles

diffusion shear-dependent (1–20 µm)

0.1

1

10

100

1000

10000

100000

0 5 10 15 20 25

Wall shear stress [Pa]

C
rit

ic
al

 fl
ux

 [1
0–6

 m
 s

–1
]

Exp

SIDM

TBM

ILM

Figure 8.6. Comparison of predicted critical fluxes using SIM, TBM, ILM models with experimental
measured critical fluxes for 600 mg L−1 n-dodecane emulsion.

Here critical flux is directly proportional to particle radius (a) and wall shear stress (τw), since
the term ((a2R̂m)2/5) is treated as a single unit.

A torque balance model (TBM), assuming axial transport as the major mechanism gave unre-
alistically high permeate fluxes. Several researchers, such as Huisman et al. (1999) and Belfort
et al. (1994), noticed the same results experimentally and proposed that a promising remedy for
the flux paradox will be to take into account the inertial lift consequence. Nonetheless, inertial lift
effects were found to be insignificant for micron-sized particles in the current study. Normally,
the inertial lift model (ILM) is applicable for particle sizes bigger than 20 µm and consider only
single particles (Table 8.4), whereas the particle size distribution in the present study is between
0.1–10 µm. The results are plotted on Figures 8.6, 8.7 and 8.8, in which the TBM and ILM models
were compared with the experimental data.

The back transport mechanism is more likely to govern the flux behavior, bearing in mind the
range of the measured particle sizes is the shear-induced diffusion. Howell (1995) claimed that
the shear-induced diffusion would be the main back transport mechanism for particle within the
micron size range. Hence, the shear-induced diffusion model is fitted to the experimental data by
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Figure 8.7. Comparison of predicted critical fluxes using SIM,TBM, ILM models with experimental critical
fluxes for 1200 mg L−1 n-dodecane emulsions.
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Figure 8.8. Comparison of predicted critical fluxes using SIM,TBM, ILM models with experimental critical
fluxes for 2400 mg L−1 n-dodecane emulsion.

using the particle size as the curve fitting parameter, providing physical illustrations of the particle
sizes at critical flux value for different cross-flow velocities. The shear-induced model (SIDM)
makes use of the shear-induced hydrodynamic diffusivity rather than the Brownian diffusivity,
determined by using Stokes-Einstein correlation. The model employed here has been obtained
from prior researchers (Belfort et al., 1994; Howell, 1995) where detailed description of the
model was provided. Comparisons with other models are shown in Figures 8.6, 8.7 and 8.8; the
SID model showed a better prediction of experimental results of critical fluxes at different oil
feed concentrations and various cross-flow velocities than did either the ILM or IBM models.

The distinction between employing Brownian diffusion (DBD) and employing shear-induced
diffusion (Ds) in evaluating particle depolarization is important. DBD is a function of particle size
and increases as the particle size decreases (DBD ∝ a−1). The implication of Brownian diffusion
becoming the predominant mechanism for particle back transport is that the back diffusion turns
out to be more significant for finer particles and hence they tend to depolarize from the membrane
surface. However, this implication is in disagreement with several experimental observations in
which the smaller particles have a preference for deposition on the membrane surface during
cross-flow filtration. In addition, because DBD is invariable for specified particle size, the degree
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of back transport founded on DBD would be insensitive to variations of hydrodynamic conditions.
This contradicts a number of experimental observations where the rate of particle back transport
has increased when the shear rate was increased.

On the contrary, Ds values are revealed to be enhanced with increase in particle size and
the shear rate (DS ∝ aγ). Hence, analyzing particle depolarization in cross-flow filtration by
using the shear-induced diffusion theory has been more practical for a number of applications
(Baruah and Belfort, 2003; Ripperger and Altmann, 2002; Tien, 2006). Baruah and Belfort
(2003) summarized a few prominent models of cross-flow microfiltration with their fundamental
assumption and applicability as shown in Table 8.4.

They suggested that the Brownian diffusion model is more appropriate for particle diameters
below ∼0.1 µm and at low wall shear rates. For the microfiltration case where 0.1 < a < 10 µm,
the permeation flux estimated by using Equation (8.4) was under-predicted by 1–2 orders of
magnitude. As a response to such a flux paradox, Green and Belfort suggested that the inertial
lift mechanism be evaluated using Equation (8.5), which showed that the sensitivity of flux was
higher for particle size (a3) and shear (γ2).

8.3.4 Critical flux prediction by shear-induced diffusion model (SIDM)

The shear induced diffusion model (SIDM) has been fitted to experimental data by calculating
the average critical particle size for the four cross-flow velocities by rearranging the following
shear induced model equation:

Jcrit = τw

µp

(
1 × 10−4a4

ϕbX

)1/3

(8.7)

where ϕb is the volume fraction of particles in the bulk, and X is the length of membrane. The
comparison between critical fluxes measured experimentally and those estimated using Equation
(8.7) at different oil concentration and operating conditions is illustrated in Figure 8.9.
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Figure 8.11. Particle radii calculated from the shear-induced model at different cross-flow velocities.

The experimental critical flux values were inserted and the Equation (8.7) was rearranged to:

acrit =
(

Jcritµp

τw

)3/4 (
ϕbX

1 × 10−4

)1/4

(8.8)

Then acrit was calculated using Equation (8.8) and compared with the measured particle size
shown in Figure 8.10.

Hence acrit is considered to be a fitting parameter to give relatively smooth curves that would
give ‘best’ fit the experimental data points. The particle sizes used in the SIDM to fit the model
to experimental data at the four cross-flow velocities are plotted against cross-flow velocity in
Figure 8.11.
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Table 8.5. Estimated critical particle radii for n-dodecane emulsions
with different oil feed concentration at various cross-flow
velocities.

n-Dodecane 600 1200 2400
concentration [mg L−1] [mg L−1] [mg L−1]

Cross flow acrit acrit acrit
velocity [m s−1] [µm] [µm] [µm]

1.14 0.641 0.548 0.620
1.52 0.616 0.601 0.658
1.92 0.526 0.554 0.584
2.28 0.585 0.648 0.718
Mean acrit 0.592 0.588 0.645

Table 8.6. Estimated critical particle radii for 600 n-dodecane emul-
sions at various cross-flow velocities with different NaCl
electrolyte concentrations.

No NaCl 0.05 M NaCl 0.1 M NaCl
Cross-flow velocity
[m s−1] acrit [µm] acrit [µm] acrit [µm]

1.14 0.641 0.376 0.263
1.52 0.616 0.327 0.230
1.92 0.526 0.371 0.355
Mean 0.592 0.358 0.282

The ‘fitted’ mean particle size for the emulsion with 1200 mg L−1 n-dodecane was lower than
the others (Fig. 8.11), where its mean particle size was about 0.588 µm. While for each individual
cross-flow velocity the particle radii were approximately 0.548 at the cross-flow velocity of
1.14 m s−1, 0.601 µm at the cross-flow velocity of 1.52 m s−1, 0.554 µm at the cross-flow velocity
of 1.92 m s−1, and 0.648 µm at the cross-flow velocity of 2.28 m s−1. The other ‘fitted’ mean
particle sizes were 0.592 µm for the emulsion with 600 mg L−1 n-dodecane and 0.645 µm at the
for the emulsion with 2400 mg L−1 n-dodecane. A summary table of particle radii calculated
by using the rearranged Equation (8.8) is presented in Tables 8.5 and 8.6. While for estimated
critical particle radii for 600 mg L−1 n-dodecane emulsions at various cross-flow velocities with
different NaCl electrolyte concentrations, it could be observed that the smallest mean particle
radius (0.282 µm) was found at the high ionic strength (0.1 M NaCl). For the moderate ionic
strength (0.05 M NaCl), the mean particle radius was 0.358 µm, while for emulsion with no salt,
the mean particle radius 0.592 µm.

8.4 CONCLUSIONS

The experimental results from this study have supported the concept that equilibrium flux is
influenced by both hydrodynamics (i.e. cross-flow velocity) and particle interactions (emulsion
stability through changes in ionic strength) during oily water filtration. An increase in cross-
flow velocity for the oil emulsions from 1.14 to 1.92 m s−1 caused an increase in the equilibrium
permeates flux. In contrast, as feed oil concentrations increased from 300 to 2400 mg L−1, equi-
librium permeate fluxes were decreased. Likewise, when the ionic strength for the feed emulsions
increased, the permeate flux declined.
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Particle back transport models such as torque balance model, inertial lift model, and shear-
induced diffusion model, were compared to experimental data where particle size was used as a
fitting parameter at different oil feed concentration and wall shear stresses. The torque balance
over-predicted by three orders of magnitude the experimental fluxes, while the inertial lift model
under-predicted by one order of magnitude. However, the shear-induced model showed a better
prediction for the experimental data. The ‘fitted’ particle sizes were in the lower ranges of the
measured feed particle size distributions, suggesting that these smaller particles were responsible
for the initial permanent particle fouling on the membrane surface at Jcrit . It is difficult to provide
proof directly by experiment because of the lack of ability to visualize and size particles resting on
the membrane in situ in the filter. In particular for oily wastewater streams, where the measured
particle size distribution of feed emulsions was in the range 0.1–10 µm.

In the current investigation, the critical parameter (Jcrit/τw) was not found to be linear, which was
in disagreement with the findings of a number of previous research works, where the measured
particle sizes were kept invariant and not influenced by the increase in the shear rate. However,
there were a few researchers who encountered similar behavior of nonlinearity of the critical
parameter (Jcrit/τw) for flocculated feed, where they attributed that to the change of particle
size as a result of the increase in the shear rate, particularly those of loosely flocculated. Thus,
correlation between critical flux the product of the wall shear stress and the critical particle size
was investigated on the basis of a number of most commonly used models.
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CHAPTER 9

Treatment of dye solution via low pressure nanofiltration system

Abu Zahrim Yaser & Nidal Hilal

9.1 INTRODUCTION

Many industries including palm oil mill, leather, textile, pulp and paper etc. generate large
amounts of colored wastewater. It is the first pollutant that can be seen by the public and may
cause reduction in photosynthetic activities, produce carcinogenic by-products in drinking water,
chelate with metal ions, and are toxic to aquatic biota (Anjaneyulu et al., 2005; Neoh et al., 2012;
Zahrim et al., 2009). Color is a combination of dissolved and colloidal materials (Davies and
Cornwell, 2013). Color from wastewater is due to various sources. Petroleum refinery wastewater
color is due to the presence of creosote, asphalt and heavy oil fractions. The agricultural based
industry wastewater may be due to the presence of lignin, tannin, melanoidin, humic acid etc.
For dye manufacturing, textile, leather, and pulp and paper, the colored appearance is due to the
dye’s compound (Anjaneyulu et al., 2005; Zahrim et al., 2009).

Nanofiltration (NF) is located between reverse osmosis (RO) and ultrafiltration (UF). Nanofil-
tration membranes carry quite unique properties such as pore radius size (1–5 nm) and surface
charge density which influences the separation of various solutes. Over the years, nanofiltration
(NF) has been studied by many researchers for the treatment of various colored wastewater for
water reuse (Hilal et al., 2004a; Zahrim et al., 2011a). The nanofiltration (NF) process of pulp and
paper wastewater for the purpose of reuse was investigated by Z. Beril Gönder et al. (2012). Under
the optimized conditions i.e. pH 10, 25◦C, 1.2 MPa, 91% chemical oxygen demand (COD), 92%
total hardness and 98% sulfate removal were achieved (Gönder et al., 2012). Noghabi et al. (2012)
studied nanofiltration (AFC80) of sugar industry wastewater at 1.0 MPa. At this pressure, they
found that permeate flux was around 15 kg m−2 h−1 and sucrose, sodium and potassium rejection
exceeded 98, 74 and 67%, respectively (Noghabi et al., 2012). Produced water is generated in
the petroleum industry as a by-product of various processes in production and refining. The NF
treatment of produced water has been reported by Alzahrani et al. (2013). They reported that NF
membrane successfully attained 96% of overall drinking water standards, despite its inefficiency
in removing boron, molybdenum and ammonia (Alzahrani et al., 2013). Recently, nanofiltration
was used to treat a raw textile effluent supplied from rinsing baths of the Spanish textile industry
(Aouni et al., 2012). At the operating pressure 0.5 MPa, pH 7.1; the COD, color and conductivity
removal was reported to be around 95, 98, and 55%, respectively (Aouni et al., 2012). The esti-
mated concentration of dyes at dyeing bath is around 90–8000 mg L−1 (Van der Bruggen et al.,
2001; Zahrim et al., 2011a). Reviews on nanofiltration of real textile effluents have been written
by several authors (Hilal et al., 2004a; Lau and Ismail, 2009; Zahrim et al., 2011a).

Since there are more than 8000 chemically different types of dyes for different applications
(Anjaneyulu et al., 2005), the researchers also put great effort into investigating the interaction
between the dye(s) molecule and membrane system. Patel and Nath (2013) investigated the
effect of ultrasonic irradiation during nanofiltration of two-component dye (C.I. Reactive Black
5 and C.I. Reactive Yellow 160) and NaCl mixture. The study to determine the influence of
dye’s molecular mass on membranes types and cut-offs was carried out by Aouni et al. (2012).
The C.I. Acid Black 201 dye is frequently used in dyeing of leather, cotton and woollen fabric
(Manu and Chaudhari, 2002; Zahrim et al., 2010). Several studies have been conducted for
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Figure 9.1. Chemical formula for C.I. Acid Black 210 dye.

the treatment of C.I. Acid Black 210 dye such as adsorption using tannery waste (Piccin et al.,
2012), electrochemical oxidation (Costa et al., 2009), coagulation/flocculation (Zahrim et al.,
2010), sand filtration (Zahrim et al., 2011b), sonochemical (Li et al., 2008), and biological
means (Dave and Dave, 2009; Mohan et al., 2007; Ozdemir et al., 2008). Recently, Zahrim
et al. (2013) investigated the effect of initial dye concentration and NF feed solution pH on low
pressure nanofiltration of C.I. Acid Black 210 dye solution. In this chapter, the pressure effect
on nanofiltration of C.I. Acid Black 210 dye solution with tubular membrane will be discussed.
Tubular membranes are more appropriate than flat sheet membrane because of their longer lifetime
and the easier membrane recovery for long term applications (Warczok et al., 2004). The process
was carried out in constant initial dye concentration mode, i.e., the permeate is returned back to
the feedtank. The evaluation parameters are irreversible fouling factor, flux, dye concentration,
total organic carbon (TOC), conductivity removal, and permeate pH.

9.2 METHODOLOGY

9.2.1 C.I. Acid Black 210 dye

The C.I. Acid Black 210 dye (molecular mass: 938) (commercial name: Durapel Black NT
dye) (Fig. 9.1) was purchased from Town End (Leeds) Plc, (United Kingdom) and used without
further purification. Sodium sulfate is generally used as a diluent (personal communication with
Dr Adrian Hayes, Technical Director, Town End (Leeds) Plc). A dye mass of 20 g in powder
form was dissolved in Milli-Q Plus, 18.2 M� cm (Millipore) water to make 5 L solution at a
concentration of 100 mg L−1. The color of the dye solution is visible at minimum concentration
of 10 mg L−1.

9.2.2 Nanofiltration membrane – AFC80

The NF membrane used was commercially sourced AFC80 (Paterson Candy International Ltd.,
UK). The AFC series are thin-film composite membranes with a polyamide active film. This film
is formed from an aliphatic amide for AFC80. On the basis of the chemistry used, the membrane
is expected to have free acid groups and a net negative charge, though each may have some free
amine groups present. It has been reported that the mean pore diameter was around 0.68–3.51 nm
(Bowen and Doneva, 2000; Warczok et al., 2004). The pure water permeability measured in this
study is around 28–31 L m−2 h−1 MPa−1.

9.2.3 Tubular membrane system

The tubular membrane system was designed by CARDEV Ltd. (Hilal et al., 2004b) with further
modifications carried out on the system. The modified system consists of a feed tank (5 L working
volume), pump, and membrane housing (Fig. 9.2). The maximum inlet pressure is 0.52–0.53 MPa
and the system automatically shuts down if the pressure exceeds 0.53 MPa. The inlet pressure is



Treatment of dye solution via low pressure nanofiltration system 89

Permeate

Membrane
housing Pump

Inlet

Outlet

Control
valve

Figure 9.2. Tubular nanofiltration system.

controlled by an outlet valve. This unit is fitted with tubular nanofiltration membranes with inner
diameter of 1.27 cm and effective length of 28.6 cm. Thus, the calculated area of membrane tube
is around 0.0114 m2. In this system, the retentate is sent back to the tank. The pump used is from
Mono Pump Ltd, Manchester model CMM253/H13F and delivers a maximum transmembrane
pressure around 0.43 MPa. The pump is fitted with a motor from Brook Compton Ltd., Doncaster
Model KP 7575. At the maximum inlet pressure, the maximum flow rate measured is 1 m3 h−1

(Akbari et al., 2002; Zahrim and Hilal, 2013).

9.2.4 Procedure to determine normalized permeation flux, product permeate quality
and irreversible fouling factor

The procedures followed for the determination of normalized permeation flux, product permeates
quality and irreversible fouling factor are outlined as:

• The membrane is soaked in RO water for 24 hours before the first permeation test with RO
water. The pump is switched on at maximum outlet valve opening for 2 minutes after placing
5 L RO water.

• The valve is slowly reduced until it reaches highest “unsteady” inlet pressure (inlet: 0.55 MPa,
outlet: 0.40 MPa). After maximum inlet pressure is reached, reduction of valve opening causes
system to automatically shut down.

• The system is then left for at least two hours to minimize the compaction effect. Permeate and
retentate are returned to the feed tank.

• The outlet valve is then opened again to get the desired inlet pressure.
• The pure water flux (PWF) is determined by changing the inlet valve. The system is left

until steady state is reached (50 minutes). The permeate volume is measured for 20 minutes
operation. Temperature (θ) is measured every 10 minutes. A minimum of three points at various
transmembrane pressures are obtained.The membrane permeability is determined by plotting
pure water flux (PWF) against transmembrane pressure.

The transmembrane pressure (�P) is calculated as:

�P = Inlet pressure + Outlet pressure
2

(9.1)
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Normalized pure water permeation flux (J25) is determined using the temperature correction
as stated by Akbari et al. (2002):

J25 = Jθ exp(0.0239(25 − θ)) (9.2)

• The pump is switched off and the RO water is then replaced with dye solution (5 L) and the
system is left for 50 minutes to achieve steady state condition. The zero time is begun after
50 minutes.

• The UV/Vis absorbance, pH and conductivity of permeate taken at time 20, 40, 60, 80, 100
and 120 minutes after steady state condition is reached. The permeate is returned, after each
analysis, to the feed tank to maintain initial dye concentration.

• After collecting sample at the 120th minute, about 30 mL of permeate is collected, kept at 4◦C
and analyzed for TOC.

• The pump is then switched off and the dye solution replaced with the tap water (approximately
10 L). The pump is set at the lowest transmembrane pressure available (maximum outlet valve
opening). Both retentate and permeate are discarded.

• The pump is switched off and tap water replaced with RO water. The pump is set at the lowest
transmembrane pressure (maximum outlet valve opening). Both retentate and permeate are
returned to the feed tank and the system operated for one hour. The system was then left
overnight.

• The membrane permeability is determined as step (5). The irreversible fouling factor defines
as IFF was determined as (Mänttäri and Nyström, 2000; Warczok et al., 2004):

Initial membrane permeability – Membrane permeability after cleaning with water

Initial membrane permeability
× 100%

(9.3)

9.2.5 Chemical cleaning

Before dismantling the membrane, about 10 L of 0.1 mM NaOH (pH 10.30) was passed through the
system without returning the retentate. The system was rinsed by about 10 L RO water. The main
purpose of this procedure is to minimize the dye stain attached on the surface of the tubing/pump.
Cleaning of the membrane is carried out by submerging the membrane in the solution by following
the sequence: 0.01 M HNO3 (pH 1.94), 0.0001 M NaOH (pH 10.30) and RO water for 60 minutes
each. The water permeability is then measured again. If the pure water permeability is greater
than 15 L m−2 h−1 MPa−1; no membrane replacement is implemented. Then the membrane is
dismantled and stored in 20% glycerol (ACROS Organic) + 1% sodium metabisulfite (ACROS
Organic) solution to prevent biological growth on the surface of the membrane.

9.2.6 Physicochemical analysis

The pH and conductivity were measured using a Jenway 3540 pH/conductivity meter. The cal-
ibration was carried out daily at 20◦C. The buffer solutions (pH: 4, 7 and 0) for pH meter
calibration were supplied by Fisher Scientific, UK. Residual concentration of dye (without filter-
ing or centrifuging) was obtained with a UV/vis-spectrophotometer (UVmini-1240, Shimadzu)
by measuring the absorbance (315 nm). Before the absorbance was measured, the baseline flatness
and wavelength accuracy for the UV-spectrophotometer were carried out daily. The absorbance
was measured using Milli-Q water as background and the concentration of dye was computed from
calibration curves preliminary determined at different pH values. If the reading of absorbance
was greater than 3.0, then the necessary dilution was made. After every experiment, the precision
cell (10.00 mm, quartz SUPRASIL® (Hellma GmbH & Co., Germany)) was cleaned by soaking
in methanol (HPLC grade, Fischer Scientific UK Ltd., UK) overnight. The values of the initial



Treatment of dye solution via low pressure nanofiltration system 91

and final concentrations of the dye measured as outlined above were used to calculate the removal
percentage of the dye using Equation (9.4):

Dye removal [%] = 100 × C0 − Cf

C0
(9.4)

where: C0 is the initial dye concentration and Cf is the permeate dye concentration.
Total organic carbon (TOC) content was measured by TOC analyzer with autosampler (ASI-V)

(model TOC-VCPH, Shimadzu). For estimation of the dye’s isoelectric point (IEP), the pH meter
was placed in the dye solution (100 mg L−1 while stirring (XULA, 2011). Then the 0.001 M HCl
was added, the volume of HCl and the solution pH was recorded. The isoelectric point (IEP)
observed was around 7.2.

9.3 RESULTS AND DISCUSSION

Fouling problems will lead to higher operation costs: higher energy demand, increased cleaning
and reduced life time of the membrane elements (Hilal et al., 2004a). Membrane fouling can
be classified as reversible and irreversible. Reversible fouling can be cleaned easily by changing
process parameters and water rinsing while irreversible fouling is difficult to clean and might
require chemical cleaning like caustic soda cleaning (Tansel et al., 2000; Zahrim et al., 2011a).
The factors that affect membrane fouling can be classified into three categories: membrane
properties, dyeing wastewater and operating parameters (Cheryan, 1998; Zahrim et al., 2011a).
In this study, the irreversible fouling factor for pressure of 0.36, 0.39 and 0.44 MPa is 8.6, 10 and
12%, respectively (Fig. 9.3). It can be shown that the increase in pressure caused an increase in
irreversible fouling (Fig. 9.3). From the previous study, it is believed that at pH 10, the dye is
in aggregate (Zahrim et al., 2010) and hydrophobic form (Koyuncu, 2003). The higher pressure
supplied induces a greater shear stress that may lead to the dye aggregates breakage (Crozes
et al., 1997). Then the diffusion of smaller dye aggregates through the membrane is higher than
convection (interception) transport and hence caused more fouling (Aydiner et al., 2010). The dye-
membrane surface interaction might include multiple effect interaction such as covalent bond, van
der Waals, hydrogen bond, and hydrophobic interactions (Zahrim et al., 2011a). Generally, cake
layer formation, adsorption and pore blocking (i.e., complete, standard and intermediate blocking)
are the expected mechanisms for irreversible fouling (Bowen et al., 1995; Tansel et al., 2000;
Zahrim et al., 2011a). At higher pressure, the contribution of cake formation, complete blocking
and standard blocking mechanism may be little since the dye aggregates become smaller (Schafer
et al., 2005; Zahrim et al., 2011a). Furthermore, during nanofiltration process, only a monolayer
of dye aggregates is speculated. Thus, the adsorption (Gomes et al., 2005; Zahrim and Hilal, 2013)
and standard blocking (Bowen et al., 1995) could be the dominant mechanism. Standard blocking
has possibility since the dye aggregates/molecules could be less than AFC80 membrane pore
(Bowen and Doneva, 2000; Warczok et al., 2004). As an example, the dye molecules at acid dye
bath is estimated about 0.8 nm (Van der Bruggen et al., 2005). The adsorption of dye aggregates
could occur on the membrane surface, in the pores and the back of the membrane (e.g., support
layer) (Schafer et al., 2005). De et al. (2009) carried out an investigation into leather dyeing
wastewater using nanofiltration membrane. They found that the deposition thickness increased
from 13.3 to 14.6 µm as the transmembrane pressure increased from 0.83 to 1.24 MPa (De et al.,
2009). Fouling at constant pressure of 0.39 MPa characterized by monolayer adsorption shows
weak interaction between dye aggregates (Zahrim et al., 2013).

Figure 9.4 shows that the increase in pressure also increases the normalized flux. At trans-
membrane pressures of 0.36, 0.39 and 0.44 MPa, the corresponding normalized flux is 0.78, 0.89
and 1.34, respectively. A similar pattern was observed by Wu et al. (1998) during AFC80 mem-
brane nanofiltration of simulated textile wastewater (total dye concentration around 2400 mg L−1).
They stated that at the pressure of 1.0, 2.6 and 2.8 MPa, the flux is 7.0, 8.5 and 12.0 L m−2 h−1,
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Figure 9.3. Effect of transmembrane pressure on the irreversible fouling factor (experimental conditions:
[dye]: 100 mg L−1, solution pH: 10.0).
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Figure 9.4. Effect of transmembrane pressure on the flux (experimental conditions: [dye]: 100 mg L−1,
solution pH: 10.0).

respectively (Wu et al., 1998). It can be noted that the flux is linearly related to the pressure sug-
gesting that the pressure applied in this study is within a “pressure controlled-region”. This fact is
strengthened by the figures that show a linear relationship for dye and TOC removal at different
transmembrane pressure (Figs. 9.5 and 9.6). In any case, a “mass transfer controlled region”
should be avoided in real operation because the increase in pressure only results in build-up of
multiple dye aggregate layers (He et al., 2008).

Color is an important water reuse parameter for certain dyeing processes (Zahrim et al., 2011a).
In this study, the dye removal slightly increased from 98.9% at low transmembrane pressure
(0.36 MPa) to 99.2% at high transmembrane pressure (0.44 MPa) dye removal (Fig. 9.5). A
similar pattern also was observed by Koyuncu (2003) who studied nanofiltration of industrial
reactive dye effluent (∼440 mg L−1 dye) at the range of 0.8 to 2.4 MPa. However, using a higher
concentration of dye (i.e., 2400 mg L−1), Wu et al. (1998) found that the dye removal is slightly
decreased as the pressure increases (from 1.0 to 2.8 MPa). It is believed that the high pressure
applied could induce the solubilization of retained dye.

The TOC removal increased with increasing pressure with the highest removal, about 98% at
0.44 MPa (Fig. 9.5). Lower TOC removal compared to dye removal (dye molecular mass: 938)
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Figure 9.5. Effect of transmembrane pressure on the dye and TOC removal (experimental conditions: [dye]:
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Figure 9.6. Effect of transmembrane pressure on the conductivity removal (experimental conditions: [dye]:
100 mg L−1, solution pH: 10.0, initial conductivity: 272 µS cm−1).

might be due to the presence of low molecular mass impurities such as various amine compounds
and acetic acid (molecular mass: 60) in the permeate (Blus, 1999; Qin et al., 2007). This result
suggests that low molecular mass impurities might have more adsorption tendency at high pressure
(Weng et al., 2009). In another study, Weng et al. (2009) reported that only 60, 75 and 85% of
acetic acid was retained during nanofiltration of acetic acid + xylose at pressure 0.5, 0.98 and
1.47 MPa, respectively. Sabate et al. (2008) reported 20–40% retention of amine compounds at
an operating pressure 0.8 MPa.

In this study, the conductivity in the permeate is predominantly affected by the presence of
sodium sulfate. At transmembrane pressures of 0.36, 0.39 and 0.44 MPa, the corresponding
conductivity removal is 90.4, 91.7 and 94.6%, respectively, (Fig. 9.6) might be due to higher
adsorption tendency for dye-sodium sulfate aggregates. In another study, Zhang et al. (2005)
reported 18–95% rejection of sodium sulfate alone at pressure 0.25 MPa. Inlet pressure was
found to have minimal effect on permeate pH (Fig. 9.7).
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Figure 9.7. Effect of transmembrane pressure on the permeate pH (experimental conditions: [dye]:
100 mg L−1, solution pH: 10.0).

9.4 CONCLUSION

Results from this work show that the increase in transmembrane pressure caused increase in
irreversible fouling. The adsorption and standard blocking could be the dominant mechanism.
The increase in pressure also increases the normalized flux; without any buildup of dye layer. Thus,
the transmembrane pressure selected in this study is suitable for low dye concentration solution
treatment. The effect of low transmembrane pressure (0.35–0.45 MPa) for highly concentrated
dye solution is worth being investigated. Although the pressure range in this study only exerts
little effect in dye removal, higher transmembrane pressure plays an important role in the removal
of impurities and conductivity (sodium sulfate). Permeate pH is not significantly affected by the
operating pressure. Based on these findings, medium transmembrane pressure (∼0.40 MPa) is
recommended for the dye solution treatment.
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CHAPTER 10

Fractionating the value-added products from skimmed coconut milk
using membrane separation technique

Ching Yin Ng, Abdul Wahab Mohammad & Law Yong Ng

10.1 INTRODUCTION

The abundance of coconut by-products after oil extraction in the coconut industry has created
the environmental issue in some areas near to coconut processing plants. Coconut is well known
for its great versatility as seen in nutraceutical, pharmaceutical, medicine, food and beverage
industries (Yong et al., 2009). Precious and valuable virgin coconut oil (VCO) can be obtained
from coconut, and the remaining residues after VCO production contain some very nutritional
components which are highly beneficial to the consumers. These valuable components can be
separated by suitable separation techniques or other appropriate processes. The components that
can be extracted from the coconut include coconut protein, plant hormones, vitamins, minerals,
amino acids etc. The skimmed coconut milk consists of total proteins (approximately 70%) and
numerous carbohydrates, sugars, vitamins and minerals (Seow and Gwee, 1997). Therefore, these
components can be separated and/or concentrated and used as functional food, food supplement
and food formulation through fractionation and concentration processes by membrane separation
technique. The great versatility of these valuable compounds from the coconut has attracted
the attention of many researchers and industrialists to produce more profitable and value-added
coconut products.

Fractionation is a common separation process used to obtain multiple components with higher
purity from a complex mixture due to their sizes and physical-chemical properties. Membrane
technology is one of the promising methods which manages to fractionate the mixture due to the
molecular size of components in the solution. For more than a decade, the membrane separation
technique has been applied in different areas such as food industry, dairy manufacturing, medical,
pharmaceutical field and other industries. The outputs of the membrane process are considered
as better in some aspects when compared to other fractionating processes. The purity and quality
of the products can be assured whilst the aroma of the aromatic compounds in the food and dairy
products can be retained by the membrane process (Daufin et al., 2001; Engel et al., 2002; Jiao,
et al., 2004). This is the most significant advantage in employing the membrane separation method
for the food and dairy industry. A combination of ultrafiltration (UF) and nanofiltration (NF) has
been widely employed in the food industry to concentrate and extract valuable components from
the natural solutions. Many researchers have reported similar topics in their studies (Hagenmaier
et al., 2006; Mohammad et al., 2012; Rao et al., 1994; Yin et al., 2013). In addition, the
employment of NF membrane can also contribute to the selective separation of finer charged
molecules like protein hydrolysates due to the size-exclusion and Donnan-exclusion mechanisms
(Bourseau et al., 2009).

In this study, high value-added plant hormones (kinetin and zeatin) and coconut protein are the
targeted products after the filtration process using UF and NF membranes. The feed solution of
the UF process is skimmed coconut milk, while the permeate of the UF process will be used as
the feed for the NF process in order to retain the plant hormones compounds. The concentrated
protein solution after the UF process can be a great functional food in food-related industries.
Figure 10.1 shows the molecular structures of kinetin and zeatin compounds. These hormones
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Figure 10.1. Molecular structures of plant hormones, cytokinins group components (kinetin and zeatin).

belong to the plant hormone family and are named as cytokinins group. Zeatin and kinetin have
been proved to possess the anti-aging property. These plant hormones can be used to accelerate
the cell division and they possess the anti-viral and anti-bacteria characteristics. The kinetin and
zeatin compounds can be potentially applied in pharmaceutical, medicinal and nutraceutical field.
The efficiency of membrane separation (using UF and NF) in fractionating and concentrating the
skimmed coconut milk will be investigated in terms of their permeate flux decline and membrane
rejections towards coconut protein, kinetin and zeatin.

10.2 EXPERIMENTAL

10.2.1 Materials

The standard bovine serum albumin (BSA), imunoglobulin (IgG) and protein assay dye reagent
concentrate were supplied by Bio-Rad, USA.The reagents and materials used in high performance
liquid chromatography (HPLC) analysis were listed as below. Prior to the sample analysis using
HPLC, the standard curves of kinetin and zeatin were plotted. The plant hormones/cytokinins
standards (kinetin and zeatin) were purchased from Sigma-Aldrich (Steinheim, Germany). All of
the kinetin and zeatin standards were dissolved in HPLC-grade methanol with the concentration
ranging from 10 to 500 µM. These kinetin and zeatin standards were stored between 0 to 4◦C
before the HPLC analysis. The chemicals used in HPLC analysis include HPLC-grade methanol
(Tedia, USA), formic acid (Tedia, USA) and triethylamine (TEA) (Merck, Germany). TEA has
been used to adjust the pH value of the buffer solution (0.1% formic acid) to pH 3.2. The concen-
tration of kinetin and zeatin were determined using a high performance liquid chromatography
(HPLC) system (Agilent Technologies 1200 Series, Santa Clara, USA). HPLC analysis is a suit-
able technique to determine concentration of kinetin and zeatin. UV detector in HPLC was used
to detect and separate the kinetin and zeatin in samples. The data were processed by the accompa-
nying system software (ChemStation for LC 3D Systems). Prior to HPLC analysis, the samples
were filtered by a 0.45 µm Whatman glass microfiber filter. 10 µL filtered samples were injected
into a C18 reverse phase column (Zorbax SB-C18 100Å, 150 mm in length, 2.1 mm in diameter,
Agilent Technologies, Santa Clara, USA). The initial HPLC running condition was a methanol
(0.1%)-formic acid buffer (10:90, v/v). The column thermostat was set at 25◦C. The flow rate
was 0.3 mL min−1 throughout the whole separation process. To achieve high accuracy detection
of cytokinins (kinetin and zeatin) compounds, the wavelength was fixed at 265 nm. Table 10.1
shows the cytokinins (kinetin and zeatin) standard response characteristics using HPLC analysis.

10.2.2 Preparation of skimmed coconut milk

The skimmed coconut milk used in this work belongs to the MalayanTall variety. The fresh coconut
milk was extracted from solid grated coconut using a coconut milk extractor. The extracted white
coconut endosperm liquid was filtered through micron-sized sieve cloth before any processes.
The purpose of this step is to remove any large solid particles presented in the solution. Next, the
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Table 10.1. Cytokinins standard response characteristics using HPLC.

Cytokinins standard

Details Kinetin Zeatin

Mean retention time
– Minute [min]a 26.8 18.4
– Relative standard deviation (RSD) [%] 0.19 0.002
Peak areaa

– Mean 7327.34 612.17
– RSD [%] 1.7 0.5
Equation of calibration curves y = 160.4x – 749.2 y = 122.4x – 53.31
Regression (R2)b 0.977 0.999
Linear range [mg L−1] 2–100 2–100
LOQ [µM]c 1.7 3.47

aData were measured with repeated injection (n = 5) of plant hormone standard at a
concentration of 20 mg L−1 each.
bIn the calibration equation, x represents concentration of the analyte [mg L−1] and y the
peak area (mili absorption unit in second [mAu s].
cLimit of quantification (LOQ) was estimated based on signal-to-noise ration (S/N ) = 10.

filtered coconut milk was pasteurized to prolong the shelf-life of coconut milk as it is a perishable
liquid. In this step, the coconut milk was heated at 60◦C for 15 minutes and this can reduce
the microbial load to 10% (Hagenmaier, 1980). The high temperature of pasteurization should be
avoided as protein molecules start to denature at 70◦C.The warm coconut milk was processed with
coconut cream separation process using 125 L capacity cream separator (Elecrem, France). The
warm skimmed coconut milk makes the separation process easier and more effective. There are
two outputs from the cream separator: concentrated coconut cream and skimmed coconut milk.
The skimmed coconut milk was used as the feed solution throughout this work. A membrane
filtration process was applied to further fractionate and concentrate the components inside the
skimmed coconut milk to obtain high value-added coconut products.

10.2.3 Ultrafiltration and nanofiltration

The UF membrane employed in this study is made of polysulfone (PSF) material with a molec-
ular weight-cut-off (MWCO) of 10,000 Da from Koch, USA. The abbreviation used for the UF
membrane is PSF10. The employed NF membrane (NF1) is produced by Amfor Inc., China. All
of the membranes used were soaked in ultrapure water overnight to remove any preservative layer
and dirt particles prior to the experimental runs. The membrane compaction was conducted at a
higher pressure than the operating pressure. This was aimed to enhance the permeate flux and
permeability of the membranes (Persson et al., 1995). The pure water was used to conduct the
permeability test of the membrane. The purpose of this step is to confirm that the membrane is
in good condition before filtration process using skimmed coconut milk.

The UF process was performed by a cross-flow filtration unit, which was equipped with a 4 L
stainless steel jacketed feed tank with an embedded mixer (Ika, Germany) and a variable feed
pump (Hydra-cell Pump, MN, USA).The temperature of the feed was controlled by circulating the
water through a jacketed feed tank. The cross-flow velocity (CFV ) and trans-membrane pressure
(TMP) were controlled using a feed flowmeter (F-400, Blue-White, USA) and a permeate needle
valve (Swagelok, UK). A digital balance (GF 6100, A&D, Japan) was connected to a computer
to record the permeate flux in the continuous manner. The pressure at 0.2 MPa and temperature
at 60◦C were set during ultrafiltration of skimmed coconut milk using cross-flow system. The
value of CFV was 2.728 L min−1 while the stirring rate was 400 rpm throughout the UF process
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Figure 10.2. Schematic diagram of fractionating the skimmed coconut milk using membrane separation.

using PSF10 membrane. The active membrane surface area of cross-flow system is 32.06 cm2.
The UF process was conducted under a batch concentration (the retentate was returned to the
feed tank) mode. The volume reduction factor (VRF) of 2 was applied in each batch of the UF
cross-flow filtration process. The masses of collected permeates were recorded every 60 seconds
throughout the filtration process with the help of electronic balance. The UF permeate was further
fractionated through NF process.

The NF process was performed using a dead-end filtration module (Sterlitech HP4750 stirred
cell, WA., USA) with an active membrane surface area of 15.20 cm2. The constant pressure
value was set at 0.5 MPa throughout the NF process. Other operating conditions were similar to
UF. A compressed nitrogen cylinder was connected to the dead-end cell to supply the desired
pressure. Figure 10.2 is a schematic diagram showing the application of UF and NF processes in
fractionating the skimmed coconut milk to produce the value-added products. The masses of NF
permeates were also recorded for every 60 seconds, for a duration of 60 minutes throughout the
filtration process. The membrane performances have been studied in terms of their flux decline
and membrane retention capability. The mathematical equation used for the solution flux (J ) in
unit [L m−2 h−1] is shown by:

J = V/At (10.1)

where V is determined by the volume of collected permeate per unit liter [L]; A is the active
surface area of membrane [m2] and t is the time interval of filtration [hour].

The measurement of membrane performances were evaluated in terms of volume reduction
factor (VRF) and retention factor at the end of each run (RFf ), for proteins (BSA, IgG) and
cytokinins (kinetin, zeatin). The calculation methods were defined as:

VRF = V0/(V0 − Vp − V ′
p) (10.2)

RFf = 1 − (Cpf /CR) (10.3)

CF = Ci,retentate/Ci,feed (10.4)

where V0, Vp and V ′
p represent initial feed volume, the average permeate volume over the filtration

and the final permeate volume; CR and Cpf are the retentate concentration and final permeate
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concentration for proteins (BSA and IgG) or cytokinins (kinetin and zeatin). Concentration factor
(CF) is used to express degree of concentration of target compounds. It is defined as the ratio
of the concentration of a component i in the retentate (Ci,retentate) to the concentration of the
same component in the feed (Ci,feed). All of these performance indicators are important towards
understanding the overall methodology and the results are illustrated in the Table 10.2.

10.2.4 Analysis

The targeted components in this study are: bovine serum albumin (BSA), immunoglobulin (IgG),
kinetin and zeatin. BSA and IgG belong to dominant types of protein in skimmed coconut milk,
whilst kinetin and zeatin are plant hormones compounds. The protein (BSA and IgG) compositions
have been analyzed according to the Biuret method using Genesys 10 scanning UV-VIS spec-
trophotometer (Boston, MA). Different concentrations of standard bovine serum albumin (BSA)
and immunoglobulin G (IgG) had been prepared and analyzed using a spectrophotometer to obtain
a standard plot prior to the analysis of real samples. The molecular weight of proteins in solution
was analyzed by sodium dodecyl sulfate-polyacrylamide gel electrophoresis (SDS-PAGE).

Samples of skimmed coconut milk such as feed, permeate and retentate, obtained from UF
and NF, were kept for further analysis. The basic nutrient contents of samples were determined
by proximate analysis according to Association of Official Analytical Chemists (AOAC) method
(AOAC, 1990). The contents of fat, protein, carbohydrate, ash and moisture in samples can be
known through this proximate analysis. The retention factor of targeted components (BSA, IgG,
kinetin and zeatin) were calculated using Equation (10.3) to verify the performance of membrane
separation in this study. The behaviors of solution flux during the filtration processes can be
analyzed by plotting the curve of flux versus time.

10.3 RESULTS AND DISCUSSION

10.3.1 Concentrate and fractionate the skimmed coconut milk
using ultrafiltration and nanofiltration

As discussed, skimmed coconut milk is a complex mixture which consists of various molecular
sizes and properties compounds. In order to separate the desired compound within the skimmed
coconut milk, fractionation processes were carried out. Figure 10.2 shows the application of
UF and NF in the fractionation of skimmed coconut milk. UF membrane with bigger pore size
was used to retain or concentrate the proteins in skimmed coconut milk. The protein content in
skimmed coconut milk obtained was around 70% of total coconut protein composition (Hagen-
maier, 1980; Kwon et al., 1996a). The enrichment of protein in coconut milk has been attracting
the attention of experts from different fields to further investigate and produce new products from
the coconut, especially the protein products. The coconut protein products can be potentially used
as an alternative in the formulation of milk.

During the UF process, batch concentration mode was carried out using the cross-flow system.
The skimmed coconut milk was concentrated until a CF of 2 was achieved. Concentrating the
coconut protein using UF process would foul the applied membrane and reduce the solution per-
meate flux. Figure 10.3 displays the normalized flux decline for UF and NF processes. The UF
normalized flux showed lower flux compared to NF. The deposition and accumulation of foulants
onto the membrane surfaces and inside the pores contributed to the permeate flux obtained. Some
components which have sizes close to the membrane pore size possibly seal the exposed membrane
surface pores. Besides, the smaller sized components in skimmed coconut milk could possibly
deposit inside the membrane pores and greatly reduce the amount of other components to pass
through the membrane. However, the flux decline rate obtained by NF membrane was greater than
that of UF membrane. This shows that the fine molecules in the UF permeate fouled the NF mem-
brane within a very short time of filtration. Thus, the normalized flux of NF dropped drastically.
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Figure 10.3. Permeate normalized flux along the entire filtration time for UF and NF.

10.3.2 Performance indicator of membrane separation

The Bradford protein assay method was conducted to determine the protein concentration in UF
feed, retentate and permeate. The proteins considered in this study were BSA and IgG as they are
the predominant protein fractions in the coconut milk (Kwon et al., 1996a; Samson et al., 1971).
Retention of proteins by UF membrane was calculated using Equation (10.3).

Table 10.2 shows the volume reduction factor (VRF) of feed, concentration factor (CF) of
solutes and retention factor (RFf ) of solutes in UF and NF processes. In the UF of skimmed
coconut milk, the VRF of 2 was set. The soluble protein of BSA and IgG were concentrated to
about 1.12 times in the retentate of UF process. The retention factors obtained for the proteins
are 0.9836 (for BSA) and 0.9981 (for IgG). The amount of protein in the UF permeate was too
little and negligible compared to the UF feed. NF process was conducted using the UF permeate
(which was conducted previously) as its feed solution. The VRF of 10 was achieved by NF
after approximately 5 hours of filtration time. Concentration factors (CF) of kinetin and zeatin
obtained using NF membrane (NF1) were around 2.25 and 3.0, respectively, while the retention
factor (RFf ) obtained for kinetin and zeatin was 0.9238 and 0.9511, respectively. The retention
of zeatin in this study was higher than that of kinetin using the membrane NF1. This can be
explained by the molecular structure of zeatin (Fig. 10.1). The reactive hydroxyl bond (–OH) in
the zeatin molecule can be readily combined with any reactive compounds within the coconut
solution. Hence, the sizes of compounds formed can be larger than the kinetin molecules itself.
As a result, more zeatin molecules can be retained by the NF membrane when compared to the
kinetin molecules. The concentration and retention factor results verified that the application of
UF and NF processes is a feasible technique to fractionate complex coconut solution to obtain
various value-added products.

10.3.3 Proximate analyses of samples produced

Table 10.3 displays the results of proximate analyses of the UF and NF samples from feed, retentate
and permeate streams. Through these analyses, the amount of protein, fat, carbohydrate, ash and
moisture content in every sample was reported in unit g/100 g or percentage. The moisture or water
content constituted the highest percentage in all analyzed samples. From the Table 10.3, it can
be clearly seen that the fat content only presents in the UF feed stream or the so-called skimmed
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Table 10.2. The volume reduction factors (VRF), concentration factors (CF) and retention factors (RFf )
of solutes in UF and NF processes, which were performed by PSF10 and NF1 membranes,
respectively.

Concentration factor (CF) Retention factor (RFf )

Process VRF BSA IgG Kinetin Zeatin BSA IgG Kinetin Zeatin

UF (PSF10) 2 1.116 1.118 – – 0.9836 0.9981 0.5400 0.0618
NF (NF1) 10 – – 2.25 3.00 – – 0.9238 0.9511

Table 10.3. Basic nutrient contents in UF and NF samples by proximate analysis.

Parameter, unit UF feed UF retentate UF permeate/NF feed NF retentate NF permeate

Protein [g/100 g] 2.1 6.5 0.2 0.3 0.2
Fat [g/100 g] 0.8 0 0 0 0
Carbohydrate [g/100 g] 4.5 3.5 2.9 2.7 1.3
Ash [g/100 g] 1.0 0.8 0.8 0.8 0.6
Moisture [g/100 g] 91.6 89.2 96.1 96.2 97.9
Energy [kJ/100 g] 142 79 50 50 25

coconut milk, with a concentration of about around 0.8%. From Table 10.3, the composition of
protein in the UF feed was about 2.1%.After the skimmed coconut milk is concentrated through UF
process, the concentration of protein was increased to 6.5% in the UF retentate stream. According
to the result obtained, there was only 0.2% of protein in the UF permeate. Water content is the
major constituent in all of the NF streams (retentate and permeate). Other constituents such as
protein, fat, carbohydrate and ash in NF samples were much lower in percentage than UF samples
except water content.

10.3.4 SDS-PAGE analysis

Gel-electrophoresis method using SDS-PAGE to determine the molecular weight of protein is
presented in Figure 10.4. The left lane indicates molecular marker (10–260 kDa), the middle lane
indicates the feed of UF and the right lane indicates the UF retentate. From the SDS-PAGE profile,
it is easy to observe that the protein bands presented in the UF feed were the same as the UF
retentate. But, the bands presented in the UF retentate showed higher intensity than UF feed. This
means that the concentration of protein fractions in the UF retentate were higher than the UF feed.
Thus, the concentration of coconut proteins through the employment of UF process was successful.
Four major bands ranging from 16 kDa to 150 kDa dominated the total protein composition in the
unreduced form. Kwon et al. (1996a) reported that the prominent bands belonged to albumin and
globulin proteins. The albumin and globulin fractions were the predominant protein fractions,
accounting for 60 and 30% of the total protein, respectively (Angelia et al., 2010; Samson et al.,
1971). In the previous study, the total coconut protein was found to have a similar pattern as
shown in Figure 10.4 (Kwon et al., 1996b). The coconut proteins are separated into four bands
which indicate that the protein molecular weights are greater than 150, 55, 34 and 17 kDa.

10.4 CONCLUSION

From the obtained results, it can be concluded that the utilization of ultrafiltration membrane
to concentrate the protein content in skimmed coconut milk can be successfully achieved with
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Figure 10.4. Different molecular weights of protein bands in the UF feed and UF retentate through SDS-
PAGE analysis.

high efficiency. The retention of major coconut proteins (BSA and IgG) can reach about 98–
99% using ultrafiltration membrane (PSF10). The stable permeate flux was obtained under batch
concentration with a volume reduction factor of 2 in UF process. The retention of zeatin (0.98)
was higher than that of kinetin (0.68) compound using NF1 membrane. SDS-PAGE result shows
4 major bands of protein fractions are found in a molecular weight range from 16 to 150 kDa, in
both of the UF feed and retentate. The intensity of protein fractions in UF retentate was higher
than that of the UF feed. The proposed fractionation technique appeared to be a feasible process
to obtain the desired compounds. In brief, the concentrated coconut protein and high-value added
biological products (kinetin and zeatin) can be successfully produced by the fractionation of
skimmed coconut milk using membrane technology.
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CHAPTER 11

Recovery of rubber from skim latex using membrane technology

Khairul Muis Mohamed Yusof, Jaya Kumar Veellu, Ahmad Jaril Asis, Zainan Abdullah,
Mohamed Kheireddine Aroua & Nik Meriam Nik Sulaiman

11.1 INTRODUCTION

Natural rubber field latex (NRFL) obtained from the Hevea brasiliensis tree remains one of the
most important agricultural products in Malaysia. There are two main types of natural rubber
processing factories in Malaysia, namely for the production of latex concentrate (NR latex)
and the Standard Malaysian Rubber (SMR). NR latex as an industrial raw material is supplied
as concentrated latex, where the dry rubber content (DRC) is about 60%. Currently there are
three main methods to concentrate the latex, namely centrifugation, creaming and evaporation.
Centrifugation is the most preferable method to concentrate NRFL into latex concentrate and
accounts for some 98% of the total concentrate produced in Malaysia (Cheng, 1988).

Natural rubber skim latex (NRSL) which contains about 3–5% DRC is discharged as waste
during centrifugation of NRFL into latex concentrate. It is well known in the industry that rubber
can be recovered from NRSL by coagulation using sulfuric acid. The recovered rubber is then
dried in the open before the rubber is sold as skim crepe rubber. However, the skim rubber obtained
from this coagulation method is of an inferior quality as it contains a high proportion of entrained
non-rubber constituents and acid content. The skim rubber also possesses undesirable physical
properties including the generation of obnoxious odor, leading to low economic value in skim
rubber. Furthermore, the method also produces highly acidic effluent which may cause pollution
to the environment if the effluent is not treated in a proper manner before being discharged to the
environment (Devaraj et al., 2003).

Studies by Devaraj (2004) and Devaraj et al. (2005) reported that membrane technology could
be an alternative method of concentrating NRFL into latex concentrate. In those studies, NRFL
with a DRC of 28% was concentrated to 50% using tubular cross flow ultrafiltration (UF) where
polymeric PVDF membranes were used. This method yields a clear serum which can be further
used for extraction of many valuable bio-chemicals such as proteins and carbohydrate sugar
(L-Quebrachitol) (Rhodes and Wiltshire, 1932). In another study by Devaraj and Zairossani
(2007) it was reported that using UF polymeric membrane (PVDF), the DRC of NRSL can be
increased from 5 to 30% but it takes more than 10 hours concentration process.

Polymeric membranes are known for their rapid fouling in presence of high solids content
of the feed and at high temperatures polymeric membranes are not able to operate (>50◦C). In
comparison to polymeric membranes, ceramic membranes are slower to foul and can be cleaned
using more extreme membrane cleaning methods (Panglisch, 2009). Moreover, the operating life
span of ceramic membrane is usually five times more than polymeric membrane thus enables
higher productivity (Panglisch, 2009). This study is focused on evaluating the use of ceramic
membrane (tubular and hollow fiber type) in concentrating NRSL and to study the effect of trans-
membrane pressure (TMP) on the concentration process and degree of concentration. A suitable
sequence of cleaning in place (CIP) procedure was established to regenerate the fouled ceramic
membrane. To the best of our knowledge, there is no study in the open literature on the evaluation
of ceramic membranes in concentrating NRSL.
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11.2 EXPERIMENTAL

11.2.1 Materials

The source of feed was NRSL and the samples were obtained from centrifugation process of NRFL
into latex concentrate at Sime Darby Plantation Latex Factory, Batu Anam, Johor, Malaysia. To
ensure the NRSL stability is maintained during UF concentration run, the latex was preserved
with ammonia and ammonium laureate.

11.2.2 Experimental design

Ceramic type ultrafiltration membranes which were commercially available were selected for this
evaluation with a range of suitable pore sizes. The schematic diagram of the system is shown in
Figure 11.1. Two types of ceramic membrane configuration were evaluated which were ceramic
multi-tubular (MT) and ceramic hollow fiber (HF) membranes. For both MT and HF membranes,
two pore sizes were evaluated. The membranes were thus coded as PMT1 (smaller pore size) and
PMT2 (larger pore size) for MT membranes, and PHF1 (smaller pore size) and PHF2 (larger pore
size) for HF membranes, respectively. Both membranes were mounted onto stainless steel housing
and connected to a diaphragm pump for circulation. Optimum TMP was identified by comparing
permeate flux at different preset TMPs for MT membrane and HF membrane. A different set of
CIP procedures and chemicals were evaluated to give maximum membrane recovery after the
concentration run.

11.2.3 NR skim latex concentration run

Membrane recovery was first determined before the start of any experiments. This was done by
comparing water flux of unused membrane with water flux measured after using the membrane.
Membrane recovery [%] is calculated by dividing the water flux of used membrane by that of
unused membrane. If the recovery is below 80% the membrane is considered fouled and has to be
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Figure 11.1. Schematic diagram of an ultrafiltration system.
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cleaned before run with NR skim latex. After water flux test was completed, 60 kg skim latex was
transferred into feed tank. The skim latex was pretreated with ammonia and ammonium laureate
to increase the stability. Samples were taken from the feed and tested for DRC, total solids content
(TSC), ammonia content, volatile fatty acid (VFA) number, and pH. The pretreated NR skim latex
was then fed into the membranes via diaphragm pump and the feed was allowed to be circulated
for 5 minutes before setting to pre-selected TMP. The system has to be stabilized so that the
membrane is fully soaked with the feed and compacted (Devaraj et al., 2003). The retentate was
recycled back into the feed tank. The permeate was diverted into a permeate tank with a digital
balance connected to a laptop. The permeate flow rate was recorded every 10 minutes.

After the retentate reached the desired concentration, the feed pump was stopped. A retentate
sample was taken for DRC, TSC, ammonia content, VFA, and pH analysis. The remaining latex in
the system was then drained off. The system was flushed with a sufficient amount of water until
there were no traces of latex in the system. The fouled membrane has to be cleaned with cleaning
chemical after each trial. The membrane was flushed with sodium hydroxide (NaOH) to remove
all organic foulants on the membrane surface. After flushing ends, water flux test was carried
out to determine the membrane recovery. If the recovery is below 80%, the membrane should be
soaked overnight in a cleaning solution (CS1) in a separate container.

11.3 RESULTS AND DISCUSSION

11.3.1 Optimum TMP for concentration process

The effect of TMP on permeate flux for both ceramic multi tubular and hollow fiber membrane is
shown in Figure 11.2 and Figure 11.3. The optimum TMP recorded for multi tubular membrane
and hollow fiber membrane is at TMP of 0.3 MPa (3 bar) and 0.15 MPa (1.5 bar), respectively.
Concentration process at lower pressure caused a decline in permeate flux. This is because the
driving force became less at the lower pressure. The cake layer formation is higher at low pressure
and feed flow rate (Devaraj et al., 2003; Devaraj and Zairossani, 2007). It was observed that
permeate flux drop when backpressure i.e. partially closed outlet valve is used to increase the
TMP of the system. This can be explained by concentration polarization effect to permeate flux.
At higher TMP due to backpressure, feed flow rate is reduced causing less shearing effect on
the membrane surface, which increases concentration polarization and subsequently reduces
permeate flux (Devaraj and Zairossani, 2007).
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Figure 11.2. Effect of trans-membrane pressure (TMP) on permeate flux – multi tubular membrane.
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Figure 11.4. Variation in permeate flux during natural rubber (NR) skim latex concentration process – multi
tubular membrane.

11.3.2 NR skim latex permeate flux profile

Comparison of flux versus time between two types of pore sizes PMT1 and PMT2 for MT
membrane is shown in Figure 11.4. A typical decline in permeate flux was observed for both
concentration run. An optimum TMP of 0.3 MPa (3 bar) was set throughout the process. MT with
pore size of PMT1 gives better flux with initial average flux of 130 L h−1 m−2 during the first 30
minutes concentration run as compared with PMT2 (83 L h−1 m−2). More obvious permeate flux
decline was recorded after 50% permeate removal. Average flux during last 30 minutes for PMT1
and PMT2 were 12 L h−1 m−2 and 23 L h−1 m−2, respectively. Average flux for the concentration
runs and the DRC are shown in Table 11.1. DRC for PMT1 increased from 3.9% for feed to 23.0%
for retentate and for PMT2 from 4.1% for feed to 24.7% for retentate after the concentration run.

The concentration trial for ceramic HF membrane was done at a constant TMP of 0.15 MPa
(1.5 bar). Ceramic HF membrane gave different permeate flux decline profile compared with MT
membrane as shown in Figure 11.5. The flux for PHF1 was maintained constant even after 7 hours
of concentration runs. However, the average flux recorded was 59.23 L h−1 m−2 and took longer
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Table 11.1. Membrane performance after natural rubber (NR) skim
latex run.

Membrane and Average flux Feed DRC Retentate DRC
pore size [L h−1 m−2] [%] [%]

PMT1 88.40 3.9 23.0
PMT2 62.20 4.1 24.7
PHF1 59.23 3.5 12.1
PHF2 64.38 3.7 13.8

DRC: dry rubber content.
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Figure 11.5. Variation in permeate flux during natural rubber (NR) skim latex concentration process –
hollow fiber membrane.

concentration time as compared with MT membrane. The DRC of the retentate was low. DRC for
PHF1 increased from 3.5% to 12.1%. Slight improvement was shown by PHF2 concentration run.
The flux remained constant during the initial 3.7 hours of concentration run and the flux started
to decline gradually towards the end of the run. The average flux recorded was 64.38 L h−1 m−2

and the DRC increased from 3.7 to 13.8%.

11.3.3 Membrane cleaning and flux recovery

NRSL has a narrow particle size distribution ranging from 0.2 to 0.6 µm with the mean value
of 0.5 µm (Devaraj et al., 2005). The smaller rubber particles of skim latex could contribute to
membrane fouling together with NR proteins which have a molecular weight ranging from 5 to
50 kD and could be the other membrane foulant (Devaraj et al., 2005).

From the study, flushing method is suitable to clean the fouled ceramic membrane compared
with backwashing method. The effects of cleaning chemical composition were investigated in this
chapter. Flushing with NaOH for a specified time followed by overnight soaking in a cleaning
solution (CS1) gave better membrane recovery with 88.9% improvement as compared with other
methods and chemicals Table 11.2.

11.4 CONCLUSION

A pretreated NRSL with ammonia and ammonium laureate was concentrated using ceramic type
membranes to a certain DRC with average flux of more than 50 L h−1 m−2. MT membrane with
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Table 11.2. Membrane cleaning procedures.

Recovery after Recovery after Improvement
concentration run [%] Cleaning procedure cleaning [%] [%]

7.3 Backwash with NaOH for X min 23.6 16.3
10.0 Backwash with cleaning solution (CS1) for X min 11.1 1.2
1.2 Flushing with cleaning solution (CS2) for Y min 3.6 2.4
3.4 Flushing with NaOH for Y min 44.7 41.3
4.2 Flushing with NaOH for X min 62.1 57.9
3.2 Flushing with NaOH for X min and overnight 92.1 88.9

soaking with cleaning solution (CS1)

Note: X , Y , CS1 and CS2 are proprietary information and cannot be disclosed.

pore size of PMT1 recorded higher average flux (88.4 L h−1 m−2) against HF membranes. The
optimum TMP for a maximum permeate flux for MT and HF membrane was recorded at 0.3 MPa
(3 bar) and 0.15 MPa (1.5 bar), respectively. A suitable cleaning protocol was established where
the fouled membrane was flushed with NaOH followed by overnight soaking with a cleaning
solution CS1 to achieve membrane recovery of more than 80%. More effective CIP procedures
need to be further studied to achieve shorter cleaning time thus increasing productivity. Future
studies need to focus on finding a suitable use of concentrated NRSL as value added raw material.
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CHAPTER 12

Application of membrane separation technology
for biodiesel processing

Mohammad Mahdi A. Shirazi, Ali Kargari, Ahmad Fauzi Ismail & Takeshi Matsuura

12.1 INTRODUCTION

Energy use has become a crucial concern in recent years due to a rapid increase in energy
consumption and worldwide demand in both developed and developing countries. In addition to
that, environmental issues such as climate change and global warming caused by utilization of
the conventional energy resources (i.e., petroleum, natural gas, coal etc.) have also highlighted
the necessity to search for alternative energies.

Currently, conventional energy sources constitute almost 80% of global energy consumption
(Hasheminejad et al., 2011). Consequently, renewable and clean energy resources such as wind,
solar, biomass, hydropower and geothermal as promising CO2-free alternatives are of grow-
ing interest and will play an important role in the world’s future (Kargari and Takht Ravanchi,
2012; Sanaeepur et al., 2014). Renewable energy resources, i.e. solar energy, wind energy and
geothermal sources, and bioenergy obtained by chemical conversion of biomass, can be used
to generate energy, either in thermal or electrical form, again and again. However, one of the
promising sources of renewable energies is bioenergy, or more specifically, biofuels (Noureddin
et al., 2014), including biogas, biodiesel, bioethanol, and biomass gasifier. It is to be noted that
among various biofuels, the biodiesel has gained more worldwide attention (Noureddin et al.,
2014).

Biodiesel, referred to as monoalkyl esters are alcohols of lower molecular weights (e.g. ethanol
and methanol) derived from vegetable oils and animal fats in the presence of catalysts (either
basic or acidic agents, or either homogeneous or heterogeneous catalysts). The biodiesel, as
a good alternative fuel for diesel engines has been gaining great importance worldwide for its
proper quality exhaust, sustainability and biodegrability (Sharma et al., 2008). Transesterification
reaction is the most used method for commercial biodiesel production (Helwani et al., 2009; Leung
et al., 2010). The use of homogeneous alkaline catalysts, i.e. mostly NaOH and KOH, provide
a higher reaction rate and conversion for the transesterification of triglycerides to biodiesel. The
problems of reversibility encountered in stepwise reactions to biodiesel production were overcome
using higher alcohol molar ratios to shift the reaction to completion (Noureddin et al., 2014).
However, it should be noted that this higher molar ratio and further amount of basic catalyst
will lead to higher soap generation which consequently leads to more complicated downstream
processing (Shirazi M.M.A. et al., 2013a).

Biodiesel generation was intended to mainly address the issue of fuel supply security; however,
recently, attention has been centered on the use of biodiesel for the transportation sector in order
to minimize the overall production of CO2 from petro-based fuels combustion (Salvi et al., 2013;
Rajasekar and Selvi, 2014). Moreover, biodiesel does not increase green-house gases (GHGs) in
the atmosphere due to its closed cycle. In other words, it is said to be carbon-neutral, as biodiesel
yielding plants take away more CO2 than that contributed to the atmosphere when used as source
of transportation energy. Table 12.1 summarizes the liquid biofuels consumption, i.e. biodiesel
and bioethanol, in the transportation sector, 2006–2012, for typical countries.

113
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Table 12.1. Biofuel, e.g. biodiesel and bioethanol, consumption in typical countries [TJ] (PBL Report,
2013).

Country 2006 2008 2010 2012

USA 473793 819755 1012973 1070660
Canada 5789 29306 51560 68520
Japan 400 500 1800 1800
Germany 144818 107561 123947 120873
UK 8029 33072 47202 37051
Brazil 270201 502514 588900 517495
China 42200 49188 50696 63217
India 5038 6191 7611 11736

Table 12.2. Physicochemical properties of biodiesel obtained from different types of oil (Atadashi et al.,
2011a).

Kinematic
viscosity LHV Cloud point Flash point Density Sulfur

Oil source [mm2 s−1] Cetane No. [MJ L−1] [◦C] [◦C] [kg L−1] [wt%]

Peanut 4.9 54 33.6 5 176 0.883 –
Soybean 4.5 45 33.5 1 178 0.885 –
Babassu 3.6 63 31.8 4 127 0.879 –
Palm 5.7 62 33.5 13 164 0.880 –
Sunflower 4.6 49 33.5 1 183 0.860 –
Rapeseed 4.2 51–59.7 32.8 – – 0.882 –

It is indicated in the literature that the higher heating values (HHVs) of biodiesels are relatively
high, and ranged from 39 to 41 MJ kg−1. These values are slightly lower when compared with
those of petro-based gasoline (i.e., 46 MJ kg−1), petro-diesel (i.e., 43 MJ kg−1) or petroleum
(42 MJ kg−1), but greater than coal (32–37 MJ kg−1) (Demirbas, 2009).

Biodiesel termed as clean fuel does not contain carcinogenic substances and its sulfur content
level is also lower than its content in petro-based diesel. The highly biodegradable potential of
biodiesel and its superb lubricating property as well, makes it to be an excellent fuel. Furthermore,
its similarities and renewability in physicochemical properties to mineral diesel, revealed its
potentials and practical usability as fuel for the replacement of petro-based diesel in the close
future. It is to be noted that a few other physicochemical properties of biodiesel are of great concern
and require to be enhanced to make it fit for use in clean form, i.e. 100% biodiesel. These properties
include among others; engine power, reduced emission of NOx, increased calorific value, and low
temperature properties improvement. Biodiesel decreases long term engine wear in compression
ignition engines, and the lubricant property of the biodiesel is about 66% better than mineral-
diesel (PBL Report, 2013). The oxidation stability of the biodiesel is also important to prevent
it from degradation when stored over time. Recently, biodiesel was found to be compatible in
blended form with mineral-diesel in the ratio 20 (biodiesel): 80 (mineral-diesel) (Chauhan et al.,
2013). Table 12.2 presents an overview of physicochemical properties of biodiesel obtained from
various types of oil.

It is to be noted that having a good and complete transesterification is not enough, and the
produced biodiesel should be purified for it contains impurities such as glycerol (i.e. the main
co-product in transesterification reaction), water, soap, excess catalyst and unreacted oil (Atadashi
et al., 2011a). Otherwise, it can cause serious damage to engines (Table 12.3).
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Table 12.3. Major drawbacks of contaminants of biodiesel for engine (Atadashi et al., 2011b).

Impurity Drawbacks

Glycerol Decantation, fuel tank bottom deposits, injector fouling, storage problem,
settling problems, and severity of engine durability problems

Water Reduces the heat of combustion, corrosion of system, failure of fuel pump,
formation of ice crystals, bacteriological growth, and pitting in the piston

Methanol Deterioration of natural rubber seals, lower flash points, lower viscosity, and corrosion
Soap/catalyst Pose corrosion problem, damage injectors, plugging of filters, and weakening of engine
Free fatty acids Less oxidation stability, corrosion of vital engine components
Glycerides Crystallization, turbidity, higher viscosity, and deposition at piston, valves and nozzles

A number of unit operations have been used to separate/purify crude biodiesel including
water washing, dry washing, and more recently membrane separation technology. In this chap-
ter, conventional biodiesel separation methods, as well as their advantages and disadvantages,
are reviewed. The chapter will be continued with emphasis on the most suitable practical and
environmental-friendly method for effective biodiesel production, i.e. membrane separation
technology.

12.2 CONVENTIONAL BIODIESEL REFINERY METHODS

After the completion of the transesterification reaction, biodiesel should be processed through
separation and then purification steps. The separation step may be carried out via gravitational
settling or centrifugation. The crude biodiesel is then refined (i.e., purified) and dried to meet
the stringent international standard specifications, which are shown in Table 12.4. Otherwise, the
impurities can reduce the biodiesel fuel quality and affect the engine’s performance. Due to the
soap formation in presence of NaOH and KOH when making biodiesel, the biodiesel refining is
complicated; however, a higher conversion yield could be achieved. As well, the dissolved soap
and methanol can act as co-solvent between the biodiesel and glycerol and consequently dissolve
a higher amount of glycerol in biodiesel, leading to decrease in biodiesel yield and its quality.

The first step usually employed to recover biodiesel after the transesterification reaction is
separation of crude biodiesel from the co-product, i.e. glycerol. Due to the density difference,
the phase separation of biodiesel-glycerol is fast. This density difference (i.e., ∼0.88 g cm−3 and
∼1.05 g cm−3 for biodiesel and glycerol, respectively) is sufficient to employ a simple gravity
separation step to separate the non-polar phase, i.e. biodiesel, from the polar phase, i.e. glycerol.
In other words, prior to any unit operations of biodiesel, the implementation of a pre-treatment
step in order to thoroughly separate biodiesel and glycerol is inevitable. Hence, the gravitational
settling pre-treatment could be applied as the first and simplest step immediately taken after
the completion of the transesterification reaction. Therefore, achieving faster decantation could
significantly contribute to reducing the overall biodiesel production costs.

Shirazi M.M.A. et al. (2013a) studied a simple but effective strategy to enhance the gravitational
settling of biodiesel-glycerol mixture. This idea is based on acceleration of glycerol decantation
through salt (i.e. NaCl) addition to the mixture of biodiesel-glycerol. It is to be noted that this
was the first attempt to enhance glycerol decantation though NaCl addition. In this work, after
the completion of the reaction, different NaCl quantities (i.e., 0, 0.5, 1, 3, 5 and 10 g) were
added to the mixture and the experiments were continued until equilibrium was reached inside
the decanting vessel, i.e. a measured cylinder. The equilibrium was defined as the condition in
which the interface between biodiesel (i.e., upper phase) and the glycerol (i.e., lower phase) did
not change. In this work, gas chromatography (GC), density measurement, interfacial tension
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Table 12.4. International biodiesel standard specifications (Atadashi et al., 2011b).

Properties Unit EN14214a ASTMb

Ester content % [m m−1] 96.5 –
Cetane – ≥51 >47
Flash point ◦C >101 >130
Water and sediment vol% 0.05 <0.05
Kinematic viscosity [at 40◦C] mm2 s−1 3.5–5 1.9–6.0
Sulfated ash % [m m−1] 0.02 0.02
Sulfur mg kg−1 ≤10 –
Carbon residue % [m m−1] – 0.05
Acid number mg KOH g−1 0.50 0.50
Triglyceride % [m m−1] 0.2 0.2
Free glycerin % [m m−1] 0.02 0.02
Total glycerin % [m m−1] 0.25 0.24
Phosphate content mass% 0.001 0.001
Methanol content % [m m−1] 0.2 –
Sodium/potassium mg L−1 5 5

aEN 14214: European Standard for requirements and test methods for FAME, a common biodiesel type.
bASTM: American Society for Testing and Materials.

(IFT) and ion chromatography (IC) were used to analyze the biodiesel and glycerol phases and
decantation behavior (Shirazi M.M.A. et al., 2013a).

The authors discussed the phase separation mechanism in the biodiesel-glycerol system, which
is simultaneous coalescing and settling (counter-current motion) of glycerol droplets in the con-
tinuous biodiesel phase. Figure 12.1 shows the effect of NaCl addition on the decantation time.
As can be observed, NaCl addition led to faster glycerol settling and consequently decreased res-
idence time in the pre-treatment step, which eventually contributed to decreased operating time
and production costs. However, they concluded that higher quantities of salt, although leading to
lower decantation time, cannot lead to the best efficiency. In better words, a higher amount of
NaCl can decrease the decantation time; however, it may decrease the methyl ester yield. There-
fore, the authors concluded that the 1 g is the most efficient quantity of NaCl to be added which
accelerated the decantation process by 100%. (Shirazi M.M.A et al., 2013a).

As mentioned earlier, the transesterification is the most common method which is carried
out in the presence of a basic catalyst (such as KOH) and an alcohol (such as methanol). To
complete a transesterification reaction stoichiometrically, a 3:1 M ratio of methanol to triglyc-
erides is needed. Nevertheless, due to the reversible nature of the reaction, significantly excessive
methanol is usually considered to shift the reaction toward the product side. (Atadashi et al., 2013;
Talebian-Kiakalaieh et al., 2013). Therefore, the presence of excess methanol, besides existing
residual catalyst and thermal energy, can affect the phase separation of biodiesel-glycerol mix-
ture. Noureddin et al. (2014) studied the interactive effects of prominent parameters including
temperature, NaCl addition and methanol concentration on the decantation behavior of biodiesel-
glycerol mixture using Box-Behnken design matrix and response surface methodology (RSM).
The obtained results revealed that in low temperature ranges, the major parameter influencing
decantation speed was density difference, while at higher range of temperatures, viscosity varia-
tion played the main role. The authors concluded that at optimum conditions, i.e. temperature of
45◦C, 1 g NaCl addition and 20% excess methanol, the decantation time decreased by 200%, and
the methyl ester yield at such conditions was measured at >90% (Sharma et al., 2008).

The next step in biodiesel refining, i.e. after gravitation settling, is the purification step.
There are two major conventional methods for this step, including wet-washing and dry-washing
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Figure 12.1. The effect of NaCl addition on the decantation time of glycerol in continues biodiesel phase
(Shirazi M.M.A. et al., 2013a).

methods. It is to be noted that the main objective of the purification step, either wet-washing or
dry-washing, is to remove glycerol, soap, excess alcohol, residual catalyst, and other impurities.

Water-washing, which is a type of wet-washing, is generally carried out to remove the above-
mentioned impurities. In this process, distilled water, deionized water, or even tap water can
be used to remove contaminants from biodiesel (Atadashi et al., 2011a). In the water-washing
process, water at 60–80◦C will be well mixed with biodiesel and after some time of agitation
will be allowed to settle and then heated to evaporate residual water. This is the most conven-
tional method that has been used for biodiesel purification. Besides its advantages, there are
two major disadvantages for the water-washing of biodiesel. The first one is a large amount of
water consumption, i.e. 3–10 L fresh water per 1 L of biodiesel (Atadashi et al., 2011a; 2011b;
2013; Talebian-Kiakalaieh et al., 2013), which is a drawback due to the limited availability of
fresh water resources (Shirazi et al., 2012). Furthermore, higher water consumption can produce
large amount of highly polluted saponified wastewater with high level of COD, BOD, TDS and
TSS values (Atadashi et al., 2011b). For example, in our laboratory (MPRL), we measured the
35,600 mg O2 L−1 for COD, 30500 mg O2 L−1 for BOD, 840 mg L−1 for TDS and 440 mg L−1

for TSS, respectively, for a biodiesel water-washing wastewater. Therefore, one of the today’s
most challenging and also neglected aspects of conventional biodiesel production with water-
washing downstream processing is the high volume of this highly polluting saponified effluent.
If this is not addressed properly and given the increasing volume of biodiesel produced globally,
such issues could severely jeopardize the supposedly clean and environmental-friendly nature of
biodiesel. In this regards, we, in MPRL, are working on possibility of membrane-based treatment
of water-washing biodiesel.

Further to water, the biodiesel could be washed by acid. Acid is added to biodiesel and the
co-product, i.e. glycerol, to neutralize the basic agents, e.g. catalyst and decompose the soap
formed. This process is followed with water-washing to purify biodiesel from contaminants. Vari-
ous acids could be used in this procedure. For example, Sharma and Singh (2009) studied washing
biodiesel with 10% phosphoric acid (H3PO4) through bubble wash technique after decantation
step. The process is followed by further water-washing using hot distilled water. The authors indi-
cated that using the mentioned procedure, pure biodiesel with meeting international standard was



118 M.M.A. Shirazi et al.

obtained (Sharma and Singh, 2009). Cayli and Kusefoglu (2008) studied biodiesel wet-washing
using water and acid solution, i.e. hot water at 70◦C and 5% H3PO4 at 50◦C. The authors dried
the biodiesel layer in a vacuum and checked with ceric ammonium nitrate reagent for glycerol
removal. It is to be noted that water content has to be reduced to a limit of 0.05% (v/v) to meet the
ASTM D6751 standard specification. Organic solvents such as petroleum-ether also have been
used to refine biodiesel. This process is usually followed with the use of large amount of hot water
to remove residual soap and catalyst (Cayli and Kusefoglu, 2008). Therefore, the weak point of
wastewater generation still exists.

The dry-washing method commonly used to refine crude biodiesel is usually achieved through
the use of silicates (e.g. Magnesol or Trisyl), ion-exchange resins (e.g. Amberlite or Purolite),
cellulosic, and activated carbon and fibers. These adsorbents consist of acidic and basic sites
and have strong affinity for polar compounds such as methanol, glycerides, soap and glycerol.
This method, i.e. dry-washing, is followed with the use of a filtration step to remove adsorbents.
Dry-washing is usually carried out at temperature of 60◦C and is mostly completed within 30 min
(Atadashi et al., 2011a; Atadashi et al., 2011b). This process has the ability to lower the amount
of glycerides and total glycerol to a reasonable level. Comparing to wet-washing, this method has
the advantage of being waterless, has strong affinity to polar compounds and no liquid wastewater
stream. However, using a large amount of adsorbent, an extra regeneration step for adsorbents,
and limited adsorbing capacity are some of the weak points of the dry-washing method.

12.3 MEMBRANE-BASED BIODIESEL REFINERY

12.3.1 What is a membrane?

Fundamentally, membranes are semi-permeable barriers that separate different species of solu-
tion by allowing restricted passage of some components of a stream in a selective manner (Takht
Ravanchi et al., 2009). A membrane can be homogenous or heterogeneous, symmetric or asym-
metric in structure (Hosseinkhani et al., 2014; Mirtalebi et al., 2014; Shirazi et al., 2015), solid
or liquid (Kazemi et al., 2013; Madaeni et al., 2008), and carry a positive or negative charge or
be neutral or bipolar (Mohammadi et al., 2015). Transport through a membrane could be affected
by either convection or diffusion of individual molecules, induced by an electric field or concen-
tration, pressure or temperature gradient (Lau and Ismail, 2009). Takht-Ravanchi et al. (2009)
tabulated various membrane processes and their various aspects, comprehensively. It is worth
quoting that most of the commercially available membranes are made of polymers and inorganic
materials (Khulbe et al., 2010), such as ceramics (Kim and Van der Bruggen, 2010), carbon and
zeolites (Feng et al., 2015; Salleh and Ismail, 2015). Table 12.5 presents a comparative overview
of polymeric and inorganic membranes.

Membrane processes are well-established technologies in water/wastewater treatment (Shirazi
M.J.A. et al., 2013; Shirazi M.M.A. et al., 2013b), desalination (Lee et al., 2011; Shirazi M.M.A.
et al., 2014), biorefinery (Shuit et al., 2012), gas separation (Rezakazemi et al., 2014), and etc.
However, commercial applications of membranes and membrane processes are mostly limited to
liquid filtration and relatively inert gas separation. Hence, the application of membrane processes
to refine new feed streams, i.e. mostly non-aqueous fluids, is an emerging scope in technology
of membranes. One of such emerging fields is biodiesel refining.

12.3.2 Membrane-based biodiesel processing

Application of membranes and membrane processes for biodiesel processing is usually designed
in two categories, e.g. the membrane reactor to transesterify fats and lipids to biodiesel, and the
separative membrane to purify the crude biodiesel from its impurities (Table 12.3).

A membrane reactor (MR) is also known as a membrane-based reactive separator. In other
words, a MR is defined as a device that combines reaction and separation in a single unit
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Table 12.5. A comparative overview of polymeric and inorganic membranes.

Membrane Advantages Disadvantages Applications Current status

Polymeric – Cheap
– Good quality control
– Flexibility in fabrication
– High structural integrity

– Weak structure
– Sensitive to pH,

temperature and harsh
environment

– Prone to denature
– Short life

– Water/wastewater
treatment

– Gas separation
– Biorefinery

Wide
applications,
specifically
mature in
liquid filtration

Inorganic – High thermal stability
– Non-sensitive to pH and

harsh environment
– Long term durability

– Brittle
– Expensive

– Water/wastewater
treatment

– Biorefinery

Small scale
applications

(Shuit et al., 2012). Development of MRs and their successful application for producing biodiesel
have renewed the strong interest to develop alternative fuel to replace petro-diesel fuel. MRs can
serve different purposes such as intensify the contact between reactants and catalysts, selectively
remove the products from the reaction mixture, and control the addition of reactants to the mixture
(Andric et al., 2010). It is to be noted that MRs can be employed to avoid the equilibrium conver-
sion limits of conventional reactors. Moreover, the MRs can efficiently improve the maximum
achievable conversion of reversible reactions (Sanaeepour et al., 2012). Besides, MRs provide
the potential of higher selectivities and/or yields in many different processes as well as being
safe and more environmentally friendly (Rios et al., 2004; Uemiya, 2004). Various aspects of
biodiesel production using MRs by examining the fundamental concepts of the membrane reactor
technology and relevant operating conditions are reviewed by Shuit et al. (2012). However, in
this chapter the application of selective membranes and related processes to refine biodiesel is
discussed and investigated.

12.3.3 Membrane experiments for biodiesel refining

Wang et al. (2009) studied the application of ceramic membrane (Pall Membrane Co., USA) with
various pore sizes, i.e. 0.6, 0.2 and 0.1 µm to remove the residual soap and free glycerol from
crude biodiesel. In this work, refined palm oil-methanol (MeOH) (6:1 mol/mol) and potassium
hydroxide (KOH, 1.2 wt%) were used to produce biodiesel through the transesterification reaction.
In this work, a ceramic membrane tube (outer diameter (OD): 26 mm, inner diameter (ID): 25 mm)
with 19 channels of diameter of 3 mm giving a filtration area of 0.045 m2 was used for the
experiments. In order to select a suitable membrane, first, the particle size distribution of crude
biodiesel was analyzed by zeta-potential analyzer (at 25◦C), and the mean diameter of particles was
recorded as a reference for selection of suitable membrane. A known amount of crude biodiesel
sample was cross-filtrated by all membranes at the pressure of 0.15 MPa and temperature of 60◦C.
The initial flux permeate, defined as the flux of permeate (at first 3 min) was recorded and the
permeate samples were analyzed for the content of potassium, sodium, calcium, magnesium and
free glycerol. Table 12.6 presents the impurities content of permeate samples for each applied
membrane. Then, the most suitable membrane, i.e. microfilter membrane with 0.1 µm pore size
(at various feed pressures between 0.05 and 0.20 MPa and temperatures of 30 and 70◦C) was used
for the next experiments (Wang et al., 2009).

In this work, the authors concluded that due to the immiscibility of free glycerol and biodiesel
and also the surface activity of soap, the soap existed in the form of reversed micelle which
was very similar to the form of phospholipids in the hexane miscella, the size of which was
larger than a single molecule. Moreover, most of the impurities such as residual catalysts are
soluble in the glycerol, and the glycerol droplets and hydrophilic ends of soaps can form larger
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Table 12.6. Contents of impurities in the permeate samples and the control sample (Wang et al., 2009).

Metals [mg kg−1]

Samples K+ Na+ Ca2+ Mg2+ Free glycerol [wt%] Flux [L m−2 h−1]

Feed 160 8.98 1.45 0.33 0.261 –
Pa of 0.6 µm 4.25 0.68 0.70 0.25 0.0276 675
P of 0.2 µm 2.20 0.88 0.55 0.26 0.0257 480
P of 0.1 µm 1.7 1.36 0.95 0.15 0.0152 360
Controlb 2.46 1.41 0.64 0.18 0.017 –

aP: Permeate.
bWater-washed biodiesel sample.
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Figure 12.2. Mechanism of separation of contaminants from crude biodiesel using microfiltration (Wang
et al., 2009).

micelles with mean size of 2.21 µm, based on zeta-potential analyzer. Therefore, such large
molecules are easier to be removed by the microfilters. Figure 12.2 presents the hypothesis of the
above-mentioned mechanism for contaminant removal ;using membrane separation technology
from crude biodiesel. In this work, the authors concluded that using membrane to refine crude
biodiesel showed the advantage of no wastewater generation compared to the conventional water-
washing one, and methanol, due to its good solubility in both polar and non-polar phases was the
right agent for membrane cleaning (Wang et al., 2009).

In another work, Gomes et al. (2010) studied on the performance of ceramic membranes which
they used for glycerol removal from crude biodiesel. In this work, three different tubular-type
ceramic membranes made of α-Al2O3/TiO2 with 250 mm length, 7 mm diameter and 0.005 m2

filtration area and with pore sizes of 0.2, 0.4 and 0.8 µm were used for experiments under various
operating pressures, i.e. 0.1 to 0.3 MPa. A commercial MF-UF experimental filtration set-up
(Fig. 12.3) was used in this work. The authors used a synthetic sample of mixture of biodiesel,
glycerol and methanol. The total MF process time, approximately 2 h and under constant temper-
ature (60◦C), was determined to enable stabilization flux in all experiments. Figure 12.4a shows
the permeate flux versus filtration time for the 0.2-µm membrane and the three corresponding
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Figure 12.3. General scheme of the experimental set-up in Gomes et al. (2010) work.

pressures. As could be observed, at 0.1 MPa this membrane gave the lowest stabilized permeate
flux, i.e. ∼12 kg h−1 m−2, which is six-fold smaller than the highest value obtained during exper-
iments. However, this condition resulted in the largest glycerol rejection, i.e. 99.6%. The 0.4-µm
membrane gave the highest permeate fluxes for all the operating pressures (Fig. 12.4b) when
compared to the other membranes. The highest stabilized permeate flux of this membrane was
∼83 kg h−1 m−2 at 0.2 MPa. In this condition, 99.3% glycerol rejection was achieved. Despite
the initial high permeate fluxes for 0.8-µm membrane, as could be observed in Figure 12.4c, it
presented the largest permeate flux reduction. The authors concluded that this was due to higher
fouling effect when the membrane pore size is large (Gomes et al., 2010).

As mentioned earlier, during transesterification reaction an alcohol should be used. As the
applied alcohol can act as the co-solvent between the polar phase (glycerol) and the non-polar
phase (biodiesel), the concentration of excess alcohol in the final mixture can affect the glycerol
separation. In this work, authors also studied the effect of ethanol concentration, i.e. 5, 10 and
20% on the permeate flux and glycerol rejection. Results, as shown in Figure 12.4d, indicated that
the highest ethanol concentration in the initial mixture afforded high initial fluxes; however, its
flux decrease rate was the greatest. The authors indicated that the ethanol concentration affected
the glycerol droplet size distribution, since the same operating pressure, the glycerol content in the
permeate for a higher ethanol concentration was over four-fold that for a lower concentration. The
best performance in this work was that the membrane with pore size of 0.2 µm at 0.2 MPa and
with 99.4% glycerol rejection. Moreover, the concentration of excess alcohol can significantly
affect the microfiltration performance (Gomes et al., 2010).

Recently, Alves et al. (2013) studied comparatively the performance of water-washing and
micro/ultrafiltration processes for biodiesel purification. In this work, the authors used poly-
meric membranes made of mixed cellulose esters (MCE, with 0.22 and 0.30 µm pore sizes) and
polyethersulfone (PES, with 10 and 30 kDa nominal MWCO) for experiments through a dead-
end apparatus. As a novel strategy, the authors added water to the crude biodiesel sample at
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Table 12.7. Characterization of crude and water-washed biodiesel inAlves
et al. (2013) work.

Biodiesel sample

Parameter Unit Crude Washed

Density kg m−3 880 880
Kinematic viscosity mm2 s−1 5 5
Water content mg L−1 525.4 1026.2
Acid value mgKOH g−1 0.08 0.14
Saponification value mgKOH g−1 191.5 179.2
Amount of soap gsoap g−1

sample 2.6 × 10−3 –
Free glycerol % (wt wt−1) 0.029 0.007

concentrations of 0.1 and 0.2 wt%. Deionized water was mixed with the crude biodiesel using a
magnet stirrer for 1 h at ambient temperature prior to the filtration experiments. At first step, i.e.
after transesterification reaction and the settling process to separate biodiesel-glycerol mixture,
the crude biodiesel and the water-washed sample were characterized, as shown in Table 12.7. As
could be observed, water-washing did not change density and viscosity values of crude biodiesel.
According to international standards, the limit for water content in biodiesel is 500 mg L−1; how-
ever, obviously water-washing increased the water content and water-washed biodiesel has more
water than the limit allowed by the legislation. This behavior can be associated with the interaction
between mono and diglycerides molecules and water, since water solubility in the ester phase is
very small. It is to be noted that the mono and diglycerides, left from an incomplete reaction, can
act as an emulsifier, allowing the water to be mixed with the biodiesel. For the first step, the authors
concluded that except for the water content, all the other analyzed parameters of the water-washed
biodiesel are in accordance the limits imposed by international standards. However, as mentioned
earlier, the generation of highly polluted wastewater should be noted (Alves et al., 2013).

Figure 12.5 shows the obtained permeate flux of biodiesel through the MF membranes at
0.1 and 0.2 MPa. As could be observed, a flux decline is in the first 2 min of operation for the
0.22-µm membrane (Fig. 12.5a). However, for the 0.33-µm membrane steady declines are
observed (Fig. 12.5b) for 1 and 5 min at 0.1 and 0.2 MPa of operating pressure, respectively.
The stabilized flux is greater at 0.2 MPa than at 0.1 MPa, showing that greater operating pres-
sure enables greater fluxes within the analyzed pressure range. Ultrafiltration tests were carried
out under constant operating pressure of 0.4 MPa, using 10 and 30 kDa membranes. Besides the
higher pressure, the flux with UF membranes was smaller than with the MF ones and a less
pronounced flux decline was observed in this case (Alves et al., 2013).

The physico-chemical characteristics of permeate samples showed that the filtration process,
either MF or UF, did not change the density and the viscosity of biodiesel. Moreover, the results
of this work show that the applied membranes were not able to remove the excess catalyst and
free acid content of crude biodiesel. Only the UF membrane of 30 kDa (at 0.4 MPa) was not able
to reduce the amount of soap and free glycerol content detected in the crude biodiesel sample.
Hence, an additional test was carried out with the same membrane (i.e. 30 kDa) at 0.3 MPa
operating pressure. The authors indicated that this reduction in the applied pressure increased
the membrane performance for biodiesel refining. However, the 30 kDa membrane did not show
promising values for biodiesel separation. It could be probably due to the more open pore size in
comparison with 10 kDa membrane. The operating pressure in MF experiments did not change
the biodiesel quality. Regarding the free glycerol content, only the 10-kDa membrane was able
to reduce the glycerol content according to the international legislation limit for biodiesel, i.e.
less than 0.02 wt% (Table 12.8). The authors confirmed these results by gas chromatography
(GC) analysis. Results indicated that UF process with the 10 kDa membrane is able to reduce the
glycerol content to the desired level, as mentioned above (Alves et al., 2013).
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Figure 12.5. Permeate flux of biodiesel at 0.1 and 0.2 MPa of operating pressures via MF membranes of
0.22 µm (a) and 0.30 µm (b) pore size, in Alves et al. (2013) work.

In this work, the authors carried out further filtrations using the 10-kDa membrane and adding
water to the crude biodiesel sample prior to the experiment. According to the obtained results,
water addition reduced the stabilized flux; however, a higher rejection of free glycerol was
achieved. In other words, with water addition decrease in flux was associated with higher rejec-
tions. This higher glycerol rejection can be explained by the fact that glycerol and water, which
are completely soluble, formed an immiscible phase with the biodiesel phase. The molecules of
water joined to glycerol and these larger molecules were unable to pass through the membrane
pores. However, the authors reported that with increase the filtration time, the glycerol content
of the permeate phase increased. This was due to the dead-end configuration of experimental
apparatus. Therefore, it could be concluded that such module configuration, i.e. dead-end, is not
suitable for biodiesel refining (Alves et al., 2013).

In the Saleh et al. (2010) work, a polymeric UF membrane (100 kDa) made of polyacrylonitrile
(PAN) was used for glycerol removal from biodiesel samples, which was prepared by transes-
terification of canola oil and methanol. In this work, the effect of different materials present in
the reaction, e.g. soap, water and methanol, on the final glycerol content was studied. Oper-
ating conditions were set at 25◦C temperature and 0.552 MPa pressure for all tests conducted.
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Table 12.8. Characterization of permeate samples after filtering biodiesel in Alves et al. (2013) work.

Parameter

Soap Free glycerol
Experiment [10−3 gsoap g−1

sample] [%wt wt−1]

0.22 µm at 0.1 MPa 1.3 0.022
0.22 µm at 0.2 MPa 1.3 0.025
0.3 µm at 0.1 MPa 1.6 0.026
0.3 µm at 0.2 MPa 1.6 0.026
10 kDa at 0.4 MPa 1.0 0.020
30 kDa at 0.4 MPa 2.7 0.031
30 kDa at 0.3 MPa 2.4 0.029

Table 12.9. Free glycerol in the permeate and retentate samples after UF process in Saleh et al. (2010)
work.

Free glycerol [mass%] at 25◦C and 0.552 MPa

FAME + 1%
soap + 1% FAME + 1%

FAME+ FAME + FAME + FAME + methanol + soap +
Time FAME 0.06% 0.1% 0.2% 1% FAME + 1% 0.06% 0.06%
[min] only water water water soap methanol water water

Feed 0.037 0.036 0.032 0.040 0.029 0.039 0.047 0.030
Permeate 15 0.027 0.030 0.020 0.013 0.025 0.031 0.041 0.021

30 0.027 0.029 0.018 0.012 0.029 0.035 0.038 0.020
60 0.032 0.028 0.017 0.013 0.028 0.033 0.038 0.020
120 0.032 0.028 0.017 0.014 0.029 0.031 0.041 0.020
180 0.033 0.027 0.017 0.013 0.030 0.031 0.040 0.018

Retentate 15 0.037 0.039 0.033 0.045 0.029 0.037 0.043 0.025
30 0.037 0.040 0.034 0.037 0.032 0.037 0.042 0.025
60 0.036 0.040 0.034 0.036 0.032 0.036 0.040 0.026
120 0.034 0.041 0.032 0.034 0.029 0.034 0.043 0.028
180 0.034 0.039 0.035 0.035 0.032 0.034 0.041 0.031

The authors characterized the samples of feed, permeate and retentate for the glycerol content
using CG method based on the ASTM D6584 standard (Table 12.9). Results of this work showed
low concentrations of water had considerable effect on glycerol rejection from crude biodiesel,
even at approximately 0.08 mass%. It is to be noted that this is 4 orders of magnitude less than
the amount of water required in a conventional water-washing process. The authors suggested
that the separation mechanism for free glycerol was due to the removal of an ultrafine dispersed
glycerol-rich phase present in the crude biodiesel. This hypothesis was confirmed by the presence
of particulates in the crude biodiesel. The size of the particles and the free glycerol separation
both increased with increase the water content (mass%) of the crude biodiesel phase. In this
work, the results indicated that the trends of separation and particle size versus water content in
biodiesel phase were very similar and exhibited a sudden increase to 0.08 wt% water in the crude
biodiesel. This hypothesis supports the conclusion in this work that water increased the size of
the distributed glycerol droplets in the crude biodiesel leading to its separation by UF membrane.
The authors finally concluded that the technology for biodiesel refining, i.e. UF process, was
found to use 2.0 g of water per 1 L of treated biodiesel versus the current 10 L of water per 1 L of
treated biodiesel in water-washing (Saleh et al., 2010).
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Figure 12.6. Permeate flux vs. filtration time at various operating pressures and 50◦C feed temperature for
20% acidified water content, (a) for 0.1-µm and (b) 0.05-µm membranes, in Gomes et al.
(2013) work.

As mentioned earlier, during the transesterification, a basic catalyst (usually KOH) is used for
reaction, therefore, the final mixtures, e.g. the polar and non-polar phases, are basic. Therefore,
using acidified water can be effective in membrane-based refining of biodiesel. Gomes et al.
(2013) studied the effect of acidified water addition to the crude biodiesel (produced by ethyl
transesterification of degummed soybean oil) on the glycerol removal efficiency. Experiments
were carried out using MF (0.2, 0.1 µm and 0.05 µm) and UF (20 kDa) membranes made of
α-Al2O3/TiO2. Experimental conditions in this work were set on 0.1, 0.2 and 0.3 MPa trans-
membrane pressures, 50◦C feed temperature, and acidified-water content of 10, 20 and 30%.
Figure 12.6 presents the behavior of permeation flux vs. filtration time for 0.1-µm and 0.05-µm
membranes at various trans-membrane pressures for 20% acidified water content in the feed
stream. The main characteristic observed in this curve and for these membranes is the sharp
drop in the permeate flux with the MF membranes under 0.2 and 0.3 MPa pressures. The authors
indicated that with the UF membrane (i.e. 20 kDa), this behavior was observed for the three
applied pressures. The highest initial flux for the 0.2-µm membrane was achieved at 0.2 MPa. As
this membrane had larger pore size, the highest pressure promotes a greater ease of pore clogging
by glycerol agglomerates that are retained, so that under 0.3 MPa pressure the initial permeate
flux was lower than under 0.2 MPa. Under 0.1 MPa, no sharp reduction was verified and the flux,
although low, remained almost constant throughout the operation. The authors concluded that for
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Figure 12.7. Permeate flux vs. filtration time at various operating pressures and 50◦C feed temperature
for 10% acidified water content, (a) for 0.1-µm and (b) 20 kDa membranes, in Gomes et al.
(2013) work.

membrane-based biodiesel refining using MF membranes, microfiltration depends more on the
aqueous phase retained on the membrane surface accumulates, and provides an extra resistance
responsible for the significant flux reduction (Gomes et al., 2013).

With the membranes of 0.1 and 0.05 µm (Fig. 12.6) a similar flux was observed under 0.2 and
0.3 MPa pressures. In the highest pressure value, the initial flux was quite high, presenting a great
reduction of flux before the sharp drop. Under 0.2 MPa, although the flux has remained constant
for about half the time of operation, the drop also occurred. Results of this work indicated that
besides the dependence on the pressure, the compression also depends on the concentration of the
aqueous phase in the feed stream, since when the initial flux is very high, the reduction in the flux
has occurred at an earlier filtration time (Gomes et al., 2013). With the 0.05-µm membrane and
pressure of 0.1 MPa (Fig. 12.6b) the flux remained constant at a relatively high value during most
of the filtration. The authors concluded that as the difference between the retained agglomerates
and the membrane pore size is greater, the pore clogging is more difficult and the fouling is lower.
Also, the filtration behavior of 0.1-µm and 20 kDa membranes in the presence of 10% acidified
water in the feed stream and under various operating pressures, i.e. 0.1, 0.2 and 0.3 MPa, and
at 50◦C feed temperature is presented in Figure 12.7. Finally, the authors concluded that the UF
membranes, i.e. 0.05-µm and 20 kDa, under 0.1 MPa pressure promoted permeate flux above



128 M.M.A. Shirazi et al.

Table 12.10. SEM images of electrospun nano-fibrous polystyrene filters before and after thermal
treating, in Shirazi M.J.A. et al. (2014) work.
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60 kg h−1 m−2 and glycerol content in the permeate lower than 0.02%, being thus selected as the
most appropriate for biodiesel refining (Gomes et al., 2013).

12.3.4 Other membrane applications for biodiesel processing

Further to above mentioned applications, i.e. biodiesel refinery, membrane processes also can
be used for other subjects related to biodiesel processing. Shirazi M.J.A. et al. (2014) studied
the possibility of a new and low cost source for biodiesel production, i.e. edible oil mill effluent.
The authors investigated the application of membrane-based coalescing filtration for separation
of edible oil and water emulsion. In this work, electrospun nano-fibrous filters were used for
filtration process. The novelty of this work is focused on a simple and versatile surface treatment
method, i.e. thermal treatment, to improve the filtration efficiency of electrospun polystyrene
filters (Table 12.10). Results indicated that thermal treatment of electrospun nano-fibrous fil-
ters significantly had affected the edible oil separation through coalescing phenomenon (Shirazi
M.J.A. et al., 2014).
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Table 12.11. Electrospinning conditions investigated in the Shirazi M.M.A. et al. (2013b) work.

Polymer Polystyrene, 190000 Mw
Solvent N , N -dimethylformamide (DMF), 99.9%
Polymer/solvent concentration 20 wt%
High voltage 18 kV
Needle Stainless steel, 18 gauge
Tip-collector distance 17 cm
Injection flow rate 0.1 mL min−1

Time 30 min
Humidity 25–30%
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Figure 12.8. Pore size distribution and fibers’ diameter of electrospun MF membranes in Shirazi M.M.A.
et al. (2013b) work.

As mentioned earlier, water-washing has been proved to meet the international standard spec-
ifications laid out for biodiesel and is conventionally used in most biodiesel plants around the
world. However, it gives rise to higher water consumption and consequently a high amount of
wastewater with high values of BOD and COD. Hence, purification of this environmentally-
hazardous wastewater should be taken into serious consideration (Shirazi M.J.A. et al., 2014). In
another work, Shirazi M.M.A. et al. (2013b) studied the microfiltration of water-washing efflu-
ent generated during biodiesel purification through wet-washing by fresh water. In this work,
two electrospun nano-fibrous membranes made of polystyrene were used for MF experiments
through a dead-end module. Table 12.11 shows the electrospinning conditions in this work. Also,
thermal treatment through contact heating was used for surface modification of electrospun MF
membranes. At the first step, the authors characterized the as-spun microporous membranes using
scanning electron (SEM) and atomic force (AFM) microscopes. The results of characterization
for pore size distribution as well as fibers’ diameter are presented in Figure 12.8. As could be
observed, thermal treatment led to an increase in the fiber diameters, through merging smaller
fibers, and a decrease in the mean pore size, respectively. Moreover, AFM analysis showed
that smoother surface was achieved after contact heating of electrospun membrane. In the next
step, these membranes were used for treatment of wastewater generated through biodiesel water-
washing. Results of the MF process are shown in Table 12.12. As could be observed, the novel
MF membranes could effectively be used for reduction of polluting capacity of water-washing
effluent. In the case of BOD and COD, the values decreased from 170 and 445 mg O2 L−1 to
125 and 184 mg O2 L−1, and 77 and 112 mg O2 L−1 for M1 and M2 membranes, respectively.
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Table 12.12. Characteristics of biodiesel wash water effluent, (A) raw wastewater sample, (B) filtrated
using M1 membrane (before thermal treatment), and (C) filtrated using M2 membrane (after
thermal treatment), in Shirazi M.M.A. et al. (2013b) work.

Sample COD [mg O2 L−1] BOD [mg O2 L−1] TS [mg L−1] TDS [mg L−1] TSS [mg L−1]

A 445 170 740 700 40
B 184 125 60 40 20
C 112 77 56 28 28

COD: Chemical oxygen demand.
BOD: Biological oxygen demand.
TS: Total solids.
TDS: Total dissolved solid.
TSS: Total suspended solid.

A large agglomer

Dispersed biodiesel droplets

Dispersed glycerol
droplets

Microporous
membrane

Figure 12.9. General scheme of the proposed mechanism involved in the treatment of saponified wastewater
in biodiesel water-washing process, investigated in Shirazi M.M.A. et al. (2013b) work.

These results, i.e. proposed mechanism for treatment of biodiesel wastewater using electrospun
membranes, could be explained as follows (Shirazi M.M.A. et al., 2013b).

Biodiesel wastewater contains various impurities such as soap, glycerol, catalyst residue,
alcohol and unreacted oil. Moreover, biodiesel droplets could be found in this highly polluted
wastewater. It is to be noted that all these impurities, except biodiesel, are soluble in water.
Moreover, the soap (i.e. saponified coagulum) has two components, hydrophilic and hydropho-
bic ends. Therefore, both biodiesel and glycerol droplets can be attached to the related ends of
soap molecules, which is ultimately the final mixture that contains water (aqueous phase) and
large agglomers (Fig. 12.9). As in contrast to the conventional commercial membranes which
mostly have a 2D structure, the electrospun membranes have a 3D structure (Shirazi M.M.A.
et al., 2013b). Therefore, the separation mechanism of this kind of membranes is triplicate, i.e.
screening-depth filtration-adsorption. As the size of formed agglomers in the wastewater are
much larger than the membranes’ pore size, and due to both depth filtration mechanism and
adsorption of impurities on the nano-fibers’ surface, it was found out clearly that electrospun
membranes could be used efficiently for treating the biodiesel’s water-washing effluent. In better
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words, the multi-objective separation mechanism of electrospun membranes can be the cause of
their superior separation performance.

12.4 FUTURE PERSPECTIVE

High demands for clean fuels and the problems associated with fossil fuels make the use of new
clean fuels such as biodiesel, biogas, hydrogen, etc. necessary. Among these fuels, biodiesel has
found more attention because of very similar properties to the diesel fuels. The major problems
with this biofuel are the source of feedstock (i.e. waste cooking oils and non-edible vegetable oils)
and the large amount of wastewater during the production and purification steps. Fortunately, new
genetically modified types of plants for this purpose have been introduced which can be irrigated
by wastewaters. The perspective of a biodiesel production plant could be a fully integrated system
containing several membrane units for purification of raw materials, i.e. oil degumming, mem-
brane reactors for heterogeneous transesterification reactions, oil dewatering and water de-oiling
steps for purification of raw biodiesel and separation of byproducts such as glycerol and water,
separation of biodiesel washing wastewaters, etc. The recovered waters from different wastewater
treatment steps could be integrated for reuse in washing steps. Then, the development of mem-
brane knowledge including fabrication of new generation of polymeric and inorganic membranes
for these applications is critical. In this regard, low-cost and low-fouling electrospun membranes
can play an important role especially for the fabrication of super hydrophobic membranes for
biodiesel and its wastewater processing.
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CHAPTER 13

Mathematical modeling of nanofiltration-based deionization
processes in aqueous media

Mohammad M. Zerafat, Mojtaba Shariaty-Niassar, S. Jalaledin Hashemi,
Samad Sabbaghi & Azadeh Ghaee

13.1 INTRODUCTION

Nanofiltration (NF) membrane properties stand between those of reverse osmosis (RO) and ultra-
filtration (UF) giving them special advantages in separation processes and proposing them as a
suitable alternative for RO in many applications due to lower energy requirement and extended flux
rates (Szymczyk et al., 2006). Ionic rejection by NF is mainly governed by: (i) transport through
concentration polarization (CP) layer, (ii) partitioning phenomena at membrane interfaces and,
(iii) solute transport through membrane pores (Deon et al., 2007).

Several attempts have been made to model NF separation processes. The TMS (Torell, Meyer
and Sievers) model is one of the first approaches in this regard (Garcia-Aleman and Dickson,
2004). Space charge (SC) modeling was proposed by Gross & Osterle (1969) as a modification to
TMS. Although, successful NF predictions by SC is reported (Wang et al., 1995), the application
is limited due to complex calculation requirements especially in mixed electrolyte solutions.

Today, the most prevalent NF models are derived from SC by assuming radial homogeneity of
ionic concentration and potential across the pores, which is valid in the case of small surface charge
densities and sufficiently narrow pores, maintained under most NF conditions. The most widely
used pore transport models have also been built upon the extended Nernst-Planck (ENP) equation.
Tsuru et al. (1991) were the first to propose an ENP-based model for NF. Bowen and Mukhtar
(1996) suggested a hybrid model based on ENP with a Donnan condition at membrane-electrolyte
interfaces and the hindered nature of transport through the membranes. Bowen et al. (1997) mod-
ified the hybrid model proposing “Donnan-steric-pore model” (DSPM). Several modifications
have been suggested for DSPM since, taking into account the effects of pore size distribution on
the rejection of uncharged solutes and NaCl for hypothetical NF membranes (Bowen and Welfoot,
2002) incorporating dielectric constant variations between bulk and pore to calculate ionic distri-
bution between bulk and pore solutions. Different approaches are proposed to include dielectric
exclusion (DE) in the modeling, namely DSPM&DE (Bandini and Vezzani, 2003) and SEDE
(steric-electric-dielectric exclusion) (Szymczyk and Fievet, 2005). Finite difference linearization
of pore concentration gradient is also proposed to simplify the solution of a 3-parameter model
(ε, Xd, and εp) for electrolyte rejection by removing the requirement of numerical integration for
ENP leading to the linearized transport model (LTM) (Bowen et al., 2002).

Further development of existing models entails the inclusion of more complex or just neglected
phenomena governing the separation behavior in order to improve the physical relevance of process
description. As an example, SEDE is modified considering the variations of volumetric charge
density by including a charge isotherm in the model (SEDE-VCh) (Silva et al., 2011).

In the present chapter, the modeling of the NF separation process is considered by a modified
version of ENP (MENP) based on the inclusion of activity coefficient variations for solute trans-
port through the membrane active layer (Zerafat et al., 2013) and advection-diffusion (AD) for
CP which has been previously considered by linearized assumptions (Bhattacharjee et al., 1999).
Activity coefficient variations can have a significant influence on model predictions especially in
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Figure 13.1. The schematic of a cross-flow membrane filtration channel.

concentrated electrolyte solutions. Partitioning phenomena (steric, Donnan and dielectric exclu-
sion) are also considered at membrane external interfaces. In the case of pure salt solutions (NaCl
and Na2SO4), the competition of ionic species on the rejection of chloride ions will be investigated
based on simulation results.

13.2 THE MATHEMATICAL MODEL

Prediction of permeate flux and rejection of ionic solutes from a multi-component mixture involves
a simultaneous solution of 3 transport models: (i) mass transport in CP, (ii) equilibrium partition-
ing at membrane interfaces and, (iii) pore ionic transport. The coupled ionic transport processes
in a cross-flow membrane filtration channel are depicted in Figure 13.1. The CP model is applied
to the filtration channel, describing local variations of permeate flux and surface concentration.
The pore transport model provides a detailed analysis of ionic transport across the membrane.
Interaction among ions in a multi-component mixture is considered by examining activity coef-
ficient variations due to the reduction in ionic strength, negligible in dilute solutions. The pore
transport model is then coupled to CP through membrane surface boundary conditions. Parti-
tioning phenomena (steric, Donnan and dielectric exclusion) are also considered at membrane
external interfaces.

13.2.1 CP in multi-ionic systems

CP as a type of reversible fouling mechanism is a serious challenge restricting both the possible
membrane application fields and life-time at the same time. Efforts have been performed for the
inclusion of CP through a coupled model applied for multi-component electrolyte solutions in
cross-flow NF (Bhattacharjee et al., 1999; 2001). This model predicts local variations of ionic
concentrations, flux and ionic rejections along a rectangular cross-flow filtration channel by a
coupled solution of the convective-diffusion equation for transport of ions in the boundary layer
adjacent to the membrane surface and ENP for ionic migration through membrane pores. This
phenomenon is a common field between all pressure-driven membrane separation processes (MF,
UF, RO and NF), which can be modeled by simple film theory (FT):

Jv = Di

δ
ln
(

Ci,m − Ci,p

Ci,b − Ci,p

)
(13.1)

where δ is the boundary layer thickness, Di is the diffusion coefficient, Ci,m is the concentration of
the ith ion at the membrane surface, Ci,b is the concentration of the ith ion in the bulk solution, Ci,p

the permeate concentration and Jv the permeate flux. More rigorous descriptions of CP are also
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applied among which convective-diffusion (CD) formulation has been given special consideration
(Kim and Hoek, 2005). For a multi-component ionic system in a cross-flow unit, the general form
of CD for each component in the polarization layer is:

u(y)
∂Ci

∂x
+ Jv

∂Ci

∂y
= Di

∂2Ci

∂y2
(13.2)

where u is the axial velocity, Ci is the concentration of the ith ion and Di the diffusion coeffi-
cient (Fig. 13.1). This equation can be solved through an implicit finite difference discretization
approach given as:

ui,n

�x
Ci,n =

(
ui,n

�x
+ 2Di

�y2

)
Ci,n+1 +

(
Jv(i,n)

2�y
− Di

�y2

)
Ci+1,n+1

−
(

Jv(i,n)

2�y
+ Di

�y2

)
Ci−1,n+1 (13.3)

Linear or free flow axial velocity profiles may be assumed for NF of dilute electrolyte solutions in
case that boundary layer is quite thin compared with channel height (Bhattacharjee et al., 2001),
while more generalized equations can be introduced based on simplified versions of Navier-Stokes
equation in narrow channels:

Jv
∂u

∂y
= ∂P

∂x
+ µ

ρ

∂2u

∂y2
(13.4)

The boundary conditions at the channel inlet and bulk solution are, respectively:

Ci|x=0 = Ci,b (13.5a)

Ci

∣∣
y=δ = Ci,b (13.5b)

where, Ci,b denotes the bulk ionic concentration. A flux continuity is also maintained at the
membrane surface:

∂Ci

∂y

∣∣∣∣
y=0

= − Jv

Di
(Ci,m − Ci,p) (13.6)

13.2.2 Equilibrium partitioning

Non-steric mechanisms involved in the exclusion at membrane interfaces are less understood and
thus described through the assumption of equilibrium partitioning at the pore entrance or exit by
using partition coefficients that relate intra-pore to interfacial bulk concentrations. Partitioning
phenomena consist of steric, Donnan and dielectric exclusion mechanisms:

Ci(0+)

Ci(0−)
= γi(0−)

γi(0+)
ϕi exp

(
−�Wi

kBT

)
exp
(

− ziF

RT
�ψD

)
(13.7)

Activity coefficients are considered in some studies (Geraldes and Alves, 2008; Szymczyk and
Fievet, 2005) while others have neglected their effect based on the assumption of dilute solutions.
The energy barrier due to dielectric constant reduction (�Wi) impedes ionic transport, due to the
higher solvation energy in a medium with reduced dielectric constant (Parsegian, 1969). Ionic
solvation energy is given by the Born model (Born, 1920):

�Wi = z2
i e2

8πε0ai

(
1

εp
− 1

εb

)
(13.8)

where ai is the Stokes radius of the solute, ε0 is the permittivity of free space, εp and εb are
dielectric constants in the pore and bulk solution, respectively. Inside narrow membrane pores,
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the induced energy due to the membrane dielectric constant (εm) is said to be influential; thus,
Born model is used in the modified form in some studies (Hagmeyer and Gimbel, 1998):

�Wi = z2
i e2

0

8πε0ai

(
1

εP
+ 0.393

rP

ri
εm

(
1 − εm

εP

)2

− 1

εb

)
(13.9)

Pore dielectric constant (εp) is also evaluated by assuming a single layer of solvent on pore surfaces
with a different dielectric constant and an internal cylinder with bulk dielectric properties, which
results in the following relation upon averaging on the pore radius (Bowen et al., 2002):

εp = 80 − 2(80 − ε∗)
(

d

rp

)
+ (80 − ε∗)

(
d

rp

)2

(13.10)

where d is the diameter of water molecule (0.28 nm) and ε∗ is the dielectric constant of the single
solvent layer.

For a single salt solution, pore concentrations can be calculated using the following relations
(Kumar et al., 2013):

c1(0+) = −Xd +
√

X 2
d + 4ϕ′

1ϕ
′
2c(0−)

1 c(0−)
2

2
(13.11a)

c(0+)
2 = +Xd +

√
X 2

d + 4ϕ′
1ϕ

′
2c(0−)

1 c(0−)
2

2
(13.11b)

where, Xd denotes the membrane charge density and ϕ the combined portioning coefficient.
Figure 13.2 shows the variations of average pore dielectric constant and the resulting solvation

energy barrier for three different ions (Na+, Cl− and SO2−
4 ). The results show that, at larger pore

diameters the single solvent layer loses its significance and as a result the solvation energy barrier
falls dramatically especially at d > 1 nm.

13.2.3 Ionic transport across membrane pores

The extended Nernst-Planck (ENP) is the governing equation for steady-state flux Ji of charged
species through membrane pores combining individual contributions of diffusion, convection and
electrical mobility and electrolyte activity variations as follows:

Ji = Ki,CCiJv − [Di,p]
[

grad(Ci) + ziCiF

RT
grad(ψ) + Ci grad (ln γi) + Civi

RT
grad (P)

]
(13.12)

where, Ki,C is the convection hindrance factor.
Generally, pressure differential is ignored but the activity coefficient can just be ignored in

dilute solutions. The activity coefficient is considered as a function of ionic strength in electrolyte
solutions and several relations have been suggested to describe their behavior among which
Debye-Hückel theory provides the simplest form as follows:

ln γi = −A|z+z−|√I (13.13)

where, A is a constant equal to ∼0.5(M−1/2).
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Figure 13.2. Pore dielectric constant (εp) variations and the resulting solvation energy barrier (�Wi) by
varying the pore radius in the NF and RO range.

For the special case of a single salt solution (e.g. NaCl), the electrical potential gradient along
the pore length can be derived as:

∂ψm

∂y
=

α(I )
Jv

D1,p
(K1,cC1 − C1,P) + β(I )

Jv

D2,p
(K2,cC2 − C2,P)

γ(I )
F

RT
I

(13.14)

where, the derivation procedure and α, β and γ are given in a previous publication (Zerafat et al.,
2013). The following boundary conditions can be used to solve Equation (13.14):

Ci

∣∣
y=0 = Ci,m (13.15a)

Ci

∣∣
y=−�y = Ci,p (13.15b)

where �y is the membrane pore length (also membrane thickness), and Ci,0 and Ci,�y are the
ionic pore concentrations at the pore entrance and exit, respectively.

13.3 RESULTS AND DISCUSSION

The equations mentioned in the mathematical model section are employed in this study to model
the transport behavior of NaCl and Na2SO4 single salt electrolyte solutions constituting a two-
component ionic mixture, which involve a 1-D model for ionic transport within the membrane.
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Figure 13.3. The full procedure for implementing the iterative procedure of the coupled model.
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Figure 13.5. Normalized ionic concentration as a function of distance from pore inlet for various ionic
strengths (Na2SO4).

This is performed by solving the ODE (13.12) for both components to obtain their concentration
in the pores, while maintaining the electro-neutrality condition. ODE (13.12) is solved numeri-
cally using Adams-Bashforth-Molton (ABM) technique, which entails iterating on the rejection
appearing on both sides. The ionic fluxes and permeate concentrations corresponding to a given
feed side surface concentration and permeate flux are predicted by solving the MENP equation.
The full procedure for implementing the iterative procedure of the coupled model is given in
Figure 13.3.

Figure 13.4 illustrates the normalized ionic concentration inside the pores as a function of
distance from the pore inlet predicted by ENP before any modification, performed for a pure
Na2SO4 solution. It can be seen that the rejection is enhanced by reducing the membrane pore
size from 2 to 1 nm due to the fact that at larger pore sizes the effect of pure screening phenomenon
is decreased.

Figures 13.5 and 13.6 are a comparison of the ENP equation solved before modification and
the modified results for different ionic strengths (Na2SO4 and NaCl, respectively). The results
show that at higher ionic strengths, reduced rejections is experienced which is the case for NF for
concentrated electrolyte solutions.
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Figure 13.6. Normalized ionic concentration as a function of distance from pore inlet for various ionic
strengths (NaCl).

13.3.1 Effect of Xd on rejection

No physical model is yet proposed for evaluating the effective membrane charge density (Xd);
thus this is still a fitting parameter to describe the observed rejection by varying the solution
concentration through mathematical models to estimate Xd by using the rejection experimental
data. However, the values predicted by present models are very large and physically unrealistic
(Schaep and Vandecasteele, 2001). This can be due to other neglected separation mechanisms for
the sake of simplification during the modeling procedure.

Figure 13.7 shows the variations of membrane rejection during transport from pores for various
charge density values based on the model before modifications were performed. The results show
the increasing trend observed by increasing the charge density.

Figure 13.8 shows the variations of membrane rejection during transport inside the pores for
various charge density values based on the model after modifications performed (MENP). The
results show the increasing trend observed by increasing the charge density and also higher
rejection values at similar Xds. The variations of rejection for various charge density values are
compared for the simple and modified models in Figure 13.9. The results show a linear increasing
trend by increasing membrane charge density and the modified model predicts lower Xd values
at the same rejection which can be considered as an improvement when fitting the rejection
experimental data to evaluate the membrane charge density.

Membrane charge density can also affect the membrane observed rejection through partitioning
phenomena. Figure 13.10 shows that at each feed concentration, the corresponding values for
the partitioned intra-pore concentrations have opposing behaviors. In the case that the membrane
charge density owns a negative value, the negative charge ion (here, Cl−) is decreased while the
positive charge ion (Na+) is enhanced. Figure 13.11 illustrates the effect of Xd on partitioning at
various pore diameters within the NF range.
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Figure 13.11. Effect of on partitioning at various pore diameters within the NF & RO range (C1(0−) =
25 mM).

13.4 CONCLUSION

The effect of activity coefficient variations is investigated on the retention behavior of NF mem-
branes. The results show that the modified version of ENP shows reduced values as compared to
the basic ENP equation. This results in lower Xd values predicted when being fitted to experimental
rejection data.
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CHAPTER 14

Simulation of heat and mass transfer in membrane distillation (MD)
processes: the effect of membrane pore space description

Abdussalam O. Imdakm, Elmahdi M. Abousetta & Khalid Mahroug

14.1 INTRODUCTION

Membrane distillation (MD) processes, in general, are thermal separation processes in which
water vapor is generated by the evaporation of aqueous solution in direct contact with one side
of the employed hydrophobic porous membrane (feed side), to be transported through mem-
brane pores, and finally it will condense at the other side of the membrane (permeate side). In
membrane distillation literature, various models of MD processes and physical setups have been
developed in order to improve MD processes output, depending on the convenience of the MD
separation process of interest, e.g., direct contact membrane distillation process (DCMD), vac-
uum membrane distillation (VMD), air gap membrane distillation (AGMD), and sweeping gas
membrane distillation (SGMD), each of these has its own advantage and disadvantage, and its
useful applications in many areas of industrial interest.

Among all MD processes published in the literature, direct contact membrane distillation
(DCMD) and vacuum membrane distillation (VMD) processes have shown the most frequent
interest. This is because of their simplicity in terms of construction and operating conditions,
lower operating temperature and pressure, lower energy consumption, and their relatively high
permeation rate. These MD configurations are commonly applied for processes in which water
vapor is the main flux component, as in distillation, for removal of volatile components (VOC’S),
and for waste water treatment (Calabro et al., 1991; 1994; Wu et al., Xu, 1991). In these processes,
heated feed and cold permeate streams are in direct contact with the applied membrane surfaces
(feed and permeate), and the separation process is carried out at atmospheric pressure as in DCMD
or under moderate vacuum as in VMD processes, utilizing hydrophobic porous membrane. They
are characterized by a simultaneous heat and mass transfer across the membrane pores and solid
phase, resulting from the difference in temperature (vapor pressure) and/or composition in the
fluid layers adjacent to membrane surfaces (feed and permeate).

When the aqueous feed solution is very low in solute concentration or pure water, the solution
vapor pressure at liquid-vapor interface is generally governed by fluid temperatures adjacent to the
membrane surface feed and permeate, ts,f and ts,p, respectively as in DCMD, or Ts,f and imposed
vacuum condition at the permeate side as in VMD. These bulk-membrane interfacial surface
temperatures differ significantly from their corresponding measured bulk temperature, tb,f and
tb,p, their values cannot be measured directly and they are influenced significantly by MD process
operating conditions (process dynamics), membrane pore space topology (inter-connectivity),
and employed hydrophobic membrane physical properties. This phenomenon is known in the
literature as the temperature polarization, and the temperature polarization coefficient, τ, is
defined in the literature (Lawson and Lloyd, 1996; 1997; Phattaranawik and Jiraratananon, 2001;
Phattaranawik et al., 2003a; Schofield et al., 1987; 1990a; 1990b) as: τ = (ts,f − ts,p)/(tb,f − tb,p)
for DCMD process, where tb,f is the feed side bulk temperature, ts,f , is the feed side membrane
surface temperature, tb,p and ts,p are the equivalent permeate side temperatures, and for the VMD
process it is defined, in many cases as: τ = (Ts,f – Tv)/(Tb,f − Tv), where Tv is the temperature
set on the vacuum side. The concept of the temperature polarization factor is used, in many
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cases, as a tool for evaluating the effects of input parameters on maximizing the mass flux. For
example, when the value of τ approaches zero for VMD process, this means Ts,f → Tv, and for
DCMD process this means ts,f → ts,p, and thus the MD processes in both cases are limited by mass
transfer through the liquid phase boundary layer and the resistance in the membrane is negligible.
However, when τ → 1, Ts,f → Tb,f in VMD and ts,f → tb,f and ts,p → tb,p in DCMD, this implies
that in these MD processes, the resistance in the membrane is dominant and the liquid phase
boundary layer resistance is negligible.

Modeling of MD processes to predict process vapor flux and related transport properties of
interest have received a great deal of attention from many investigators; e.g., Schofield et al.
(1987; 1990a; 1990b), Phattaranawik et al. (2001; 2003a; 2003b), and Lawson and Lloyd (1996,
1997). These models, are based on the dusty-gas model (Mason, and Malinauskas 1983; Mason
et al. 1967), which is a general model developed to describe mass transport in porous media,
assuming a geometrical structure of the porous medium in the form of a collection of an assembly
of spherical molecules. The vapor flux expressions applied in this model were described by one or a
combination of the following gas transport mechanisms, founded on the classical kinetic theory of
gases for single cylindrical pore (Lawson and Lloyd 1997; Mason, and Malinauskas 1983; Mason
et al. 1967): Knudsen diffusion, viscous flow (Poiseuille), and surface and molecular diffusion,
depending on applied pore level operating conditions (pressure and temperature), average mean
free path of transporting molecules, λ, and pore size, rpore. In the simplest general form the vapor
flux, J , can be expressed as: J = C(Ps,f − Ps,p), where C is the vapor flux coefficient of the
applied membrane. Note molecular diffusion through membrane pores, and molecular transport
as a result of surface diffusion transport mechanism, are rarely taken into consideration in MD
processes.

Recently, several models were developed to predict MD vapor flux and related transport prop-
erties, assuming a geometrical structure of the membrane pore space (Lagana et al., 2000;
Phattaranawik et al., 2003b; Present, 1958). In these models, vapor flux is described by the
same vapor flux transport mechanisms applied in the dusty-gas model mentioned above, and the
membrane pore space is either described by a single or a bundle of capillary tubes, known as the
capillary tube model (CT). In these models, the membrane pores are assumed to be infinitely long
cylindrical pores of experimentally reported effective pore radii. In many cases, the membrane
pore size distribution was assumed to be uniform. This assumption is founded on the simplicity
of vapor flux calculation, arguing that in most MD processes of practical interest, the membrane
pore size distribution is very narrow and is equivalent to a uniform pore size distribution. Only a
few attempts have been made to relate membrane pore space description (pore size distribution,
and inter-connectivity), to the precision of MD’s vapor flux calculation.

In previous studies (Imdakm and Matsuura, 2004; 2005; Imdakm et al., 2007), we have
developed a Monte Carlo simulation model to describe DCMD and VMD processes for predicting
MD vapor flux. In these MC simulation models, the membrane pore space is described by a three-
dimensional network (NW) model of inter-connected bonds (pores) and sites (nodes). To illustrate
the influence of membrane pore space description and how it may affect the resultant vapor flux and
related transport properties, a comparison is made in this study between the NW and CT models
considering both DCMD and VMD processes. In both models, NW and CT, the membrane pores
are simulated by cylindrical tubes of distributed effective sizes, based on experimentally reported
membrane pore size distribution, or they may be assumed to be of uniform radii. Vapor flux
through membrane pores is assumed to be governed by gas transport mechanisms founded on the
kinetic theory of gases for a single cylindrical pore (Present, 1958).

14.2 THEORY

14.2.1 Pore level vapor flux transport mechanism(s)

As mentioned above, the calculation method applied in this study is a Monte Carlo simulation
method (Imdakm and Matsuura, 2004; 2005; Imdakm and Sahimi, 1991; Imdakm et al., 2007;
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Sahimi and Imdakm, 1988); this means the calculation is carried out by generating several inde-
pendent realizations of membrane pore space. Thus, resulting MD vapor flux and any other
transport properties of interest are the average value of the results obtained over all these realiza-
tions. This averaging process is applied on the overall results reported in this study regardless of
membrane pore space description, NW or CT model.

The vapor flux transport mechanism through membrane pores depends upon the mean free
path, λ, which is defined as the average distance that a molecule travels between two successive
collisions (Present, 1958):

λ = KBT

P
√

2πσ2
(14.1)

where KB is the Boltzmann constant, T the absolute temperature [K], P is the applied operating
pressure [Pa], and σ is the collision diameter [m]. The value of λ and how it is interrelated to the
membrane pore sizes plays an essential role in determining the type of transport mechanism(s)
governing vapour flux through membrane pores. In both models, temperature (T ) and pressure
(P) in Equation (14.1) are replaced by the arithmetic average pore temperature (Tpore) and the
arithmetic average pore pressure (Ppore). The vapour transport mechanism through each pore (see
Figs. 14.1a–c and 14.2) is then dictated by the ratio of mean free path, λ, to pore radius. For
example, if the ratio of λ to the pore radius, rp, is less than unity, then the transport mechanism
through this pore is the viscous (Poiseuille) type of flow. In this case, the flow rate through the
pore, Nvis, is given by (Imdakm and Matsuura, 2004; 2005; Imdakm and Sahimi, 1991; Imdakm
et al., 2007; Present, 1958; Sahimi and Imdakm, 1988):

Nvis = Pporeπr4
p

8RTporeµδ
Mw�P (14.2)

where �P is the pressure difference across the membrane pore, Ppore is the arithmetic average
pore pressure, Tpore the arithmetic average pore temperature, and rp is the pore radius. However,
when the transporting species has a mean free path, λ, larger than the membrane pore radius,
rp, then the mass transport mechanism through this pore is Knudsen diffusion type of flow.
Accordingly, the flow rate through the pore, NKn, is given as:

NKn = − 2

3δ

(
8

πRTporeMw

)1/2

rp�P (14.3)

where Mw is the molecular weight of the transporting species. It must be stated that other transport
mechanisms, such as surface diffusion and ordinary diffusion, are not taken into consideration
as stated in previous studies (Imdakm and Matsuura, 2004; 2005; Imdakm and Sahimi, 1991;
Imdakm et al., 2007; Sahimi and Imdakm, 1988). In most MD processes, the ordinary molecular
diffusion resistance is neglected because it is proportional to the partial pressure of air in the
membrane pores and in all MD processes, only traces of air are actually present within the
membrane pores, which makes its contribution to the transporting process very small if not nil
compared to other transport mechanisms. Moreover, the surface diffusion is also neglected due
to the fact that the surface diffusion area of the membrane matrix is very small compared to the
pore area and for hydrophobic membranes as those used in MD, the “affinity” between water and
the membrane material is very weak, which may allow us to neglect the contribution of transport
by surface diffusion, especially for porous membranes with large pore sizes and high porosities
(Lawson and Lloyd 1996; 1997).

With the assumption that all MD processes operate on, the principle of vapor-liquid equilibrium
(VLE), partial vapor pressure can be calculated using VLE data. Therefore, the saturation vapor
pressure at the membrane feed-side can be estimated by the Antoine equation as a function of
the interfacial surface temperature; see Figures 14.1c and 14.2 for a detailed description of vapor
flux at the membrane feed-side (entry pores). These entry pores, particularly when the membrane
pore space is described by a network model, plays a very essential role in vapor flux calculations,
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Figure 14.1a. A schematic of three dimensional network (NW) model of interconnected bonds (pores) and
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Figure 14.1b. Possible vapor flux transport mechanism(s) through the ith node and connected bonds in
network (NW) model.

Feed

ts,f

Pore

ts,f

Z = 0, l = 0 Z = 1, l = 1

Pore

Pore

Vapor flux, at 
the entry pore tn,2

1 µm

2nd Section (layer)1st Section (layer)
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Figure 14.3. Probability density function curves for membranes A (µpore = 200 nm), B (µpore = 250 nm)
and C (µpore = 300 nm), with a constant σpore = 1.25 (Wang et al., 2001).

for further details see Imdakm and Matsuura (2004; 2005) and Imdakm et al. (2007) and references
therein. Figure 14.3 shows the geometrical pore sizes, standard deviations, and the corresponding
probability density curves for three membranes, A, B, and C, which are employed for both NW
and CT models. These pore size distributions are actually based on experimentally reported pore
size distribution published in the literature (Wang et al., 2001).

14.2.2 Vapor flux calculation through membrane pore space

As mentioned above, when the membrane pore space is described by a three-dimensional network
model, the entire calculation procedure of mass and energy flux in any MD process, is an iterative
procedure, thus, membrane-bulk interfacial surface temperatures and MD processes energy and
vapour flux and other transport properties of interest are also calculated iteratively using proper
iterative methods such as the method of successive substitutions (Imdakm and Matsuura, 2004;
2005; Imdakm et al., 2007; Rice and Do, 1995) and references therein. When the membrane pore
space is described by CT model, this iterative method is also applied. In this case, an initial guess of
interfacial membrane surface temperatures, ts,f , and ts,p is given to calculate membrane boundaries
vapor pressure, Ps,f and Ps,p using the Antoine equation. Note that the applied permeate vapour
pressure is lower than the saturation pressure (Psat.). Since in this CT model, the membrane pore
topology (connectivity) is totally ignored, the temperature and pressure distribution across the
membrane cannot be calculated. Thus, inlet, outlet, and average vapor pressure and temperature
are of the same values for all membrane pores. Accordingly, pore level vapor flux transport
mechanism depends on the pore size, rp only. When λ < rp, then the flow rate of vapor through
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this pore, ji, is given by viscous (Poiseuille) flow transport mechanism, Equation (14.2), while
when λ > rp, then the dominating vapour flux transport mechanism across this pore, is Knudsen
diffusion, and ji in this case is given by Equation (14.2). Note that Nkn and Nvis were replaced by
ji to carry out MD process vapor flux calculation (Imdakm and Matsuura, 2004; 2005; Imdakm
et al., 2007). Thus simulated process vapor flux, J , of the membrane is the sum of vapor flux of
each pore calculated by Equation (14.2) or Equation (14.3), and it is given as: J =∑n

i=1 ji, where
n is the sum of membrane pores in CT model, while in NW model, it is the total number of entry
pores (see Figs. 14.1 and 14.2) divided by membrane boundary (feed or permeate) surface area,
which is calculated from the pore size distribution and surface porosity, Sp. Note that heat energy
and mass flux calculation procedure for both MD processes employed in this study have already
been discussed elsewhere (Imdakm and Matsuura, 2004; Imdakm and Matsuura, 2005; Imdakm
et al., 2007; Present, 1958) and in references therein.

The Monte Carlo simulation model employed in this study is applied for MD process in which
water is the only permeate. Accordingly, the physical properties of the vapor, such as vapor
density (ρ), viscosity (µ), and thermal conductivity (kv), are assumed to be of water vapor. The
studies were carried out in this chapter, at feed temperature, tb,f, in a range of 40–90◦C, permeate
bulk temperature, tb,p, of 20◦C (fixed), membrane boundaries heat transfer coefficients, hf and
hp, in the range of 15,000 W m−2 K−1, composite membrane surface porosity, Sp, of 3.5%, water
vapor thermal conductivity, kv, of 0.02 W m−1 K−1, membrane solid phase (polymer) and thermal
conductivity, ks, of 0.04 W m−1 K−1. As mentioned, membrane pore space is described by two
distinct models, network (NW) model and capillary tube (CT). This data input is applied for all
cases discussed in this chapter, unless they are specified differently, and the results reported are
averaged over 20 realizations for each reported case.

14.3 SIMULATION RESULTS AND DISCUSSION OF DCMD PROCESS-VAPOR FLUX

14.3.1 Effect of employed membrane pore space description

Figure 14.4 shows a comparison of simulated DCMD process vapor flux vs. feed temperature, for
membranesA and C, when the temperature polarization phenomenon was taken into consideration,
i.e., when both hf and hp are of finite values of 15,000 W m−2 K−1 each, and the membrane pore
space is described by NW and CT models. As can be seen, when the membrane pore space is
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Figure 14.4. Comparison of DCMD process vapor flux variation versus feed temperature for membrane
A and C: (—) process is controlled by Knudsen only and (- - - -) process is controlled by
Knudsen and viscous flow (NW model), and (– - –) process is controlled by Knudsen and
viscous flow, but viscous effect was not observed (CT Model), Sp = 3.5% and hf and
hp = 15,000 W m−2 K−1.
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described by CT model, the pore level vapor flux is mostly governed by Knudsen diffusion, the
contribution of pore level viscous flux is of no significant value, and the resultant vapor flux is
much less than when it is described by NW model.

Figure 14.5 shows membrane surface temperatures, ts,f and, ts,p vs. feed temperature when the
temperature polarization is taken into consideration. As feed temperature increases membrane
surface temperatures (feed and permeate) increase, resulting an increase in DCMD vapor flux.
This increase in vapor flux continue up to 70◦C after which the fraction of membrane pores
governed by viscous flux increases resulting in significant decrease in temperature polarization
coefficients, and vapor flux (see Figs. 14.4 and 14.6, and Imdakm and Matsuura, 2004; 2005 and
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only (NW-model). (– - –) process is controlled by Knudsen and viscous flow (CT model),
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flow. hf and hp = 15,000 W m−2 K−1 and Sp = 3.5%.

Imdakm et al., 2007). When the membrane pore space is described by a capillary tube model,
CT, the polarization coefficient is significantly lower than the NW model.

The observation in Figure 14.6 is further explained by Figure 14.7, where the percentage of
energy that was consumed to evaporate liquid water at membrane bulk interface, % qm

Hv, is plotted
vs. feed temperature. It is clear that the % qm

Hv is much higher when membrane pore space is
described by the NW model than when it is described by the CT model. In other words, this indi-
cates that more energy could be consumed effectively to evaporate liquid water when membrane
pore space is described by NW, thus pushing up the temperature polarization coefficient. Increas-
ing membrane boundaries heat transfer coefficients, hf and hp, will increase, ts,f and decrease
ts,p, resulting in an increase process vapor flux and temperature polarization coefficient. This
improvement of vapor flux and temperature polarization is more obvious when porous membrane
pore space is described by NW model than when it is described by CT model.

14.3.2 Effect of membrane pore size distribution

In this study, we have investigated DCMD process performance when the pore size distribution
is sufficiently narrow to be practically considered as a uniform pore size distribution. Let us first
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Figure 14.8. Pressure (a) and temperature (b) profile when the membrane pore space is described by a
network model (—), and when it is described by capillary tube model (– –), for membrane of
uniform pore size distribution (120 nm), process vapor flux is dominated by Knudsen diffusion,
hf and hp → ∞ and Sp = 3.5%.

consider the case when the temperature polarization is neglected. When the membrane pore space
is described by an NW model of uniformly distributed pore radius, and process vapor flux is
dominated by Knudsen flow only. Then, the resultant vapor pressure distribution is linear in the
direction of flow (Z-direction only) as shown in Figure 14.8a. In other words, at any given value
of Z , the pressure gradient is nil in the X and Y directions. This implies that, there is no flux
among membrane pores in directions perpendicular to the direction of flow (Z). Note that the
temperature distribution across the membrane (Z-direction) is not necessary linear, but it is also
of same value at each network section, i.e., there is no temperature gradient perpendicular to the
direction of fluid flow, Z (see Fig. 14.8b).

When membrane boundaries heat transfer coefficients are finite (hf and hp =
15,000 W m−2 K−1), the pore space model has a considerable effect on both vapor and tem-
perature profile in the Z-direction, i.e., both vapor pressure and temperature are much lower
when predicted by the CT model (see Fig. 14.9a,b), which results in much lower temperature
polarization coefficient for the CT model as shown in Figure 14.10. This also makes the vapor
flux predicted by the CT model lower than the NW model (Fig. 14.11).

Figure 14.12 shows vapor flux versus membrane thickness for both NW and CT model. As
mentioned already, CT model predicts much lower flux than the NW model. The difference
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Figure 14.9. Pressure (a) and temperature (b) profile when the membrane pore space is described by a
network model (—) and when it is described by capillary tube model (– –), for membrane of
uniform pore size distribution (120 nm). Process is controlled by Knudsen diffusion, hf and
hp = 15,000 W m−2 K−1 and Sp = 3.5%.

between the CT and NW model is much greater for the thinner membrane and as the thickness
increases the difference decreases, both models approaching asymptotic values (Imdakm and
Matsuura, 2004). The reason is that the heat conduction through the membrane is prevented when
the membrane is thick and most of the heat is utilized for water evaporation for both CT and
NW model. When the membrane is thin, heat is utilized more effectively for NW model than CT
model.

14.4 SIMULATION RESULTS AND DISCUSSION – VMD PROCESS

14.4.1 Effect of employed membrane pore space description

The Monte Carlo simulation model developed in this study was also applied to describe VMD
process performance. The following process variables are investigated because of their important
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effects on the transporting process: (i) membrane pore size distribution, (ii) feed temperature, (iii)
vacuum applied on membrane permeate side, and (iv) transport mechanism(s). These studies were
carried out for three simulated membranes (A, B, and C, see Fig. 14.3) by applying both NW and
CT models. As well, the average membrane temperature was assumed to be equal to respective
membrane feed-side interfacial surface temperature, ts,f , since there is no heat conduction involved
in VMD. Figures 14.13, 14.14, and 14.15 show the simulated vapor flux for membranes A, B, and
C, respectively, when the vapor flux through the membrane pores was assumed to be governed by
Knudsen diffusion only. These figures show model productions are in excellent agreement with
the theoretical expectations and in qualitative agreement with experimental data (Rice and Do,
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Figure 14.13. Simulated VMD vapor flux for membrane A vs. ratio of the downstream pressure at different
bulk feed temperatures [◦C]. Process controlled by Knudsen diffusion transport mechanism
only (solid line, CT model; broken line NW model).

1995) applied pressure on the permeate side, and this linearity does not alter with the increase of
feed temperature and mean pore size from A to C regardless of adopted pore space model, either
NW or CT. This is due to the vapor mechanism (Knudsen diffusion) imposed on the VMD process.
In comparison, the simulation procedure was carried out under the same operating condition(s)
when viscous (Poiseuille) flow was also included for membranes A and B. Figures 14.16, and
14.17 show that the simulated process vapour flux was influenced significantly by the increase
of feed temperature; the flux became more notably non-linear for the NW model when feed
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Figure 14.15. Simulated VMD vapour flux for membrane C vs. ratio of downstream pressure at different
bulk feed temperatures [◦C]. Process controlled by Knudsen diffusion transport mechanism
only.

temperature becomes higher and the higher pressure is applied on the permeate side. The flux
was much suppressed in the NW model due to the inclusion of viscous flow and the suppression
is more significant for large pores (C) than the smaller pores (B). To explain the above results, the
ratio of network pores in which viscous flow governs to the total number of number of network
pores was plotted vs. Pp/Pf for membranes A to C (Fig. 14.18). The ratio increases with the
increase of applied pressure on the permeate side and mean pore size. This was observed only
when membrane pore space is described by the network, NW, model when membrane pore space
is described by the CT model, it was not observed at all.
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Figure 14.16. Simulated VMD vapour flux for membrane B vs. ratio of downstream pressure at different
bulk feed temperatures [◦C]. Process controlled by Knudsen diffusion and viscous transport
mechanisms (solid line; CT model; broken line NW model).
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Figure 14.17. Simulated VMD vapour flux for membrane C vs. ratio of downstream pressure at different
bulk feed temperatures [◦C]. Process controlled by Knudsen diffusion and viscous transport
mechanisms (solid line, CT model; broken line NW model).

14.5 MONTE CARLO SIMULATION MODEL PREDICTION
AND EXPERIMENTAL DATA

Finally, this Monte Carlo simulation model was tested against experimental data (see Table 14.1)
obtained through personal communication with Dr. M. Khyat, see Appendix A.

As can be seen, the experimentally reported pore size distribution is very narrow (see Fig.
14.19), and therefore, resultant MC simulation model prediction(s) is almost identical regard-
less of membrane pore space description, CT, or NW model as clearly shown in Figure 14.20.
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Table 14.1. Membrane characteristics: membrane thickness, δ; liquid entry pressure of water, LEPw; void
volume (volume porosity), εv; surface porosity, εs; mean pore size, µp; geometric standard
deviation, σp; pore density, N . [Dr. M. Khyat personal communication].

δ LEPw εv εs µp N
Membrane [µm] [MPa] [%] [%] [nm] σp [µm−2]

TF200 55 ± 6 0.276 ± 0.009 69 ± 5 43.18 233.38 1.07 9.87
GVHP 118 ± 4 0.204 ± 0.003 70 ± 3 32.74 265.53 1.12 5.73
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Figure 14.20. Simulated and experimental DCMD vapor flux of TF200 membrane vs. average membrane
temperature at stirring rate 500 rpm, and a bulk temperature difference (feed and permeate)
of 10◦C, see Appendix A for further details.

In general these MC model predictions are in excellent qualitative agreement with the reported
experimental data.

14.6 SUMMARY AND CONCLUSION

In this chapter, we have discussed the effects of membrane pore space representation on simulated
MD processes. For this purpose, a Monte Carlo simulation model developed in the previous studies
(Imdakm and Matsuura, 2004; Present 1958) was summarized. This MC model is designed to be
comprehensive in its approach and free of any adjustable parameters, and therefore, it is applicable
to all MD processes published in the literature regardless of their different configurations. In any
simulation of MD processes, a realistic membrane pore space description is very essential, and
therefore, to illustrate its effects on the simulation of MD’s transporting processes, membrane pore
space is described by two distinct models, the first model is in the form of a three-dimensional
network model (NW) of inter-connected sites (nodes) and bonds (pores), and the second model
is the classical capillary tube model (CT) in which membrane pore inter-connectivity is totally
ignored. In both models, the membrane pores are assumed to be cylinders of experimentally
obtained pore size distribution. They may be also assumed to be, in some cases, of uniform
distribution. When this MC simulation model is applied to describe MD processes of interest
such as DCMD and VMD processes, the results obtained show clearly that inter-connectivity of
the pore space is very essential and cannot be ignored in any realistic MD process simulation
model. The only special case where the MC simulation does not depend on the inter-connectivity
of the pore space is when membrane pores are assumed to be uniform, temperature polarization
phenomenon can be ignored, and the dominating vapor flux transport mechanism in the membrane
pores is linearly related to pressure drop across the membrane pores (e.g., Knudsen diffusion).
This special case is evolved because the CT model is actually built on the assumption of linear
pressure and temperature profile across the membrane pores. It has been found that MD processes
vapor flux depends principally on membrane boundaries imposed operating condition(s), and the
temperature distribution across the entire membrane pores, which is function of membrane pore
space description, thus adding a constant adjusting parameter(s) to force models prediction fits
experimental data, such as, the tortuosity factor, will not overcome the negligent of membrane
pore space inter-connectivity and its effects on MD process vapor flux and related transport
properties of interest, in addition to this it requires the availability of experimental data, which is
not the case in these MD simulation models.
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NOMENCLATURE

C membrane distillation coefficient [kg m−2 s−1 Pa−1]
rpore pore radius [m]
hf and hp heat transfer coefficient at feed and permeate side [W m−2 K−1]
Hl{T } liquid water enthalpy at temperature T [kJ kg−1]
Hv{T } saturated vapor water enthalpy at temperature T [kJ kg−1]
J vapor flux [kg m−2 h−1]
l pore length [µm]
L network size [number of nodes (sites)]
km composite membrane effective thermal conductivity [W m−1 K1]
ks membrane solid phase (polymer) thermal conductivity [W m−1 K−1]
kv membrane vapor phase (water vapor) thermal conductivity [W m−1 K−1]
Pf feed side membrane pressure [Pa]
Pp permeate side membrane pressure [Pa]
Ppore average pore pressure [Pa]
Pb,f and Pb,p vapor pressure at feed and permeate side [Pa]
Ps,f and Ps,p vapor pressure at membrane-feed and membrane-permeate interface [Pa]
qm

cond. conduction heat transfer rate across membrane solid phase and vapor phase
in direct contact with the feed [kW m−2]

qf
Hv heat transfer due to liquid flux across membrane – feed boundary

layer [kW m−2]
qm

Hv
heat transfer due to vapor flowing through membrane pores [kW m−2]

Sp membrane surface porosity
tb,f and tb,p bulk temperatures at feed and permeate sides [◦C], respectively
ts,f and ts,p interfacial membrane-surface temperatures at feed and permeate sides [◦C],

respectively
T temperature [K]
Tp average pore temperature [K]
Ts,f VMD process interfacial membrane-surface temperature at feed side [K]
X , Y and Z axial coordinates

Greek symbols

µpore mean pore size of the pores [m]
σpore geometrical standard deviation of the pores
σ collision diameter [m]
δ membrane thickness [m]
λ molecules mean free path [m]
τ temperature polarization coefficient
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APPENDIX A

Membrane: TF200-experimental data
Average pore size: µp = 233.38 nm
Geometric standard deviation: σp = 1.07
Surface porosity: εs = 43.18%
Void volume (porosity): εv = 68.73 ± 5%
Thickness: δ = 55 ± 6 µm
Pore tortuosity: τ = 1.59
PTFE thermal conductivity: ks = 0.22 W m−1 K−1

Experimental results of 500 rpm

tf [◦C] tp [◦C] hf [W m−2 K−1] hp [W m−2 K−1]
feed side permeate side J [g m−2 s−1] feed permeate

25 15 0.8854 3401.39 2618.07
30 20 1.1336 3523.97 2772.68
35 25 1.4381 3607.65 2924.90
40 30 1.7859 3632.25 3056.00
45 35 2.1721 3583.27 3145.50
50 40 2.5663 3456.58 3173.59



CHAPTER 15

Simulation of drying for multilayer membranes

Zawati Harun, Tze Ching Ong, David Gethin & Ahmad Fauzi Ismail

15.1 INTRODUCTION

Theoretically, a membrane can be divided into several layers as shown in Figure 15.1.
The first top layer having a fine pore structure is used as a filter for separation processes (Li,

2007). The next three layers which are the intermediate layers and the bottom layer are fabricated
in the form of a porous structure to support the membrane itself and to facilitate the permeation
process (Li, 2007). Obviously, the top separation layer with a fine porous structure possesses a
hygroscopic property compared to the intermediate and bottom layers that have to be porous and
non-hygroscopic. All layers have their own characteristic and structure and shrink at different
rates when the membrane is dried.

Drying is one of the stages of ceramic membrane preparation that is undertaken between
precursor formation and sintering. Although drying is one of the most energy intensive industrial
processes (Mujumdar, 2006), it is also one of the least understood as it involves a lot of variables
that change concurrently as the phases and stages change (Perré et al., 2007; Rattanadecho et al.,
2007). Further complications arise if drying involves materials that comprise multilayers (Harun
and Gethin, 2008; Harun et al., 2008; 2012; Ismail et al., 2012). In particular, the top hygroscopic
layer of the ceramic membrane involves bound water that is strongly attached to the capillary
wall. The amount of the water is quite difficult to measure experimentally due to the stronger
capillarity suction and the slower permeation than in the non-hygroscopic material. Typically,
drying of the membrane of a layered structure not only involves the compatible issue of drying
parameters but the different materials that possess different properties also strongly influence the
consistency of shrinkage. This often leads to defect formation which is associated with leakage
due to cracks induced during the drying and firing processes. Warping and cracking occur due
to non-uniform stresses arising from the pressure gradient caused by the flow of liquid during
the constant rate period (CRP) of shrinkage, the macroscopic pressure gradient of escaping gases
during falling rate period (FRP) and different thermal expansion of the ceramic material due to
the temperature gradient (Ring, 1996). The flow of liquid, the macroscopic pressure gradient, and
the temperature gradient are controlled by the drying rate, which is ultimately controlled by the
external conditions (Ring, 1996). Therefore, understanding the stages and variables that evolve
with time throughout the drying sequence is essential to eliminate all the problems associated
with membrane manufacture.

1

2

3

4

Figure 15.1. Schematic representation of an asymmetric membrane (extracted from Li, 2007).
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In general, material that has undergone drying will induce several compression and strain
changes in the porous network, which results in formation of a shrinkage mechanism (Perré et al.,
2007). Shrinkage mechanism can be defined as dimensional changes due to the elimination of
water in a porous structure, which will generate the non-uniform stress distribution, either from
the inner structure and outer surface layer. This non-uniform stress is attributed mainly to drastic
or fluctuated changes of moisture gradient (Kowalski and Mierzwa, 2013; Pourcel et al., 2007) or
network capillary pressure that has a high tendency to build cracks. When drying is at a constant
rate period, the surface of the green body is always wet by the flow of liquid to the surface, resulting
in the rearrangement of particles in the green body, which is caused by the compressive capillary
pressure. This eventually leads to shrinkage and deformation of the solid as particles come into
contact to maintain an expelling of liquid flow to the surface. However, the dried product is free
from stress at this moment as there is no crack formation being observed in this period (Colina
and Roux, 2000). When drying reaches a decreasing drying rate period, the liquid-vapor interface
starts to recede into the pores and capillary flow will continue as long as there is a continuous
pathway from the liquid front of the green body surface. At this moment, the particles are in
close contact or touching each other, which leads to minimal or no shrinkage happening beyond
this period of drying. However, the critical point of saturation when entering FRP is the vital
point for the crack initiation (Nascimento et al., 2005). There is much lower shrinkage in FRP
but the fracture phenomenon becomes the most intensive in this period of drying process due to
inhomogeneous moisture distribution in the solid matrix. The differential in strain corresponding
to the surface that tends to contract faster than the interior causes non-uniform moisture and
pressure gradient. Subsequently, this leads to crack formation. It appears that shrinkage of drying
materials, which is also a characteristic property of the dried material and cracking, is more likely
to happen in the low permeability material that offers higher resistance for moisture transfer
that causes a nonhomogeneous moisture gradient between the upper and bottom layer shrinkage
inside the solid matrix (Scherer, 1990). In this present study, a mathematical model of the drying
process with coupled mass, heat and gas transfer for ceramic materials has been developed. This
model will emphasize on the transport mechanism of liquid by capillary action, vapor and gas
by diffusion and bulk air convective flow. The introduction of bound water over the later period
(FRP2) of drying was incorporated by referring to the earlier work (Zhang et al., 1999). The
material slab used has been divided into two layers, hygroscopic and non-hygroscopic layers, to
represent the layered structure of the membrane.

15.2 MATHEMATICAL MODELING

15.2.1 Theoretical formulation for phase transport

The conservation law of the heat and mass balance equations applied here for the drying process is
based on the work by Zawati et al. 2008 and others (Harun et al., 2012; Zhang et al., 1999). In the
governing equations, the liquid phase is water in which vapor and air are dissolved and transported
by diffusion, whilst the gas phase consists of the binary mixture of vapor and dry air which are
also transported in the gas phase by diffusion. The transport of liquid by the capillarity effect is
also included. Both mass and heat transport are taken into account. For the hygroscopic material,
bound water is considered in the transport mechanism especially in the FRP2 (Defraeye et al.,
2012; Zhang et al., 1999) stage. Based on these physical principles, the governing equations are
expressed in terms of three primary variables; water pressure, Pl, temperature, T and gas pressure,
Pg. The water mass conservation equation is formulated as follows for both non hygroscopic
(15.1a) and hygroscopic material (15.1b):

∂(φρlSl)

∂t
+ ∂(φρvSg)

∂t
= −∇ · (ρlVl) − ∇ · (ρvVv) − ∇ · (ρvVg) (15.1a)

∂(φρlSl)

∂t
+ ∂(φρvSg)

∂t
= −∇ · (ρlVl) − ∇ · (ρvVv) − ∇ · (ρvVg) − ∇ · (ρlVb) (15.1b)
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The water velocity, V1 and gas velocity, Vg can be easily derived from Darcy’s law (Harun and
Gethin, 2008; Harun et al., 2012):

Vl = −Kkl

µl
[∇(Pl + Z)] (15.2)

Vg = −Kkg

µg

[∇(Pg
)]

(15.3)

where Z is the vertical elevation from a datum. The vapor velocity by diffusion is defined as:

Vv = −Datmναθa

ρv
· ∇ρv (15.4)

where Datm, ν, α, θa are the molecular diffusivity of water vapor through dry air, mass-flow factor,
tortuosity factor and volumetric air term, respectively. Rearranging the above equation according
to the measured variables gives:

Vv = −Datmναθa

ρv

{
ρo

∂h

∂Pl
∇Pl + (ρo + hβ)

∂h

∂T
∇T + ρo

∂h

∂Pg
∇Pg

}
(15.5)

When the water content reaches the maximum irreducible level, the bound water flux is taken
into consideration in Equation (15.1b). The bound water velocity was derived from Zhang et al.
(1999) as:

Vb = −Db∇θb (15.6)

where Db, θb are the bound water conductivity and volume fraction of bound water respectively.
Rearranging the above equation according to the measured variables gives:

Vb = −Dbφ

(
∂Sl

∂Pl
∇Pl + ∂Sl

∂T
∇T + ∂Sl

∂Pg
∇Pg

)
(15.7)

Application of mass balance to the flow of dry air within the pores of the material body dictates
that the time derivative of the dry air content is equal to the spatial derivative of the dry air flux:

∂(φρaSg)

∂t
= −∇(ρaVg − ρvVv) (15.8)

The effects of conduction, latent heat and convection are considered in the energy equation as
given as:

∂((1 − φ)cpρs +∑i=a,l,v φsiρici)

∂t
= ∇(λ∇T ) − ∇(ρvVv + ρvVg)L − ∇

⎛
⎝∑

i=a,l,v

(T − Tr)ρicpiVi

⎞
⎠

(15.9)

15.2.1.1 Thermodynamic relationship
The existence of a local equilibrium at any point within the porous matrix is assumed. Kelvin’s
law is applied to give the equation:

h = exp
(

Pw − Pg

ρlRvT

)
(15.10)

The vapor partial pressure can be defined as a function of local temperature and relative
humidity as:

ρv = ρoh (15.11)
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where the saturation vapor pressure, ρo is estimated using the equation in Mayhew and Rogers
(1976) with the saturated vapor density expressed as a function of temperature, which here has
the form:

1

ρo
= 194.4 exp

{−0.06374(T − 273) + 0.1634 × 10−3(T − 273)2
}

(15.12)

The degree of saturation, S is an experimentally determined function of capillary pressure and
temperature:

Sl = Sl(pc, T ) (15.13)

Saturation is expressed in the equation below (van Genuchten, 1980):

Sl = θ − θr

θs − θr
=
(

1

1 + (αϕ(T ))n

)m

(15.14)

where the parameters α, n and m are dependent on the porous material properties and these
influence the shape of the water retention curve. The permeability of water and gas are based on
Muelem’s model and are given by the formulation below as in Baroghel-Bouny et al. (1999):

kl(Sl) =
{√

Sl(1 − (1 − S1/m
l )m)2

0
Sl > Sirr

Sl < Sirr

kg(Sl) =
{√

1 − Sl(1 − S1/m
l )m)2m

0
Sl < Scri(g)

Sl > Scri(g)
(15.15)

15.2.2 Material data

As mentioned in Section 15.1, the thin ceramic membrane comprising a two-layer system is
presented as shown in Figure 15.2.

In this study, the porous slab (0.003 × 0.004 m) was meshed using 12 quadratic serendipity
elements and 51 nodes. These map the porous medium that is homogeneous, isotropic and com-
posed of solid phase, water and vapor phase, gas phase and dry air phase. Nodes 1 to 7 are
assumed to remain at the atmospheric condition, while the rest of the wall surfaces are assumed
to be insulated and impermeable. The hygroscopic layer is located in elements 1, 5 and 9 while
the rest of the elements represent the non-hygroscopic layer. The ambient temperature is 27◦C for
slow convective drying. Heat and mass coefficient are 1.5 W m−2 K−1 and 0.00175 m s−1. The
material properties of these two different porous slabs exposed to convective drying are listed
in Table 15.1. The material properties for hygroscopic and non-hygroscopic layers are similar to
alumina and clay ceramic profiles, respectively.

15.2.3 Boundary conditions

The drying environment was imposed at the top surface and the rest of the surfaces were assumed
insulated and impermeable. Thus, the boundary condition for convective drying was applied to
elements 1, 5 and 9 with reference to nodes 1 to 7. The general boundary condition that apply to
convective mass and heat transfer are given as:

Jm = hm(Pv
∞ − Pv

a ) (15.16)

JT = hT(Tf − T∞) (15.17)
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Figure 15.2. Mesh of the slab body.

Table 15.1. Physical properties of material body for hygroscopic and non-hygroscopic layer.

Layer Symbol Value Unit Reference

Hygroscopic ρs 3970 kg m−3 Witharana et al. (2012)
Ø 0.1 – Assumed by modeling and experimental data
K 5.13 × 10−17 m2 Schmitz et al. (2012)
Cp 775 J kg−1K−1 Callister and Rethwisch (2011)
λ 39 W m−1K−1 Callister and Rethwisch (2011)

Non hygroscopic ρs 2000 kg m−3 Harun and Gethin (2008)
Ø 0.4 – Hall and Hoff (2012)
K 2.9 × 10−15 m2 Hall and Hoff (2012)
Cp 925 J kg−1K−1 Harun and Gethin (2008)
λ 1.8 W m−1K−1 Harun and Gethin (2008)

15.2.4 Solution of governing equations and numerical method

The coupled heat and mass transfer equations described above, in 2-dimensions can be written
into a matrix form as follows:

[C(�)
∂

∂t
{�}] = ∇([Kcx(∇�)]ix + [Kcy(∇�)]iy){�} + R(∇Z) (15.18)

where {�} = {Pw, T , Pg} is the column of unknowns; [C], [Kcx] and [Kcy] are 3 × 3 matrices.
Each element of the matrix is a coefficient for the unknown {�}; ix and iy are the unit direction
vectors. In order to discretize this simplified second order non-linear coupled partial differential
equation, the finite element method is used. The Galerkin method was used to minimize the
residual error before the application of Greens theorem, to the dispersive term that includes
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second order derivatives; this simplified combined equation set can be expressed in the following
form:

K(�)� + C(�)�̇ + J(�) = {0} (15.19)

where,

K =
⎡
⎣K11 K12 K13 K14

K21 K22 K23 K24

K31 K32 K33 0

⎤
⎦ C =

⎡
⎣C11 C12 C13

C21 C22 C23

C31 C32 C33

⎤
⎦

J =
⎧⎨
⎩

J1

J2

J3

⎫⎬
⎭ � =

⎧⎨
⎩

Pws

Ts

Pgs

⎫⎬
⎭ �̇ =

⎧⎪⎪⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎪⎪⎩

∂Pws

∂t
∂Ts

∂t
∂Pgs

∂t

⎫⎪⎪⎪⎪⎪⎪⎬
⎪⎪⎪⎪⎪⎪⎭

in which typical elements of the matrix are:

Kij =
n∑

s=1

∫
�e

Kij∇Nr∇Nsd�e (i, j = 1, 2, . . . , 5)

Cij =
n∑

s=1

∫
�e

CijNrNsd�e

Ji =
∫
�e

Ki4∇Nr∇zd�e −
∫
�e

NrJid�e

(� of the domain �).
The transient matrix and nonlinear second order differential equations above are then solved

by using a fully implicit backward time stepping scheme along with a Picard iterative method
which is taken into account for non-linearity.

15.3 RESULTS AND DISCUSSION

Figure 15.3 shows the saturation distributions of the proposed model and the saturation results
from other models gained elsewhere. Initially, the proposed model which includes the hygroscopic
equation and saturation conditions is compared with results gained from Harun and Gethin (2008)
(non-hygroscopic system), Przesmycki and Sturmillo (1985) and Stanish et al. (1986) (hygro-
scopic system). Figure 15.3 shows the variation of average saturation computed by the proposed
model. Obviously, the Harun and Gethin model and the proposed model show good agreement
in the variations of saturation for the drying period up to the non-hygroscopic zone as reported
by Harun and Gethin (2008). Presemycki and Sturmillo (1985) studied the drying of a brick
and the result is in close agreement for saturation evolution when the drying period enters the
hygroscopic zone. As for Stanish et al. (1986), the proposed model and Stanish et al. (1986) have
similar saturation patterns, but the drying rates used by Stanish et al. (1986) was faster compared
to the current model. Generally, the saturation curve consists of three periods. The CRP which
is indicated by a straight line from point A to B, FRP1 as a gradual curve from point B to C and
FRP2 that shows a declining slope from point C to D (refer to Fig. 15.3). An explanation of all
these periods of drying are discussed in detail in most scientific texts on drying phenomena for
both porous hygroscopic and non-hygroscopic materials (Harun and Gethin, 2008; Harun et al.,
2008; 2012; Perré et al., 2007; Rattanadecho et al., 2007; Zhang et al., 1999).
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Figure 15.3. Saturation curve during drying.
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Figure 15.4. Pore water pressure distribution as a function of depth and time.

Figure 15.4 shows the variation of pore water pressure and how it evolves with time and depth.
Pore-water pressure at the initial stages of drying shows a constant condition as free water is
dominant during the constant rate period (Harun and Gethin, 2008; Perré et al., 2007; Ring,
1996) indicating free water continues to travel to the exposed surface by capillary action. The
liquid migrates from regions with higher moisture concentration towards regions with lower
moisture concentration as expressed by Darcy’s law (Perré et al., 2007). This CRP can last as long
as the surface is supplied with liquid based on external factors and body properties (Perré et al.,
2007). When the solid porous body is wet, it has a capillary adhesion that holds particles together
and it will weaken as liquid disappears during the drying (Ring, 1996). Eventually, the body may
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Figure 15.5. Temperature distribution as a function of depth and time.

rupture during the CRP when there is a drastic change of pressure gradient in capillarity flow that
will create nonhomogeneous shrinkage (Ring, 1996). When water saturation reaches the critical
value that shows the early stage of falling rate period, the pore water pressure shows an increasing
trend due to increase of capillary action. This slightly higher value of pore pressure water within
the hygroscopic layer is due to greater capillary action of water that is strongly attached to the solid
body and creates a greater capillary suction. As the drying proceeds towards the irreducible stage,
the pore water pressure is represented by a bound water mechanism that is dominated by vapor
diffusion. The bound water removal stage for the hygroscopic layer shows an abrupt increase of
pore water pressure especially at the top surface that indicates a greater suction of bound water
transfer near dryness.

The temperature variation over time and depth is shown in Figure15.5. At the commencement of
drying, temperature increases towards the ambient temperature as moisture removal is controlled
by the external forces (Perré et al., 2007). Heat energy supplied from the surface towards the
inner volume of the body will determine the drying rates (Perré et al., 2007). For multilayers
comprising hygroscopic and non-hygroscopic systems, the temperature profiles do not show any
obvious trend (Rattanadecho et al., 2007) as there are only slight differences in temperature
changes within the two layers. This small change is impossible to plot using the big scale of
temperature. The temperature profiles rise to a higher value than the environment temperature
when drying reaches the falling rate period where gas diffusion takes places. The temperature
inside the body reaches its higher values as this generates a greater diffusion process. With the
increase of drying time, the temperature settles down towards the ambient temperature as no more
energy is gained from the external environment. The drying state using the current conditions is
within internal forces such as bound water movement or sorption diffusion (Zhang et al., 1999).
The temperature profiles during drying are particularly important to study especially when dealing
with very thin layers of brittle ceramic membrane. This is due to the fact that the lower stresses
induced due to small temperature gradient (Ring, 1996) could generate a massive expansion in
ceramic membrane structure. Thereby, controlling the temperature is essential in order to avoid
excessive stress, which would warp or crack the solid.

The gas pressure evolution against time and depth is shown in Figure 15.6 where it remains
nearly constant at atmospheric pressure as a result of free water capillary removal. As drying
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Figure 15.6. Gas pressure distribution as a function of depth and time.

proceeds to the falling rate period, gas pressure starts to increase as pore liquid is replaced by
gas. Diffusion of gases is important in this stage to enable continued mass transport towards the
surface. Hence, this stage of drying is strongly affected by water vapor movement that occurs by
diffusion in response to the vapor pressure gradient. The top hygroscopic layer shows an increasing
trend in gas pressure due to the smaller pores, higher density and lower permeability value that
restrains the gas movement to penetrate inside its body (Harun and Gethin, 2008). When it reaches
the non-hygroscopic layer, the gas pressure remains nearly constant as gases are trapped inside
the body. The gas pressure in the hygroscopic layer reaches its highest value as gases penetrate
through the very fine capillaries (Ring, 1996) and it remains stable in the non-hygroscopic layer.
As shown in Figure 15.6, during the FRP, stress will be induced due to the macroscopic pressure
gradient of escaping gasses (Ring, 1996). Thereby, understanding the variation of gas pressure
through simulation during drying will help to reduce defects in membranes.

Figure 15.7 shows the saturation distributions as a function of depth and time. This shows that
moisture decreases very quickly at the early stage of drying. This movement of liquid is supplied
by the capillary action as water continues to evaporate steadily. The surface of the material where
heat is supplied to it is supposed to have a higher liquid extraction rate (Rattanadecho et al., 2007).
In contrast to drying of a single layer, the saturation distribution for a multilayer of hygroscopic
materials shows only a small spatial variation as hygroscopic materials possess only a small porous
network. The saturation reduction slows down when drying reaches the critical stage which is
normally 0.3 for porous materials (Zhang et al., 1999). Beyond this point vapor diffusion is the
main supplier of mass transfer within the body. When the drying stage reaches the irreducible
state which is at a relative saturation level of 0.09 ( Zhang et al., 1999), saturation is almost
constant indicating that there is no water that can be removed as the material has been dried.
As for the hygroscopic layer, bound water still remains within the body and transport continues
through vapor diffusion until it reaches the equilibrium content at which point no more water can
be removed (Zhang et al., 1999).

Further observation on drying behavior was determined based on the potential of crack for-
mation as the drying front continuously receded far into the membrane structure which was
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accompanied by the existence of non-uniform stress due to the different moisture gradient levels.
Thus two different material properties that represent the hygroscopic layer coupled with the same
porous support structure are compared in terms of the difference in moisture gradient between dry-
ing front and inner wet structure body. Figure 15.8 depicts the moisture gradient evolution between
a more hygroscopic characteristic (denoted as hygroscopic A) and less hygroscopic characteristic
(denoted as hygroscopic B) in the top layer while both having similar bottom non hygroscopic
material properties. Hence, the result and discussion of this section will only present the results
of moisture gradient for the upper layer structure. As mentioned in the introduction, cracking is
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a characteristic of the dried porous matrix that is always associated with the non-homogenous
moisture gradient within the solid matrix. As clearly illustrated in Figure 15.8 moisture gradient
for hygroscopic A is higher than hygroscopic B at all times. Hence, it can be deduced that more
hygroscopic behavior will offer more resistance of moisture transport or higher capillary suction
which is attributed to lower permeability value and porosity. Consequently, drying of the upper
surface layer and bottom layer exhibits non-uniform moisture content within the solid matrix
which may cause higher possibilities of crack formation due to non-homogenous stress distri-
bution especially in strongly hygroscopic materials. Since the gradient of moisture or capillary
suction increases gradually with the drying period as increasing the capillary suction, crack for-
mation is more likely to happen in hygroscopic material. Thus, drying from the top surface must
be carefully controlled especially in hygroscopic material to avoid undesired defects at the end
of the drying process.

15.4 CONCLUSION

The drying procedure of multilayer membranes is quite different from that of a single layer due to
different characteristics of those membranes. The hygroscopic layer that inherits higher density,
smaller permeability and smaller pores leads to higher pore water pressure and gas pressure. For
hygroscopic materials, the transport of the bound water will also take place with the vapor pressure
gradient in the gas phase as the driving force. Stresses due to pressure gradient arising from the
liquid flow, macroscopic pressure gradient of escaping gases and temperature gradient can affect
the drying speed. Material selection is also vitally essential as more hygroscopic characteristic
contributed to higher non-uniform evaporation losses inside the porous matrix which increase
the probabilities of defects due to crack formation. Based on these simulated results, it can be
concluded that a better understanding of drying phenomena could be achieved, which will play an
important role in predicting and determining the drying rate during the formation of the separation
layer of the ceramic membrane.
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NOMENCLATURE

µ viscosity [N s m−2]
Cij capacity coefficient [ad]
Cp specific heat capacity [J mol−1 K−1]
h relative humidity [%]
hm mass transfer coefficient [m s−1]
hT heat transfer coefficient [W m−2 K−1]
Jm mass transfer flux [kg m−2 s−1]
JT heat transfer flux [W m−2]
K intrinsic permeability [m2]
k relative permeability [ad]
Kij kinetic coefficients [ad]
L latent heat of vaporization [J kg−1]
Nr shape function of residual error [ad]
Ns shape function of system variables [ad]
P pressure [Pa]
R gas constant [J mol−1 K−1]
S saturation [ad]
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T temperature [K]
t time [s]
V velocity [ms−1]

GREEK SYMBOLS

Ø porosity [ad]
θ volumetric content [ad]
λ thermal conductivity [W m−1 K−1]
ρ density [kg m−3]
�e element domain [ad]

SUBSCRIPTS

∞ calculated
a, c, v, g, l, b air, capillary, vapor, gas, liquid, bound water
cri critical
F final
irr irreducible
r residual
s saturated
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CHAPTER 16

Effect of poly phenylene oxide (PPO) concentration on the
morphological, thermal, crystalline and CO2 permeation
properties of as-synthesized flat sheet dense PPO
polymeric membranes

Biruh Shimekit, Hilmi Mukhtar, Zakaria Man & Azmi Mohd Shariff

16.1 INTRODUCTION

Polymeric membranes are the most widely used industrial membranes for gas separation appli-
cation due to their low cost and ease of processability compared to inorganic membranes. Early
researches on gas separation applications using polymers focused on rubbery, semi-crystalline
and some glassy polymers (Shu, 2007). The current industrial gas separation membrane materials
are mostly derived from amorphous, thermoplastic polymers, of which poly (2,6-dimethyl-1,4-
phenylene oxide) polymers; also commonly known as poly (2,6-dimethyl-1,4-phenylene ether)
or usually written in short form as polyphenylene oxide (PPO) are well known as one of the most
investigated polymeric materials for gas separation application. PPO is a linear amorphous ther-
moplastic polymer with a free phenolic hydroxyl on the head group of each chain. Structurally,
PPO is made of phenylene rings linked together by ether linkages in the 1,4 or para-positions,
with a methyl group attached to carbon atoms in the 2 and 6 positions (Chenar et al., 2006).

PPO has a glass transition temperature (Tg) ranging from 206 to 225◦C depending on the
molecular weight. The Tg of PPO increases with the molecular weight. The relatively high Tg of
PPO is attributed to strong interactions between the polymeric chains (Chenar et al., 2006).

Its excellent mechanical, thermal and high impact strength have been attributed to its capacity
to undergo rapid conformational transitions due to the free rotation of phenyl rings about the ether
linkages in the polymer backbone. Due to the presence of phenyl rings, PPO is hydrophobic and
has excellent resistance to water, acids, alcohols and bases (Mortazavi, 2004).

Among all glassy polymers, PPO shows one of the highest permeabilities to gases. This high
permeability is attributed to the absence of polar groups in the main chain of PPO (Mortazavi,
2004; Sridhar et al., 2006). PPO also offers many advantages such as lower cost material, high
thermal stability, widespread availability, and easy modification with functional groups. Hence, in
the present study an attempt has been made to investigate the effect of the desired concentration of
PPO on the morphological, thermal, crystalline and CO2 permeation properties of as-synthesized
flat sheet dense PPO membranes in the laboratory.

16.2 EXPERIMENTAL

16.2.1 Materials

PPO of 30,000 g mol−1 (high molecular weight) with intrinsic viscosity equal to 0.57 dL g−1 in
chloroform at 25◦C, 99.99% purity and density 1.06 g cm−3 was purchased from Sigma Aldrich®

Co., Malaysia. Pure CO2 was obtained from Gas Malaysia® Company, with purities at or above
99.99%. Analytical graded chloroform (CHCl3) with 99.99% purity was also obtained from Sigma
Aldrich® Co., Malaysia.
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16.2.2 Membrane preparation

Prior to use, the poly (2,6-dimethyl-1,4-phenylene oxide), PPO powder was dried in a vacuum oven
at 110◦C for at least 12 h to remove the moisture. Flat sheet dense PPO membranes were prepared
using the solution casting procedure where the oven dried PPO at desired loadings (5.5 wt%,
12.5 wt% and 20.5 wt%) were dissolved in 94.5, 87.5 and 79.5 wt% chloroform, respectively and
stirred gently at 400 rpm for 1 h at or preferably below 60◦C using magnetic stirrer to form a
homogeneous solution. After mixing, the solution was left to stand for 12 h aimed at degassing
the bubbles that might have been formed during mixing. Then the solution was poured and drawn
by a casting knife on a flat, dry, smooth and dust-free glass plate. Afterwards, the obtained
membrane in the form of thin film was carefully peeled off the glass plate spontaneously by the
action of natural evaporation. While it was visually inspected for dust and pin holes, a razor blade
was sometimes used to initiate delamination of the membranes at their edges. For cleaning and
removal of moisture from the glass surfaces, acetone was used. The peeled off membranes were
then kept in a vacuum oven for drying at 85◦C for 12 h to remove the residual solvent and moisture
prior to permeation test and were stored in a desiccator until used for further analysis.

16.2.3 Characterizations

16.2.3.1 Field emission scanning electron microscope (FESEM)
For morphological studies of the fabricated PPO membranes, field emission scanning electron
microscope (FESEM) with model ZEISS SUPRA TM 55VP was used. In order to characterize
membrane samples on the FESEM at the sample preparation stage, the membranes were cryo-
genically fractured in liquid nitrogen by immersing them for several minutes to have clear cut of
the cross sections and mounted on a circular stainless steel sample holder with electronically con-
ductive double sided carbon adhesive tape. The samples were sputter-coated by gold/palladium
using Polaron Range SC7640 to create a conductive coating environment for enhanced qual-
ity of image. For most analyses of the FESEM, the micrographs were investigated using 5 kV
accelerating voltage with magnification power (5000–100,000).

16.2.3.2 Thermogravimetric analyzer (TGA)
The thermal stability of the PPO membranes was examined using a Perkin Elmer® Instruments
model Pyris 1 TGA (thermogravimetric analyzer) from 25–725◦C at a heating rate of 10◦C min−1

with inert nitrogen gas flushed at 20 mL min−1 in order to remove all corrosive gas involved in
the degradation and to avoid thermal oxidative degradation. The actual analysis is performed by
gradually raising the temperature of the sample and plotting the weight loss percentage against
temperature. A 10 mg sample with the lower limit being set by the sensitivity of the balance
and the upper limit by the size of the sample holder was checked. The Tg of the samples were
determined as the midpoint temperature of the transition region in the second heating cycle.

16.2.3.3 Differential scanning calorimetry (DSC)
Differential scanning calorimetry (Shimadzu DSC60) was used to determine the glass transition
temperatures (Tg) of the developed PPO membranes. Small sections of the PPO membranes were
cut, weighed and placed into aluminum DSC pans. Samples were heated from 30 to 250◦C at
a rate of 10◦C min−1 in N2 atmosphere, and then the samples were cooled down to 30◦C. The
first cycles were carried out to remove the thermal history. The samples were heated again to
250◦C with the same procedure for the second scan. The second scan thermograms were used to
determine the glass transition temperature of the PPO membranes.

16.2.3.4 X-ray diffraction analysis (XRD)
The X-ray diffraction analysis of membranes was made by the XRD (Bruker A&S D8 advanced
diffractometer) ranging from 2–60◦ 2θ at scanning speed of 1.2◦C min−1 to determine the inter-
segmental chain spacing (d-spacing). XRD spectra are plotted as intensity of XRD spectra (Cps)
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against diffraction angle (2θ). As a general trend, the X-ray diffraction scans of amorphous poly-
mers are typically dominated by a broad peak associated with the center to center chain distance
of d-spacing.

16.2.3.5 Response surface methodology (RSM)
Response surface methodology (RSM) was employed to optimize the permeance of CO2 in PPO
homogeneous membranes. The results of experimental design were analyzed using MiniTab 14.13
statistical software to predict the response of the dependent response variable. The response
surface is normally represented graphically, where the contour plots are often drawn to visualize
the shape of the response surface. When the process is close to optimum, the second order model
that incorporates curvature is usually required to approximate the response:

y = B0 +
k∑

i=1

Bixi +
k∑

i=1

Biix
2
i +

∑
i<j

∑
Bijxixj + ε (16.1)

where y is the predicted response, B0 is the offset term, Bi is the linear effect, Bii is the squared
effect and Bij represents the interaction effect. The optimized condition was obtained from contour
plots graphically and also by solving the polynomial regression of determination R2 and statistical
significance with probability level of 0.5% was employed.

In the present study, two level factors were chosen, the factors included various PPO con-
centration (5.5, 12.5 and 20.5 wt%) and applied feed pressures (0.2, 0.6 and 1.0 MPa) and the
permeance of CO2 was the response. Screening of independent factors affecting the permeation
of CO2 was carried out with blocks of experiments.

16.2.3.6 Gas permeation
The CO2 permeation flux of the as-synthesized PPO membranes was measured using a gas
permeation testing unit. In such a system, the amount of CO2 that permeates across the membrane
per unit area (flux) was measured by constant volume-variable pressure method. This is maintained
by the desired feed and permeate pressure together with constant volume with a known thickness
and area of the membrane (14.5 cm2) on permeate phase.

Each experiment was conducted at feed pressure of 0.2, 0.4, 0.6, 0.8 and 1.0 MPa and the
permeate stream was at atmospheric pressure. The flow rate of the permeate stream was measured
by the calibrated bubble flow meter. In this experiment, the time required to reach a desired volume
of gas in the permeate stream was observed and recorded. The permeation of CO2 through the
membranes was measured twice at steady state condition. For ease of comparison and accuracy
of results (i.e. to avoid any uncertainty due to slight fluctuation of the actual measurement of
thickness of membranes), pressure normalized flux or permeance (GPU ) was selected as the unit
of measurement.

16.3 RESULTS AND DISCUSSION

16.3.1 Effect of concentration of PPO polymer on the morphological properties of
as-synthesized flat sheet dense PPO membranes

The effect of concentration of PPO on the morphologies of the fabricated dense flat sheet PPO
membranes was analyzed using the FESEM. Figure 16.1a–c shows the FESEM micrographs for
the cross section view of the 5.5, 12.5 and 20.5 wt% PPO flat sheet dense membranes with their
average thickness ranging between 3.5 and 5.5 µm.

Figure 16.1a–c clearly shows that there is no significant change in the morphology of the PPO
membranes when increasing the concentration of the PPO polymer from 5.5 to 12.5 wt%. This
is due to the homogeneity of the dense membranes that arise from good interaction of the PPO
polymer and the chloroform at lower loadings of PPO. However, increasing PPO concentration
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Figure 16.1. FESEM of the cross sectional view of flat sheet PPO dense membranes of concentration:
(a) 5.5 wt% (b) 12.5 wt% and (c) 20.5 wt% PPO.

110
100
90
80
70
60
50
40
30
20
10
0

0 100 200 300 400

Temperature [°C]

W
ei

gh
t [

%
]

500 600 700 800

a b
c

(a) 5.5 wt% PPO membrane

(b) 12.5 wt% PPO membrane

(c) 20.5 wt% PPO membrane

Figure 16.2. Thermogravimetric (TGA) analyses of varied concentration of PPO membranes.

to 20.5 wt% has relatively increased the polymer chain entanglement (rigidity) than in the lower
wt% PPO concentration.

16.3.2 Effect of PPO concentration on the thermal properties of as-synthesized flat sheet
dense PPO membranes

Figure 16.2 describes the TGA profiles of 5.5, 12.5 and 20.5 wt% concentration of PPO
membranes.
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Figure 16.3. DSC graphs of PPO dense membranes at varied concentration.

Figure 16.2 clearly shows that the weight losses of the PPO membranes were more significant
for the lower wt% PPO polymer (such as 5.5 wt%) as there were high amounts of solvent present
in the preparation stages indicating that at a given temperature, the applied heat removes more
moisture and solvent from the lower wt% PPO polymers than the higher wt% PPO membranes
(such as 20.5 wt%).

TheTGA analysis of all PPO samples (Fig. 16.2) show that there was a maximum of 5.25% ± 0.1
loss of weight that was recorded till 400◦C indicating that only the chloroform solvent (whose
boiling point is 61.2◦C) has been removed in the range. As the temperature increase from 400 to
500◦C, the weight loss percent became significant (in the range of 51% to 54% for 5.5 wt% and
20.5 wt% PPO membranes, respectively).

For the range higher than 550◦C, an average weight loss percentages of 8.14% ± 0.1,
8.06% ± 0.1 and 6.52% ± 0.1 were recorded for the 5.5, 12.5 and 20.5 wt% PPO membranes,
respectively.

The maximum thermal degradation points for the tested PPO membranes were obtained by
taking the derivatives of change in consecutive weight losses to the heating rate and plotting
against temperature. By doing so, it was found that the thermal stability of the PPO membrane
increases with an increase in the concentration of the PPO polymer, indicating that the rigidity
(inhibition of polymer chain mobility) of the PPO polymer has been increasing through increasing
the concentration of the critical polymer chain entanglement.

The highest thermal stability (463.25 ± 0.1◦C) is attained for the 20.5 wt% PPO membrane,
which exhibits higher decomposition temperature than the 5.5 and 12.5 wt% PPO membranes
whose decomposition temperatures were 459.72 ± 0.1 and 461.23 ± 0.1◦C respectively. The
obtained decomposition temperature of the typical 20.5 wt% PPO membranes is comparable
to the value of 456◦C as reported by previous researchers such as O’Reilly (1977) and the value
of 464◦C also reported by Tran and Kruczek (2007).

The corresponding values for the glass transition temperature (Tg) of the PPO membranes (5.5,
12.5 and 20.5 wt%) have been obtained from the DSC curves are reported in Figure 16.3.

Figure 16.3 shows that the overall heat flow increased linearly with temperature until it reached
a sharp change in the slope of the heat flow at 217.38, 218.26 and 219.14◦C, for 5.5, 12.5 and
20.5 wt% PPO membranes, respectively. The next step change in the heat flow occurred at 219.33,
220.56 and 221.49◦C again for the 5.5, 12.5 and 20.5 wt% PPO membranes, respectively. Hence,
the midpoint temperature that defines the glass transition temperature of the aforementioned dense
PPO membranes as calculated to be 218.36, 219.41 and 220.32◦C for 5.5, 12.5 and 20.5 wt%
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Figure 16.4. XRD analysis of varied concentration of as-synthesized PPO membranes.

PPO membranes, respectively. Interestingly, the results obtained from the DSC were in a good
agreement with previous researches (Cong et al., 2007; Guan et al., 2005; Yang et al., 2006).

Generally, the Tg value of the dense PPO membranes increases with an increase in the concen-
tration of PPO in the casting solution confirming that the thermal stability of the PPO membranes
is improved.

16.3.3 Effect of PPO concentration on the crystalline behavior of the as-synthesized flat sheet
dense PPO membranes

Figure 16.4 depicts the X-ray diffraction (XRD) of varied concentrations of the as-synthesized
PPO membranes.

Figure 16.4 shows that for the 5.5 wt% PPO, its major peak occurs at 2θ = 14.2◦, which corre-
sponds to a d-spacing of 6.23Å. For 12.5 wt% PPO, the major peak occurs at positions (2θ = 13.75◦
and 2θ = 14.05◦) which corresponds to a d-spacing of 6.44 Å and 6.3 Å respectively. For the
20.5 wt% PPO, the major peak occurs at 2θ = 21.5◦ which corresponds to a d-spacing of 4.13 Å.
Generally, the obtained results are in a good agreement with the previous studies (Kim and Lee,
2001; Story and Koros, 1992).

As can clearly be observed from the analysis, the PPO membranes have the characteristics of
amorphous to semi-crystalline behavior. It is also shown that the peak shift to a lower d-spacing
(as shown for a higher concentrations such as 20.5 wt% PPO) suggest that the PPO polymer chains
in the dense PPO membranes are arranged more orderly and tightly packed.

16.3.4 CO2 permeation and parameters optimization

The typical CO2 permeation data (measured using the gas permeation unit at constant volume
and varied feed pressure) together with the RSM results for the tested PPO membranes whose
PPO concentration ranges (5.5–20.5 wt%) are presented in Table 16.1.
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Table 16.1. Comparison of the permeance of CO2 using Equation (16.2) with that of the experiment in the
PPO membranes.

Permeance [GPU]∗

PtType Blocks PPO [wt%] Pressure [MPa] Experimental Predicted

0 1 12.5 0.6 7.09 7.30
1 1 20.5 1.0 6.62 7.14
1 1 5.5 1.0 3.40 3.34
1 1 5.5 0.2 5.13 5.18
0 1 12.5 0.6 7.11 7.30
0 1 12.5 0.6 7.06 7.30
0 1 12.5 0.6 7.10 7.30
1 1 5.5 1.0 3.43 3.34
0 1 12.5 0.6 7.12 7.30
0 2 12.5 0.6 7.10 7.30
0 2 12.5 0.6 7.07 7.30
0 2 12.5 0.6 7.08 7.30
0 2 12.5 0.6 7.10 7.30
1 2 5.5 0.2 5.16 5.18
1 2 20.5 0.2 5.50 6.50
1 2 20.5 0.2 5.50 6.50
0 2 12.5 0.6 7.09 7.30
1 2 20.5 1.0 6.55 7.14

∗GPU: pressure normalized flux or permeance; 1 GPU = 0.33 mol m−2 s−1 Pa−1.
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Figure 16.5. Surface plot of permeance of CO2 in PPO homogeneous membrane versus pressure, PPO
concentration.

By employing the RSM via the regression analysis, the measured CO2 permeation data
(Table 16.1) were fitted to the second order polynomial of the Equation (16.1). Hence, the
quadratic regression model for permeation of typical CO2 gas is given in Equation (16.2).

CO2Permeance = 2.34 + 0.81 × PPO − 0.33 × Pressure − 0.03 × PPO2

+ 0.02 × PPO × Pressure (16.2)

The predicted permeance of CO2 using (Equation (16.2)) is compared with the measured CO2

permeation data (Table 16.1), using relatively few combinations of variables to determine the
response function.

Further, in order to examine the effect of factors (feed pressure and PPO concentration) towards
the CO2 permeation, 3D surface graphical representation was used and presented in Figure 16.5.
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As shown from Figure 16.5 and from the response surface methodology (RSM) that opti-
mized the experimental conditions for the maximum permeation of CO2 based on the present
experiments, involving the concentration of PPO (5.5–20.5 wt%) and applied feed pressure (0.2–
1.0 MPa), it was found that the optimal permeation of CO2 is estimated at 7.26 GPU, the estimated
optimum value of PPO concentration is 12.5 wt% and that of feed pressure is 0.25 MPa at 0.99
desirability. Hence, the 12.5 wt% PPO concentration is selected to be an optimal concentration.

16.4 CONCLUSION

Flat sheet dense PPO membranes of desired concentration (5.5, 12.5 and 20.5 wt%) were suc-
cessfully fabricated in the laboratory. Morphological, thermal, crystalline and CO2 permeation
characteristic of the as-synthesized PPO membranes were also successfully analyzed. Cross-
sectional views of the morphologies of the as-synthesized PPO membranes showed that increasing
the concentration of the PPO polymer from 5.5 to 20.5 wt% demonstrates distinct morphology with
possible polymer rigidification effect. The thermal stability of the PPO membranes also increased
from (218.36 to 220.32 ± 0.1◦C) while increasing the concentration of the PPO polymer from
(5.5 20.5 wt%). The X-ray diffraction analysis confirmed that the tested PPO membranes had the
characteristics of amorphous behavior. The response surface methodology (RSM) demonstrated
that for the feed pressure of (0.2–1.0) MPa, the optimal permeation of CO2 was estimated to be
7.26 GPU at the 12.5 wt% PPO concentration and feed pressure of 0.25 MPa.
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CHAPTER 17

Critical concentration of PEI in NMP as a criterion for the
preparation of asymmetric membranes for gas separation

Ahmad Arabi Shamsabadi, Masoud Bahrami Babaheidari & Kaveh Majdian

17.1 INTRODUCTION

Separation of gases is one of the essential processes for many industries such as refineries and
petrochemical complexes. There are primarily four conventional techniques for gas separation
including absorption, adsorption, cryogenic distillation and membrane process. The membrane
separation process offers a number of advantages in terms of no phase change, no usage of sorbent
materials, small footprint, low maintenance requirements, low cost, high process flexibility and
high energy efficiency (Takht Ravanchi et al., 2009). Also membranes offer an attractive potential
technology to offset traditional bulky and often less environmentally friendly means of separation
(Koros and Fleming, 1993). Gas separation by polymer membranes is a proven technology that
has found a wide range of industrial applications (Staudt-Bickel and Koros, 1999). Polymer mem-
branes are widely used in separation processes as they have acceptable film forming capability,
toughness, flexibility and low costs. They have gained an important place in chemical technology
and are applicable to various separation processes of many chemicals and gases (Seo et al., 2006).

In the olefin plant of Marun Petrochemical Company, hydrogen is used as a green fuel for
cracking furnaces and hydrogenation process and in poly-olefins plants it is used to terminate
polymer reaction. Because of the inadequate purity of the methane to use as balance gas in the
ethylene oxide plant of Marun Petrochemical Co., the stream after turbo-expanders, containing
hydrogen and methane, is sent to flare. Hydrogen recovery from this tail gas is an economical
and environmental policy of this company. It can help to recycle hydrogen as a valuable resource
and to purify methane for using, instead of using nitrogen to increase the loading of the ethylene
oxide plant by reducing the recycle gas compressor duty.

Commercially available polyetherimide (PEI) has several important advantages as a membrane
material. This polymer has good chemical and thermal stability. The studies on gas permeation in
the PEI dense film reveal that PEI exhibits impressively high selectivity for many important gas
pairs. In 1987, Peinemann (1987) prepared PEI flat-sheet asymmetric membranes for CO2/CH4

and reported selectivity of about 30–40. Kneifel and Peinemann (1992) reported their results in
preparing porous and dense PEI hollow fiber membranes for gas separation and they obtained
selectivity of about 170 for He/N2 separation. Wang et al. (1998) reported the results of PEI
hollow fiber membranes for separation of N2 from He, H2, CO2, CH4 and Ar. Kurdi and Tremblay
(2003) prepared PEI/metal complex asymmetric hollow fiber membranes for O2/N2 separation
and obtained selectivity of 2–7. Ren and Deng (2010) prepared polyetherimide membrane and
investigated the influence of various non-solvents on membrane morphology.

Low concentration of the polymer solution results in a porous membrane, which is not suitable
for gas separation. Preparation of the polymer membranes with different concentrations is a
method for optimizing the effect of the polymer concentration but it is expensive and time-
consuming. Chung and Kafchinskin (1997) reported that for each couple of polymer and solvent
there is a concentration at which molecule chains have good linkage and therefore the viscosity
can change quickly by the polymer concentration.
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17.2 EXPERIMENTAL

17.2.1 Materials

Polyetherimide (PEI) was obtained from Sigma-Aldrich, USA, in pellet form. Ethanol, methanol,
isopropanol, n-hexane and anhydrous 1-methyl-2-pyrrolidinone (EMPLURA®, 99.5%, water
<0.1%) were supplied from Merck, Germany.

Demineralized water was supplied from Marun Petrochemical Company. Polydimethylsiloxane
(PDMS and curing catalyst) was bought from Z-mark Co., Italy. The pure gases including CH4

(99.9%) and H2 (99.9%) were supplied from Technical gas services. These gases were used in
permeation measurement experiments.

17.2.2 Characterizations

Asymmetric membranes were prepared with 28 wt% PEI in NMP solvent by phase inversion
method. The PDMS coating solution was prepared by dissolving the PDMS polymer resin and
the cross-linking agent with a weight ratio of 10:1 in n-hexane to obtain a homogeneous solution.
A conventional set up was used for gas permeance measurement with highly accurate transmitters
and a PLC. The Mettler Toledo digital density meter and a Koehler viscometer (Model HKV3000)
were used for density and viscosity measurements.

17.3 RESULTS AND DISCUSSION

17.3.1 The influence of the polymer concentration on the solution density and viscosity

Density of the polymer solution is needed for the calculation of thermodynamics and transport
properties of the polymer solution. Results showed for PEI in NMP at a given temperature,
the solution density increased linearly by increasing the polymer mass fraction. Also, as the
temperature increased, the density decreased linearly, as well. The viscosity of the polymer
solution depends on concentration and size (i.e., molecular weight) of the dissolved polymer, used
solvent and temperature. Viscosity techniques are very popular because they are experimentally
simple. By measuring viscosity, studying of the polymer solution properties is possible. Increasing
of the polymer concentration can promote the solution viscosity where ln µ vs. X is linear where
µ is the dynamic viscosity of the polymer solution (cp) and X is polymer concentration [wt%]. As
temperature increases, the viscosity decreases. At higher temperatures, the molecular movement
of the polymer is easier due to the following reasons:

• Decrease of the solvent viscosity at higher temperatures.
• Decrease of the inter-chain liaisons.
• Increase in the polymer solubility.

All these factors contribute to decrease the viscosity as the temperature increases.

17.3.2 Critical concentration determination

Above and below of the critical concentration, the entanglement of the macromolecular chains
changes dramatically. Figure 17.1 shows the effect of the polymer mass fraction on the solution
viscosity at 25◦C. It was found that the solution viscosity increased as the polymer concentration
of the solution was raised. As shown in Figure 17.1, the viscosity data showed a drastic slope
change in a range of the polymer concentration between 20 and 30 wt%. The intersection of the
tangents at these two concentrations determines the critical concentration of about 24 wt%, where
a significant change in the degree of chain entanglement occurs (Chung and Kafchinskin, 1997).
Therefore, the membranes which are cast from solutions with a polymer concentration higher
than 24 wt% have a high entangled conformation, tighter intermolecular chain displacement and
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Figure 17.1. The effect of PEI mass fraction in NMP solvent on viscosity at 25◦C.
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Figure 17.2. The viscosity of PEI solutions in NMP solvent at various temperatures.

less defective outer skin layers than those cast from the solutions with a polymer concentration
lower than 24 wt% (Ismail and Lai, 2003).

Because of the importance of temperature in the preparation of gas separation membrane, the
range of 25–40◦C was selected for study of the influence of temperature on the solution viscosity.
Figure 17.2 represents the influence of temperature on the PEI solutions viscosity in NMP. It was
found that the solutions viscosity decreased by increasing temperature. The critical concentration
of PEI in NMP was not changed significantly at different temperatures.
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Figure 17.3 (right) and 17.4 (left). H2 and CH4 permeance in PEI membrane with different concentrations
at different pressures and 25◦C.

17.3.3 The effect of the polymer concentration

Polymer concentration has been identified as one of the most influential parameters on the mem-
brane performance and morphology. Increasing the polymer concentration in the dope solution
leads to a thicker selective layer and higher selectivity. Increasing the polymer concentration
leads to stronger interaction between polymer/solvent, and polymer/non-solvent. These effects
can promote the coagulation rate for dense selective layer and slower the precipitation rate for
the sub-layer. Therefore, increasing the polymer concentration leads to an asymmetric membrane
with a dense selective layer and a closed cell substrate suitable for gas separation.

Polymeric membranes were prepared with three different concentrations of PEI, lower and
upper critical concentration, (23, 25 and 28 wt%). The prepared membranes were coated by
15 wt% PDMS in n-hexane solution. Figures 17.3 and 17.4 show H2 and CH4 permeance through
the PEI membranes with different concentrations as a function of pressure at 25◦C, respectively.

The results show that the permeance of both H2 and CH4 declined with increasing the polymer
concentration due to the fact that membrane preparation from a dilute polymer solution results
in a thinner and sometimes porous skin layer, leading to a higher permeability but low degree
of selectivity for gas separation. Figure 17.5 shows the cross sectional SEMs of the membranes
fabricated from different concentrations of PEI. These membranes exhibited a typical asymmetric
structure with developed macrovoids and a thick dense top layer.

As shown in the cross sectional SEMs, the prepared membranes from casting solutions with
higher polymer concentration exhibited less finger-like macro voids and a more obvious porous
substructure. On the other hand, the membranes produced from the casting solutions with lower
polymer concentrations showed lower overall thickness that has led to higher permeability and
lower selectivity.

Figure 17.6 indicates the selectivity of H2/CH4 for different concentrations of PEI at different
pressures and 25◦C. The selectivity of H2/CH4 was enhanced by increasing the polymer concen-
tration. By increasing the polymer concentration, it was observed that the skin layer thickness is
increased and the surface porosity decreased.

17.3.4 Effect of non-solvent type

The formation of asymmetric polymer membranes by immersion precipitation process is based
on the phenomenon of liquid-liquid phase separation. This phase separation is an important
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Figure 17.5. Cross sectional SEM of un-coated membrane with (a) 28 wt%, (b) 25 wt% and (c) 23 wt%
concentrations.

feature of the membrane formation process that occurs in the polymer solution after immersion
in a non-solvent bath, with a great influence on membrane structure. The used non-solvent in
the phase inversion method can affect the membrane behavior and morphology. Research on
different coagulants in the PEI/NMP/non-solvent phase inversion process provides information
about a good non-solvent for this process. The precipitation time is the most important parameter to
determine membrane structure. The precipitation time was defined to describe the phase inversion
process qualitatively. This time was recorded as the time period from when the wet cast film
was immersed into the coagulation bath, to when the film separated completely from the glass
plate. Water, water/2-propanol (4:1), methanol, ethanol and 2-propanol were use as non-solvents.
Figure 17.7 represents the effect of difference in solubility parameters of solvent and no-solvent
on precipitation time.



196 A.A. Shamsabadi, M.B. Babaheidari & K. Majdian

P [MPa]

23%

25%

28%

S
el

ec
tiv

ity

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1 1.1
0

3

6

9

12

15

18

21

24

27

30
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time at 25◦C.

Comparison between solubility parameters of non-solvents and solvent shows that lower
difference between the solubility parameters enhances precipitation time. In general, the fast
coagulation rate (low precipitation time) results in a formation of large finger-like macrovoids
and cavity-like structures, whereas the slow coagulation rate results in a porous sponge-like
structure (Deshmukh and Li, 1998).

Figure 17.8 presents SEM of fabricated membrane with different non-solvents. As shown in
SEMs using water as non-solvent resulted in a finger-like membrane structure and for isopropanol
sponge-like was formed; from water to isopropanol macro voids reduces and sponge-like structure
was formed as expected according to Figure 17.7.
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Figure 17.8. Cross sectional SEM of fabricated membrane (28 wt%) with different non-solvents from left
to right (water, water/isopropanol (4:1), methanol, ethanol and isopropanol).
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Figure 17.9. Effect of different non-solvents on selectivity and permeability of pure H2 at 0.1 MPa
and 25◦C.

Figure 17.9 shows selectivity and pure hydrogen permeance for different non-solvents at
0.1 MPa and 25◦C. In the case of water, because of the lowest precipitation time finger-like
macrovoids and cavity-like structures will be resulted and the highest selectivity and the lowest
permeance was obtained. With increasing precipitation time more porous structures are formed
and permeance was enhanced and selectivity was declined.
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17.4 CONCLUSION

Critical concentration of the PEI solutions in NMP solvent was determined by viscometric method
as 24 wt%. The influence of temperature on critical concentration was investigated and no signif-
icant effect was observed. The study of the polymer mass fraction and temperature effects on the
viscosity and density of the PEI solution in NMP showed that as the temperature increased, both
the viscosity and density decreased. In addition, by increasing the polymer mass fraction the vis-
cosity and density of the polymer solution were enhanced. Finally, three asymmetric PDMS/PEI
membranes with different concentrations of PEI were prepared and characterized for H2/CH4

separation. The results showed that the selectivity increased for the polymer concentrations in
the dope solution higher than the critical concentration which led to a thick selective layer that
resulted in preparation of more suitable membranes for gas separation. The use of water as non-
solvent resulted in denser membrane due to its lower precipitation time (higher difference between
solubility parameter of solvent and non-solvent). Using isopropanol resulted in membranes with
sponge-like structure.
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CHAPTER 18

Powder preparation effect on oxygen permeation flux of hollow fiber
LSCF6428 ceramic perovskite membrane

Haikal Mustafa, Ammar Mohd Akhir, Sharifah Aishah Syed Abdul Kadir,
Ahmad Fauzi Ismail, Pei Sean Goh, Be Cheer Ng & Mohd Sohaimi Abdullah

18.1 INTRODUCTION

Separation of oxygen from air for industrial applications is a growing operation that produces
nearly 100 million tons of oxygen each year. The demand for oxygen will tremendously increase
in the near future because virtually all large-scale clean energy technologies will require oxygen as
one of the operation feeds (Emsley, 2001). The current industrial standard process to produce pure
oxygen from air is using cryogenic distillation or pressure swing adsorption (PSA). The cryogenic
distillation process is known to be complex, expensive and energy intensive. The latter practice,
PSA involves the separation of air at ambient temperature using molecular sieve adsorbents to trap
nitrogen in order to produce oxygen with purities of 90 to 95%. The inability to achieve higher
oxygen purity has reduced the probability of PSA to be used in future clean energy endeavors
(Hashim et al., 2011). It is obvious that both methods have their disadvantages.

Based on the finding of Teraoka et al. (1985) oxygen separation from air through perovskite
dense ceramic membrane La1−xSrxCo1−yFeyO3−δ showed potential to become an alternative
method to produce pure O2. Perovskite-type membrane with a structure of ABO3 contains tran-
sition metals at the B site that show high electrical conductivity. The partial substitution of
A site cations by other metal cations with lower valencies resulted in the formation of oxygen
vacancies and appearance of ionic conduction. This oxygen sorptive property coupled with the
electronic conductive properties as discussed earlier has suggested the possibility of using the
defect perovskite-type oxides as an oxygen permeating membrane which can work without any
need of electrodes and external electric circuit (Teraoka et al., 1985).

Previous research (Luyten et al., 2000; Tan et al., 2008a; Teraoka et al., 1988; Xu andThomson,
1998) also indicated that perovskite dense membranes can provide a reliable and efficient option
to produce pure oxygen.

In order to achieve high oxygen flux through the perovskite dense membrane, several factors
must be taken into consideration. Firstly, the powder synthesis routes in which the route cho-
sen must be able to produce powder with a single phase perovskite structure, maintain correct
stoichiometry and exhibit high surface area (Richardson et al., 2003). Secondly, the membrane
configuration should also exhibit the least oxygen permeation resistance and has appreciable
structural strength under different air flow rate and pressure (Tablet et al., 2005). Lastly, it is
imperative that the perovskite chemical composition selected is able to show good chemical sta-
bility under a reducing environment and at elevated temperature (Xu and Thomson, 1998). In
this research, by using laboratory prepared and commercially procured LSCF6428 powders, 2
types of hollow fiber membranes were fabricated, characterized and evaluated. The purpose of
this investigation is to study the relationship between the LSCF6428 powder preparation method
and the oxygen permeation flux of the fabricated hollow fiber membranes.

LSCF6428 powders prepared through 3 methods; solid state reaction, reactive grinding and
co-precipitation were used for comparison due to their ability in producing powders that meet the
criteria of single phase perovskite structure, achieving the desired stoichiometry compound and
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exhibiting relatively high average surface area value around 5 m2 g−1 (Richardson et al., 2003;
Xu and Thomson, 1999; Zawadzki et al., 2011). Furthermore, these 3 methods of preparing the
perovskite powder with desired product properties have been well established and the procedures
involved are well documented. However, in this study, when compared to commercially procured
LSCF6428 powder, the laboratory prepared powder was certainly less inferior by having a lower
average surface area value than the commercially procured powder.

Membrane was fabricated in hollow fiber configuration due to several reasons. In most
previous studies, disc-shaped membranes with only limited membrane area (<5 cm2) were
usually used because they can be easily fabricated using conventional static-pressing meth-
ods (Yaremchenko et al., 1999; Zeng et al., 1998). Although a multiple planar stack can be
adopted to enlarge the membrane area to a plant scale, many problems such as high temper-
ature sealing, connection, and pressure resistance have to be faced (Li et al., 1999). Tubular
perovskite membranes were developed to reduce the engineering difficulties, especially the prob-
lem associated with high-temperature sealing (Steele, 1996; Zeng et al., 1998). Their main
disadvantages are small surface area/volume ratio and the high membrane thickness, which
would in turn lead to low oxygen permeation fluxes, and these problems make them unfavor-
able in practical applications. On the other hand, hollow-fiber ceramic membranes with an
asymmetric structure possess much larger membrane area per unit volume for oxygen perme-
ation activities. By adopting long hollow fibers and keeping the two sealing ends away from the
high-temperature zone, the problem of high-temperature sealing no longer exists. Furthermore,
because of the asymmetric structure, the membrane’s resistance to oxygen permeation is substan-
tially reduced compared to that of symmetric membranes prepared by conventional methods. In
addition, the integrated porous layers on either side or both sides of the membrane also provide
much larger gas-membrane interfaces for oxygen-exchange reactions, leading to an enhance-
ment of surface oxygen-exchange kinetics and thus to an improved oxygen permeation flux
(Tan et al., 2004).

LSCF6428 composition was selected for this research due to its abilities that exhibit chemi-
cal stability at reducing environment and elevated temperature. A research by Xu and Thomson
(1998) found that LSCF6428 composition showed no phase changes when the LSCF powder
was heated at 850◦C in helium or argon for 8 h or nitrogen for 12 h. The partial substitu-
tion of the A site (La3+) with Sr2+ in LSCF can maintain its chemical stability in inert gas
at 850◦C. It was also reported that the membrane is able to retain its mechanical and chem-
ical stability in air at operating temperatures up to 960◦C. In another research conducted by
Tan et al. (2010), the extended period stability experiments have recorded excellent stability of
LSCF6428 membranes system which was operated for more than 1167 h at around 960◦C to pro-
duce 99.4% purity of oxygen concentration. Obviously, LSCF6428 composition has advantages
to be operated in a reducing environment, high temperature conditions and for a prolonged period
of operation.

18.2 EXPERIMENTAL

18.2.1 LSCF6428 powders

The commercially prepared LSCF6428 powder was purchased from InframatAdvanced Materials,
United States of America. In order to acquire laboratory prepared LSCF6428 powder using the
solid state reaction method, stoichiometric amounts of La2O3, Fe2O3, Co2O3, SrCO3 powders
were mixed and milled with water using a planetary ball miller at 300 rpm for duration of 24 h.
The mixture was then dried in an oven for 24 h at 80◦C. Finally the sample was calcined in a
furnace at 900◦C for 5 h. The reactive grinding route involved milling a stoichiometric mixture
of La2O3, SrCO3, Co2O3 and Fe2O3 powders with ethanol using a ball mill for period of 48 h.
The powders were then calcined for 5 h at 900◦C. The last method, the co-precipitation method,
involved dissolving a stoichiometric mixture of La(NO3)3·6H2O, Sr(NO3)2, Fe(NO3)3·9H2O and
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Co(NO3)3·9H2O in deionized water (0.2 M solution). An equal volume of precipitant solution was
prepared of higher molarity, ensuring the precipitating ion was in excess throughout the experiment
such as 5 M potassium hydroxide (KOH). Whilst stirring the precipitant solution vigorously, the
individual nitrate solution was gradually added. The resulting slurries were vacuum filtered prior
to being washed with deionized water and dried in an oven at 110◦C for 24 h. A mortar and
pestle were used to mix together the dried powders. Samples of the powders were characterized to
determine their properties using X-ray diffraction (XRD) analysis, scanning electron microscopic
(SEM) imaging and Brunauer, Emmett, Teller (BET) analysis. These values were then compared
to the commercial purchased powders properties, and only one of the laboratory powders that
had the best values was chosen to proceed with the membrane fabrication stage along with the
purchased powder.

18.2.2 Hollow fiber membranes

Previous research work by Tan et al. (2004) was used as reference for the fabrication process. In
this process, polyethersulfone (PESf) was used as the polymer solution, poly(vinylpyrrolidone)
(PVP) as the plasticizer, N -methyl-2-pyrrolidone as the binder. Firstly, a calculated quantity of
PESf with PVP additive was dissolved in the weighed NMP solvent in a 250 mL (wide-neck
bottle). The weighed amount of LSCF6428 powder was then added gradually under stirring
at around 300 rpm to ensure the uniform dispersion of the powder in the polymer solution. The
stirring was carried out continuously for 48 h before the spinning process. After degassing at room
temperature for 30 min, the starting solution was then transferred to a stainless steel reservoir and
pressurized to 0.10 MPa using nitrogen. A spinneret with an orifice diameter and inner diameter
of 2.0 and 1.0 mm, respectively, was used to obtain the hollow fiber precursors. Distilled water
and tap water were used as the internal and external coagulants, respectively. The formed hollow
fiber precursors were immersed in a water bath for more than 24 h to complete the solidification
process. Finally, the resulting hollow fiber precursors were heated in a furnace at 600◦C for 2 h
to remove the organic polymer binder and were then sintered at high temperatures 1300◦C for
4 h to allow the fusion and bonding to occur. Through these procedures, two types of hollow
fiber membranes were fabricated, i.e. C-LSCF (commercial powder) and L-LSCF (laboratory
powder). The membranes were then characterized through XRD analysis, SEM imaging and
3 point bending test.

18.2.3 Oxygen permeation experiments

The experiments were also conducted based on previous work that was reported by Tan et al.
(2004; 2005) as point of reference. In order to proceed with oxygen permeation testing, the hol-
low fiber membrane module was first prepared by using two types of quartz tube of different
lengths. A ceramic cement paste, Sauereisen Aluseal Adhesive Cement No. 2 purchased from
Ellsworth Adhesives, Malaysia was used for the sealing purpose of the module. The exposure
length of the hollow fiber membranes used for the experiment was set at 2 cm due to its low
mechanical strength and brittleness characteristic which inhibits longer exposure length. After
the membrane module was set up, it was left to cure for 24 h at room temperature. The final
stage of the rig set up involved the connection of all the gas tubes to the membrane module.
Two sets of module that consist of each C-LSCF and L-LSCF membrane, respectively, were
constructed for the oxygen permeation experiments. In the experiments, both modules were
subjected to 3 different temperatures (800, 850 and 900◦C). In order to achieve proper pres-
sure drive, the feed oxygen gas was set at 0.11 MPa and nitrogen gas was set at 0.10 MPa,
respectively. When the furnace reached the desired temperature, these gases were released for
a period of time to attain a stable condition. Afterward, the sample gas at the module outlet
was collected using a sample bag and oxygen concentration was tested using gas chromatogra-
phy equipment. The oxygen permeation flux was then calculated using the established formulas.
(Tan and Li, 2002).
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Table 18.1. LSCF6428 powders surface values from BET analysis [m2 g−1].

Method 1st Sample 2nd Sample 3rd Sample Average

Solid-state reaction 7.08 7.09 7.08 7.08
Reactive grinding 6.69 6.67 6.70 6.69
Co-precipitation 5.77 5.63 5.75 5.72
Commercial 8.61 8.59 8.62 8.61

(a)

(c)

(b)

(d)

Figure 18.1. SEM images of LSCF6428 powder types: (a) commercial, (b) solid state reaction method,
(c) reactive grinding and (d) co-precipitation.

18.3 RESULTS AND DISCUSSION

18.3.1 LSCF6428 powders preparation

Table 18.1 shows the surface area value of each LSCF powders. C-LSCF powder exhibited
the highest surface area followed by solid-state reaction (SS), reactive grinding, (RG) and co-
precipitation (CP) powder. This trend of descending surface area values has also been observed
and reported by Richardson et al. (2003) and Zawadzki et al. (2011). Powder produced through
solid state reaction possessed the highest surface area value of 7.08 m2 g−1 among the 3 laboratory
methods. This value is consistent with the previous work which said that the SS method’s ability
to attain such value was due to its powder preparation by grinding physically the raw materials
(Richardson et al., 2003). SEM images of the powders showed relatively small particle size
and uniform structure except powder produced via the co-precipitation method. Figure 18.1d
clearly shows in the powder formation. Such formation is expected since this method involves
agglomeration of particles to form a new powder phase. Based on the XRD analysis results
shown in Figure 18.2, powders produced through SS and RG gave a single phase perovskite
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Figure 18.2. XRD analysis pattern comparisons between (a) solid-state reaction (SS) (top), (b) reactive
grinding (RG) (top) and (c) co-precipitation (CP) (top) and C-LSCF powder (bottom).

pattern while the powder fabricated via the CP route showed some impurities building up. As
reported by Taheri et al. (2010), the occurrence of impurities in the co-precipitation produced
powder may be due to the loss of strontium hydroxide during washing of the co-precipitated gel.
From the preparation process aspect, even though reactive grinding applied the same principle as
solid state reaction which is physical compounding, it required a longer period of milling, making
it an unfavorable method to produce large quantity LSCF6428 powder. Also the usage of ethanol
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Figure 18.3. XRD analysis pattern of (a) laboratory prepared and (b) commercially procured between
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Figure 18.4. SEM images of the fabricated LSCF6428 membrane: (a) L-LSCF and (b) C-LSCF.

in its procedure posed some safety issues such as combustion during the milling process. Powder
produced through co-precipitation showed impurities building up in its composition, non-uniform
powder particle size and relatively low surface area value. In addition, co-precipitation method
involved numerous steps in its process. Therefore, this method has been identified as a poor
choice to produce a high volume of LSCF6428 powder, given that the powder prepared through
solid state reaction has achieved the desired requirements; single phase perovskite structure,
small and uniform particle size and high surface area value. Its straight forward approach that
only involves a few parameters makes this method a suitable alternative technique to produce
perovskite LSCF6428 in large quantity. Therefore, it was chosen to proceed in the membrane
fabrication process.

18.3.2 Hollow fiber membranes fabrication

The results of XRD analysis and SEM imaging are shown in Figures 18.3 and 18.4, respectively.
From XRD analysis results, it was found that the membrane maintained its single phase perovskite
structure albeit with increased intensity as compared to its powder due to enlargement of the
crystal in the membrane resulting from the sintering process at high temperature. From the SEM
images, both membranes exhibited fingerlike structures that formed near both the inner and
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Table 18.2. Oxygen permeation fluxes collected from C-LSCF Module and L-LSCF Module at various
operating temperatures.

C-LSCF Module [cm−3 cm−2 min−1] L-LSCF Module [cm−3 cm−2 min−1]
Temperature

[◦C] Sample 1 Sample 2 Sample 3 Average Sample 1 Sample 2 Sample 3 Average

900 0.1643 0.1637 0.1647 0.1642 0.1651 0.1643 0.1662 0.1652
850 0.0934 0.0922 0.0940 0.0932 0.0937 0.0949 0.0941 0.0942
800 0.0616 0.0627 0.0614 0.0619 0.0621 0.0629 0.0631 0.0627
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Figure 18.5. Oxygen permeation flux comparison between L-LSCF membrane module and C-LSCF
membrane module.

outer walls, and a sponge-like layer appeared at the center of the fiber membrane. The formation
of such asymmetric structures can be attributed to the rapid precipitation occurring at both the
inner and outer walls that are close to the coagulants, resulting in short finger-like pores, but the
low precipitation at the center of the fiber resulted in the formation of a sponge-like structure
(Tan et al., 2004). However, these features are less significant on the C-LSCF membrane due
to the smaller average particle size of its powder (high surface area value), which makes the
powder closely packed during the membrane fabrication process, hence resulting in better fusion
during the sintering stage (Liu et al., 2001). The 3 point bending test provided the mechanical
strength measurement of 28 MPa for L-LSCF membrane and 30 MPa for C- LSCF membrane
but both values are less than the acceptable application value of 45 MPa (Liu et al., 2001). The
low mechanical strength possessed by the membranes might limit their application in extensive
and prolonged periods of oxygen permeation. However, such values were expected since the
outer and inner diameter values of the fabricated membranes were considerably less compared to
membranes used in other previous research (Tan et al., 2004; Tan et al., 2008b). Liu et al. (2006)
suggested that the mechanical value can be improved without any changes to the diameter of
the membrane by increasing the sintering temperature or prolonging the duration of the sintering
stage.

18.3.3 Oxygen permeation experiments

The oxygen permeation results are given in Table 18.2 while Figure 18.5 illustrates the perfor-
mance comparison between the two types of membrane. Based on the results obtained, three
important findings were revealed. Firstly, both membranes showed best oxygen permeation flux
at an operating temperature of 900◦C with C-LSCF and L-LSCF module giving 0.1642 and
0.1652 cm3 cm−2 min−1, respectively. These values clearly do not satisfy the industrial application
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requirement for oxygen production of 3.5 cm3 cm−2 min−1 (Steele, 1996). Furthermore, the val-
ues were far below 0.7343 cm3 cm−2 min−1, which has been previously reported by Tan et al.
(2004). It is worth mentioning that, the experiment methodologies of the current research were
referred to that reported by Tan et al. Such low values were attributed to the application of shorter
length hollow fiber membrane in this research. Secondly, the oxygen permeation fluxes exhibited
by both membranes were similar at all 3 temperature settings. Based on previous studies (Li
et al., 1999; Zeng et al., 1998), the assumption was made that, by using LSCF powders with
higher surface area value, the membrane module of C-LSCF should provide a higher value of
oxygen permeation flux than the L-LSCF module. However, in those studies, the powder surface
area values were related to its ability to be compacted into a disk-shaped membrane. One of the
main problems encountered in disk membrane application is that the membrane should be as
thin as possible to reduce the oxygen permeation resistance without compromising its mechan-
ical properties, since mechanical strength is essential for prolonged usage. Higher surface area
value, which powders of smaller particle size exhibit, allows the powder to be fabricated into
thin and dense disk shaped membrane. It seems that the type of membrane configuration chosen
for this research; which is hollow fiber design has played a more significant role in determining
the value of oxygen permeation flux through the membrane. As shown by previous studies by
Tablet et al. (2005) and Liu and Gavalas (2005), which had made direct comparison between
disk-shaped membrane and hollow fiber membrane in terms of oxygen permeation, it has been
clearly affirmed that the hollow fiber membrane configuration demonstrated considerably higher
flux value, due to its asymmetric structure which provides less resistance towards the oxygen per-
meation and also exhibits larger membrane area per unit volume for oxygen interaction with the
membrane surface. Lastly, the values calculated also showed significant increment with higher
operation temperature value. This trend has been explained by previous research studies (Tan and
Li, 2002; Tan et al., 2004) which proposed that operating temperature is one of the major factors
in determining the oxygen permeation flux due to the order-disorder transition of oxygen vacancy.
The oxygen vacancies tend to disorder at elevated temperatures, maximizing their configurational
entropy, thus becoming highly mobile, which favors greater oxygen permeation flux through the
membrane (Kruidhof et al., 1993).

Based on the experiments conducted and results collected, there is no significant information
that suggested that different types of powder preparation method will affect oxygen permeation
flux of the resultant hollow fiber membrane. Nevertheless, as suggested by the previous research
of Richardson et al. (2003), the method chosen must have the ability to create LSCF powder with
the desired stoichiometric composition, small size and uniform powder particle, and relatively
high surface area value. These characteristics are required to ensure the successful fabrication of
gas tight hollow fiber membrane. A single phase perovskite structure is required to allow the per-
meation of oxygen ions through the membrane. Application of small and uniform powder particle
size will result in greater dispersion of the particle powder in polymer and solvent during the dope
preparation stage in the hollow fiber fabrication process. By having a well mixed dope solution,
it will ensure that the solution will react properly with the internal and external coagulant during
the spinning process to produce the asymmetric structure in the finished hollow fiber (Tan et al.,
2004). In terms of the difference in surface area, as evidenced from the SEM images and 3 point
bending results from this research, a higher average surface area and smaller particle size have
resulted in close packing of the powder during the sintering process, followed by improved fusion
of the membrane throughout the sintering process. This behavior leads to enhanced mechanical
properties of the membrane, hence resulting in improved structural strength.

18.4 CONCLUSION

Both membrane modules, L-LSCF and C-LSCF exhibited similar oxygen permeation flux at each
operating temperature setting. This indicates that hollow fiber membrane derived from LSCF6428
powder that was prepared through the solid state reaction method showed the same oxygen
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permeation flux as hollow fiber membrane derived from commercially procured LSCF6428 pow-
der. Given that the powder derived from solid state reaction has a lower surface area value than
its counterpart, it was hypothetically assumed that the latter would provide better oxygen perme-
ation results. However, this correlation was only applicable to oxygen permeation experiments that
involved disk shape membrane design. In conclusion, based from the results obtained, the powder
preparation method does not directly affect the oxygen permeation flux of hollow fiber mem-
brane. However, it does affect the fabricated membrane properties such as its structural strength.
Due to its asymmetric structure that provides the least oxygen permeation resistance and which
offers a large surface area for oxygen ion interaction, the membrane configuration of hollow fiber
design seems to be a more important factor in influencing the oxygen permeation flux.
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CHAPTER 19

Preparation of porous PVDF/montmorillonite hollow fiber
mixed matrix membrane contactor via phase inversion
method to capture CO2 in membrane contactor

M. Rezaei-DashtArzhandi, Ahmad Fauzi Ismail, Seyed A. Hashemifard,
Gholamreza Bakeri & Takeshi Matsuura

19.1 INTRODUCTION

Threatening levels of anthropogenic greenhouse gases, particularly carbon dioxide (CO2), pose
great environmental, economic and operational impacts to the earth. Hence, the reduction of
CO2 content in gas streams and its emission to the atmosphere seems inevitable (Ismail and
Mansourizadeh, 2010). Membrane contactors, which are designed to absorb CO2, are a newly
devised apparatus with a solid, microporous and hydrophobic membrane. Membrane contactors
have drawn considerable attention due to their superior characteristics compared to conventional
methods such as high surface area, no flooding, loading, entrainment and modularity. Neverthe-
less, the membrane contactors suffer from some drawbacks. For instance, the membrane itself
during the process causes an additional resistance to the overall mass transport that becomes
more significant when a fraction of membrane pores is filled with liquid absorbent (Hashemifard
et al., 2011). Therefore, there is a need to fabricate membranes with low mass transfer resis-
tance (high porosity) and high wetting resistance (high hydrophobicity). A number of methods
have been proposed to enhance the membrane hydrophobicity and reduce the wettability, which
dispersing small fillers throughout a polymer called mixed matrix membranes (MMMs) have
presented an interesting approach. Moreover, the organic/inorganic combination is proved to
enhance thermal, chemical and mechanical stability of polymeric membranes (Drioli et al., 2006;
Sridhar et al., 2007).

Recently, inorganic clay-nanoparticles were developed as fillers or additives in polymer matrix,
since the addition of very low clay content (less than 10%) can improve several properties of
polymeric membranes (Bakeri et al., 2010; Drioli et al., 2006; Sridhar et al., 2007).

In the study, hydrophobic montmorillonite (MMT) was used as filler for the fabrication of
porous PVDF hollow fiber MMM via wet phase inversion method for CO2 absorption in contactor.
MMT type clay possesses a high aspect ratio with a layered structure. It has a structure consisting
of two silicate tetrahedral sheets with an edge-shared octahedral sheet of either aluminum or mag-
nesium hydroxide. The effects of MMT nano-clay on the membrane morphology, permeability,
hydrophobicity and CO2 absorption performance were investigated. Since both PVDF polymer
matrix and MMT particles are hydrophobic, higher surface hydrophobicity, wetting resistance
and performance can be expected.

19.2 EXPERIMENTAL

19.2.1 Materials

Commercial PVDF polymer pellets (Kynar®740) were supplied by Arkema Inc., PA, USA. A
hydrophobic MMT and Nanomer 1.30TC surface modified by octadecylamine (25–30 wt%) was

209
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purchased from Fluka, and 1-methyl-2-pyrrolidone (NMP >99.5%) was used as solvent without
further purification. Lithium chloride (LiCl, ≥99%) (Sigma-Aldrich®) was used as pore-former
additive in the polymer dopes. Methanol (GR grade, 99.9%) was purchased from MERCK and
used for post-treating the prepared membranes. Tap water was used as the coagulant in the spinning
process. Distilled water was used as a liquid absorbent in the CO2 absorption experiments.

19.2.2 Fabrication of asymmetric porous hollow fiber MMMs

The selected clay particles, PVDF polymer pallets and LiCl were vacuum dried in an oven for 48 h
at 65 ± 2◦C to remove moisture content. Different MMT contents (1.0, 3.0 and 5.0 wt% of PVDF)
were dispersed in the solvent (NMP) and sonicated for 1 h at 40◦C. LiCl of 2.5 wt% was added,
then 18 wt% PVDF was gradually added to the mixture and to ensure the complete dissolution
of the polymer and nano-filler, the mixture was stirred overnight. The prepared spinning dope
solution was degassed. The hollow fiber spinning details through the wet phase inversion can
be found elsewhere (Bakeri et al., 2011). The prepared membranes then were dried for further
characterizations.

19.2.3 Field emission scanning electron microscopy (FESEM) examination

A field emission scanning electron microscope (FESEM) (JEOL JSM-6701F) was used to observe
the morphology of the spun PVDF hollow fiber membranes and to investigate the extent of the
adhesion between the filler particles and the polymer matrix by the standard methods. The dried
hollow fiber samples were cut into small pieces of approximately 5 cm length to be fractured in
nitrogen for observation of the cross-section. The FESEM micrographs of cross-section, internal
surface and an external surface of the hollow fiber MMMs were taken at various magnifications.

19.2.4 Gas permeation test and contact angle measurement

A hollow fiber with an effective length of 10 cm was glued with epoxy glue at one end and the
other end was potted to a stainless steel fitting. The purified nitrogen (N2) gas was supplied to
the shell side and the pressure increased at an interval of 0.05 MPa. The permeation rate of gas
coming out from the lumen side was measured by the soap-bubble flow meter.

The hollow fibers were dried at 60 ± 2◦C for 12 h and contact angles were measured on the
upper surface of the membranes by the sessile drop technique using a goniometer (model G1,
Krüss GmbH, Hamburg, Germany).

19.2.5 Gas absorption test

The CO2 absorption experiment was carried out to evaluate the performance of the fabricated
membranes. Ten hollow fibers with the effective length of 17.5 cm were packed in a contactor
module. Distilled water and pure CO2 flowed in the lumen and shell sides respectively. The CO2

concentration in the liquid outlet at various flow rates was measured by titration using 0.02 M
sodium hydroxide (NaOH) solution and phenolphthalein to determine the CO2 flux.

19.3 RESULTS AND DISCUSSION

19.3.1 Morphology study

Dispersion of hydrophobic nano-fillers into PVDF polymer matrix, the extent of adhesion between
them and the morphology of prepared MMMs were investigated by FESEM images. The cross-
sectional, inner surface and outer surface micrographs in different clay loading are given in
Figure 19.1. It can be seen from cross sectional FESEM images that the membranes have a thin
skin layer and the finger-like structure in the substrate extends from the outer surface and meets
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Figure 19.1. Field emission scanning electron microscopy (FESEM) morphology of the PVDF hollow fiber
membranes: (A) without MMT; (B) with 1 wt% MMT; (C) 3 wt% MMT; (D) 5 wt% MMT;
(1) cross section; (2) inner surface and (3) outer surface.

with the sponge-like structure in the middle of the cross-section. It is well known that the solvent-
coagulant exchange rate during phase inversion and the thermodynamic stability of the polymer
solution control the structure of asymmetric membranes. As for the thermodynamic stability,
incorporation of MMT clay filler into PVDF polymer matrix decreased thermodynamic stability
of spinning solutions and accelerated the solvent/coagulant demixing rate. Consequently, MMMs
with many finger-like macrovoids of smaller diameters underneath a very thin skin layer are
formed. Regarding the inner surface micrographs (Fig. 19.2), an inner skinless surface with open
microporous structure are observed due to the high concentration of solvent in internal coagulant
and slow solidification process. In addition, no pores are visible on the outer membrane surfaces
at magnification of 50k, confirming the small pore size of the outer membrane surface, which
will be verified later in the gas permeation test.
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Figure 19.2. Measured N2 permeance of the PVDF hollow fiber MMMs as a function of mean pressure.

Table 19.1. Characteristics of the prepared PVDF hollow fiber MMMs.

Membrane Plain PVDF 1% MMT 3% MMT 5% MMT

Permeance of N2 gas at 0.7 MPag 3.7 × 10−7 6.6 × 10−7 8.7 × 10−7 7.7 × 10−7

Effective surface porosity (ε/Lp) [m−1] 87 124 170 237
Mean pore size, rP,m [nm] 26 32 31 21
Contact angle (θ) 80◦ 84◦ 88◦ 99◦

19.3.2 Gas permeation and contact angle measurement

The results for the gas permeation experiments are shown in Figure 19.2. The mean pore size
and effective surface porosity were further obtained, and the results are shown in Table 19.1.
Figure 19.2 and Table 19.1 show that the gas permeance increased by increasing MMT loading up
to 3 wt% and then went down at 5 wt%. The effective surface porosity, on the other hand, increased
continuously with the nano-clay filler loading (Table 19.1). These observations, particularly those
of the effective surface porosity, are in accordance with the increase of finger-like pores beneath
the outer surface (see Fig. 19.1). It can be attributed to the good dispersion of layered clay into the
polymer matrix which caused lower thermodynamic stability and faster solidification of polymer
solution. Generally, incorporation of molecular sieve type nano-fillers into the polymer matrix
can enhance the membrane permeability. A slight decrease of N2 permeance for 5 wt% MMM
compared to 3 wt% MMT loading is believed to be due to the detected decrease of membrane
pore size.

The contact angles of the outer hollow fiber membrane surfaces also are included in Table 19.1.
The contact angle of pristine PVDF membrane increased by MMT incorporation from 80◦ to 99◦
of 5 wt% MMT MMM. Most likely the contact angle increase was due to the loading of highly
hydrophobic MMT nano-clay and the presence of hydrophobic component on the membrane
surface.

Conclusively, it can be predicted that the fabricated MMMs with higher surface hydrophobicity
and permeance can exhibit higher absorption performance.

19.3.3 CO2 absorption test

Physical CO2 absorption test was carried out supplying water absorbent in the lumen side and
pure CO2 gas in the shell side in a counter-current direction. The average absorption fluxes of
CO2 at different loadings of nano-clay as a function of the absorbent flow rates were obtained
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Figure 19.3. CO2 absorption performance of the hollow fiber MMMs (pure CO2-distilled water system).

and the results are illustrated in Figure 19.3. The flux of prepared membranes increased with
an increase in the liquid flow rate due to the reduction of liquid side mass transfer resis-
tance. The absorption flux also increased by increasing MMT content in the polymer matrix
and 5 wt% MMT MMM exhibited a maximum absorption flux. This was attributed to the high-
est surface hydrophobicity and small pore size of 5 wt% MMT MMM compared to the other
membranes which restricted the intrusion of absorbent into the membrane pores. The highest
CO2 absorption flux of 1.59 × 10−3 mol m−2 s−1 for embedded 5 wt% MMT MMM at the flow
rate of 200 mL min−1 was approximately 21% higher than the flux of PVDF membrane without
filler. The obtained flux of the synthesized membrane was superior to several in-house made and
commercial membranes. The physical CO2 absorption in a contactor using commercial PTFE
(Sumitomo Electric Fine Polymer) and PP (Mitsubishi Rayon) hollow fiber membranes was con-
ducted by Xu et al. (2008). The contactor test revealed higher absorption flux of PTFE than PP
membrane; however both commercial membranes exhibited significantly lower absorption per-
formance than embedded 5 wt% MMT MMM in this work. Rahbari-Sisakht et al. (2012) blended
surface modified macromolecules (SMM) to PVDF spinning solution to improve hydropho-
bicity and CO2 absorption performance. The highest performance of 5 wt% MMT MMM of
1.59 × 10−3 mol m−2 s−1 was approximately 26% higher than the surface modified membrane
by SMM at the same flow rate which could be attributed to achieved high wetting resistance of
5 wt% MMT MMM.

Therefore, it can be concluded that membrane with 5 wt% loading of MMT is the best in terms
of absorption rate, stability (least wetting) and hydrophobic clay particles can act as a superior
additive to the polymer matrix to fabricate membranes with improved structure and enhanced
surface hydrophobicity.

19.4 CONCLUSION

Porous hollow fiber membranes were prepared by the wet phase inversion method with nano-
clay particles and LiCl additives. The incorporation of the clay filler into PVDF polymer matrix
enhanced the formation of finger-like macrovoids. Results of gas permeation test showed that the
membranes possess very small mean pore sizes and high surface porosities. As well, the surface
hydrophobicity increased with the clay filler incorporation. The CO2 absorption flux increased
when MMT nano-filler was incorporated and showed a maximum when the nano-filler loading
was 5 wt%.
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CHAPTER 20

An experimental investigation into the permeability and selectivity
of PTFE membrane: a mixture of methane and carbon dioxide

Sina Gilassi & Nejat Rahmanian

20.1 INTRODUCTION

Research and technology innovations in the 1970s led to the significant commercial practice of gas
separation by membranes that exists today. These advances involved developing membrane struc-
tures that could produce high fluxes and modules for packing a large amount of membrane area
per unit volume (Murphy et al., 2009). At present, the share of using a polymeric membrane in
the capture of CO2 is increasing and gradually the membrane technology is considered as the
promising method in separation units, although the number of commercial membranes is not
high. CO2 capture from natural gas is one of the controversial topics that many researchers and
engineers try to find the best method satisfying both high efficiency and low capital cost. In com-
mon, chemical physical absorption towers are applied to remove CO2 from natural gas in order to
prevent pipeline corrosion, even though the other component such as H2S gives rise to operating
problems. The obscure angle of a conventional unit is related to the high energy consumption
while the absorbent needs to be purified by the regeneration units which implement the temper-
ature as a unique manipulating parameter for separating amine groups. The great advantages of
using the membrane in gas industry are the low capital cost, easy installation and maintenance so
that for this simple reason, new membranes come to the market for different types of processes.
Capture of CO2 from natural gas accounts for one of the major difficulties so that the engineers
try to employ membrane modules as to alter the process efficiency. However, there are only a
limited number of membranes that can be used in real industry and the research still continues
over this interesting topic (Burggraaf and Cot, 1996).

In this research, PTFE film is used which has specific chemical and physical properties such as
resistance in high temperature, inertness, high hydrophobicity. The two important factors, which
are taken into account for having better separation performance, are selectivity and permeability.
According to Fick’s law, the flux passing through the membrane is a function of the pressure
gradient, thickness, diffusivity coefficient and solubility of the pure gas inside the membrane
(Geankoplis, 2003):

NA = DS(pA1 − pA2)

l
(20.1)

where pA1 and pA2 are the ambient pressures on upstream and downstream of a membrane,
respectively. l is the membrane thickness. The product DS is called the permeability coefficient
P. There is no doubt that an increase in permeability give rise to making a significant change in
total flux. Some researchers (Brewis and Dahm, 2006) tried to alter this factor using chemical
treatment and modification. Most of the more recent researches have focused on developing
membrane materials with a better balance of selectivity and productivity (permeability) so that it
seems the most likely route for expanding the use of this technology.

In this study, the permeability coefficients of pure and pair gas component CO2 and CH4 are
determined by experimental work and the results are plotted separately to show the differences
between the two measurements. In addition, the diffusivity and solubility factor are defined
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according to the gas transport equations. Moreover, the experimental work indicates the effect of
operating conditions such as pressure and volumetric flow rate of feed on the permeate stream.

20.2 THEORY OF GAS TRANSPORT IN MEMBRANE

The movement of gas molecules through pore channels is described by three parameters, the
diffusivity coefficient, solubility and permeability coefficient. The gas molecules are absorbed
on one side of the membrane, diffuse through the membrane while the concentration of gas is
changing through the membrane, and finally the molecules leave the other side of the membrane.

Fick’s law governs the correlation between the above-mentioned theory and defines the diffusiv-
ity coefficient which is different depending upon the gas component and structure. Generally the
diffusivity is a function of pressure, temperature and concentration. Moreover, both experimental
work and theoretical equations can be applied to predict diffusivity of different gas mixtures (Bird
et al., 2007). The solution-diffusion model describes the transport through the dense polymeric
membrane which involves the first and second Fick’s law (Pineri and Escoubes, 1993):

F = −D
∂C(x, t)

∂x
(20.2)

∂C(x, t)

∂t
= D

∂2C(x, t)

∂x2
(20.3)

As the gas concentration C(x, t) within the membrane at point x and time t is related to the gas
pressure p(x, t), it can be expressed by the interpretation of Henry’s law:

C(x, t) = Sp(x, t) (20.4)

As the first Fick’s law defines the gas flux in constant concentration, the volumetric flow rate of
gas, Q, which passes the membrane, is determined by the second Fick’s law when the stationary
state is obtained (Pineri and Escoubes, 1993).

20.2.1 Determination of permeability, diffusivity coefficient

The time lag permeation experiment is an acceptable method to determine the permeability and
diffusivity coefficient of gases in polymer films (Al-Ismaily et al., 2012). The pressurized gas
is contacted with the polymeric membrane and the permeation stream, which leaves the low
pressure side is recorded and expressed as a function of time. In this method, there are three
stages, which consist of (i) the transient permeation, (ii) pseudo-steady-state permeation as the
concentration difference throughout the membrane is constant, (iii) unsteady state permeation
as the concentration of downstream is remarkably high (Chen et al., 2010). After passing across
the first stage, the pseudo-steady state is described by the Equation (20.5) (Crank, 1975). This
method was originally introduced by Daynes (Do, 2001):

Q = DC1

l

(
t − l2

6D

)
(20.5)

where Q is the amount of gas that flowed through the membrane whose thickness and surface
area are shown by l and A during specific time t and C1 is the feed concentration. The difference
in concentration and pressure profile leads to independent equations to determine the flux of gas
F through the film (Pineri and Escoubes, 1993):

F = −D
�C

l
= −P

�p

l
(20.6)
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By plotting Q versus t, the steady-state line enables the calculation of both the permeability
coefficient (P) from the slope and the time-lag θ by extrapolation on the time axis (Pineri and
Escoubes, 1993):

P = dQ

dt

1

A

l

�p
(20.7)

β = 1

A

l

�p
(20.8)

θ = l2

6D
(20.9)

The determined time-lag value is the most common method for estimating the gas diffusion
coefficient. Additionally, it is proportional to the reverse value of diffusion coefficient and the
thickness of membrane. Then, the permeability coefficient is given by the product of diffusion
coefficient and solubility:

P = DS (20.10)

The ratio of the permeability of CO2 and CH4 determines the selectivity of CO2/CH4 gas
mixture as follows:

α = PCO2

PCH4

(20.11)

20.2.2 Fundamentals of diffusion and adsorption in porous media

The best way to select a good membrane is to deeply consider the structure of porous media in terms
of mobility of molecules when a great number of molecules pass through the microscopic cross
sectional area in different operating conditions. Generally, there has been a critical definition of
different regimes which would form inside the pore channels. If a pure gas is composed of rigid, no
attracting spherical molecules of diameter d and mass m, and the concentration of gas molecules
is sufficiently small so that the average distance between the gas molecules is remarkably greater
than their diameter d, the molecular velocity is given by:

ū =
√

8KT

πm
(20.12)

in which K is the Boltzmann constant (Bird et al., 2007). Thus, the molecular velocity of two
components CO2 and CH4 is different inside the pore channels. Then, the motion of molecules
of gas mixture changes inside the pore channels and affects the average distance between two
collisions that is given by:

λ = 1√
2πd2n

(20.13)

where n represents the number density. According to the previous study on the viscosity of multi
components gas mixture (Saksena and Saxena, 1965), the viscosity of gas molecules with the aim
of comparison with the Newton’s law can be written by:

µ = 1

3
nmūλ (20.14)

20.2.3 Mass transport in membrane

The transport of gases in the membrane is challenging (Bird et al., 2007). The Knudsen number
(see Equation (20.15)) is the ratio of mean free path λ and diameter of pore channel d whose
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magnitude clarifies the mass transport mechanism that is divided as follows: (i) ordinary diffusion
governed by Maxwell-Stefan equations; (ii) Knudsen diffusion; (iii) viscous flow defined by the
Hagen-Poiseuille equation; (iv) diffusion-adsorption; (v) thermal transportation; and (vi) thermal
diffusion. Basically, The Knudsen number clarifies the regime in which the molecules of gas
mixture move inside the pore channels. In this study, PTFE membrane with pore size of 0.2 µm is
used and the size of gas molecules of both CO2 and CH4 are smaller than the pore. Predictably, it
is expected that the mechanism of motion inside the pore channels is testified by both viscous and
diffusion regimes. In the viscous regime, the pressure drop occurs because of the interaction of
molecules and the tortuosity of the membrane, whereas the creeping of molecules on the surface
of the pore channel is considered in the diffusion-adsorption regime. The solution-diffusion model
draws attention to the gas mixture solubility and the diffusivity factors which are interpreted with
Darcy’s law and Fick’s law (Wijmans and Baker, 1995):

Kn = λ

d
(20.15)

20.2.4 Gas solubility vs. pressure and temperature

The concept between the gas solubility and temperature is very similar to the increase of vapor
pressure with temperature so that increasing gas temperature causes an increase in kinetic energy.
The higher kinetic energy causes the faster movement of molecules which finally break inter-
molecular bonds and escape from solution. Liquids and solids exhibit practically no change of
solubility with changes in pressure. Based on the Henry’s law, the solubility of a gas in a liquid
is directly proportional to the partial pressure of that gas above the surface of the solution (Kotz
et al., 2006). This law defines the solubility of gas inside the solid materials expressed by Equation
(20.4). The partial pressure of each component is defined as follows:

P = xp∗ (20.16)

where p∗ is the vapor pressure of pure component, and P is the partial pressure of the pure
component (Incropera, 2011).

20.2.5 Temperature and pressure dependence of diffusivities

For the binary gas mixture at low pressure, DAB is inversely proportional to the pressure and is
directly proportional to temperature. It is also almost independent of the composition for a given
gas pair (Bird et al., 2007). The following equation for estimating DAB at low pressure has been
developed from a combination of kinetic theory and corresponding-states arguments (Bird et al.,
2007):

pDAB

(pcApcB)1/3(TcATcB)5/12(1/MA + 1/MB)1/2
= a

(
T√

TcATcB

)b

(20.17)

where DAB is in cm2 s−1, p is in atm, and T is in K. Analysis of experimental data gives the
dimensionless constant a = 2.745 × 10−4 and b = 1.823 for nonpolar gas pairs. At high pressure,
and in the liquid state, the behavior of DAB is more complicated. The simplest and best under-
stood situation is that of self-diffusion (inter-diffusion of labeled molecules of the same chemical
species) (Bird et al., 2007)5.

Dm = DAB
ε

τ
(20.18)

where Dm is the diffusivity coefficient of membrane and ε and τ are porosity and tortuosity,
respectively.
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20.2.6 Gas permeation membrane processes

In membrane processes with two gas phases and a solid membrane, the equilibrium relation
between the solid and gas phase is given by (Geankoplis, 2003):

H = S

22.414
= C

p
(20.19)

where S is the solubility of A in m3 STP atm−1 m−3 solid, and H is the equilibrium relation in
kg mol m−3 atm−1. This is similar to Henry’s law (Geankoplis, 2003).

20.3 EXPERIMENTAL

20.3.1 Materials

PTFE film/membrane with pore size of 0.2 µm, porosity over 60% was provided by Millipore Co.
(Ireland). CH4 and CO2 were supplied by Linde Co. (Malaysia) and density of gas components
in kg m−3 are 0.692 and 1.842, respectively. The temperature was 30◦C and pressure was below
0.6 MPa.

20.3.2 Equipment

Both pure and mixed feed stream were supplied to the permeation cell to consider the difference
between permeability in two various conditions. The equipment is called CO2SMU available at
the Universiti Teknologi Petronas and was fabricated by Spectron Sdn. Bhd. This equipment is
employed to record all the results, which consist of permeation, reject flow rate stream as well
as the concentration with the aim of an online analyzer. This unit is run by programmable logic
control and the operator can alter the manipulated parameters and the result is noted in the log file.

20.3.3 Methods

Two different procedures were selected to run the experiments. In the first procedure, the pure gas
component was fed to the permeation cell with different volumetric flow rates, so that the flow
rate of permeate and reject stream showed the capacity of separation in PTFE membrane. The
upstream pressure was gradually increased by 0.6 MPa and in each pressure point, the permeate
stream and time required to collect the volume were recorded. Five experiments were made under
the same operating condition (pressure and temperature) for the purpose of validity. The above-
mentioned method was performed for both CO2 and CH4 separately. In the second procedure,
firstly, two gas components were mixed with the static mixer before the feed gas entered the
permeation cell. Similarly, the flow rates of permeate stream were recorded and compared with
the single component experiment. In addition, by using the fundamental gas separation and
transport equations, all results were classified and plotted versus time.

20.4 RESULTS AND DISCUSSION

As the objective of this work is to find the correct diffusivity and permeability factor of PTFE,
firstly pure CO2 is fed to the permeation cell at temperature 30◦C and pressure 0.6 MPag.
The permeate and retentate stream are calculated by simple mass balance equation whereas the
concentration of feed is constant.

Figure 20.1 shows the change in downstream volume versus time. According to the Equation
(20.7), a line can be fitted to the data and the slope of this line is multiplied by the slope correction
term, β, which is 0.00639, to define the permeability. In this experiment, the permeability factor
for pure CO2 was found to be 5.24 barrer.
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Figure 20.1. Permeation flow rate of pure CO2 versus time.
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Figure 20.2. Permeation flow rate of pure CH4 versus time.

In the next step, pure CH4 was fed to the permeation cell and data of permeate and retentate
streams were recorded. Similarly, the feed concentration was constant and the result was plotted
in Figure 20.2. Using the same methodology as above the permeability for pure CH4 is found to
be equal to 4.63 barrer.

In the next step, before the feed enters the permeation cell, a static mixer is applied to mix
two gas components completely while the total gas pressure was kept at 0.6 MPag. The permeate
stream is introduced to the gas analyzer to measure the concentration of both components. The
results are shown in Table 20.1.

Figure 20.3 shows the result of CH4 permeation volume versus time. By fitting the linear first
order equation to this curve, the permeability is equal to 3.24 barrer.

Similar to Figure 20.1, the volume of CO2 that was collected on the permeate side is plotted
versus time in Figure 20.4. The permeability is equal to 4.97 barrer.
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Table 20.1. Flow rate (slpm) and composition of feed and permeate for the CH4/CO2 mixture.

Feed flow CH4 feed CO2 feed Permeate CH4 permeate CO2 permeate
rate concentration concentration flow rate concentration concentration
[slpm]a [%wt] [%wt] [slpm] [%wt] [%wt]

26 90 10 23.4 81.20 18.7
26 70 30 23.8 69.1 30.9
26 50 50 24.1 48.3 51.7
26 30 70 24.8 29.4 70.6
26 10 90 25.1 9.1 90.9

aslpm: standard liters per minute
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Figure 20.3. CH4 permeate volume versus time for the mixed gas experiment (CO2 = 30 wt% at 0.4 MPa).
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Figure 20.4. CO2 volume in permeate versus time for the mixed gas experiment (CO2 = 30 wt% at 0.4 MPa).
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Figure 20.5. Outlet flow-rate versus feed flow-rate of CH4/CO2 mixture.

Figure 20.5 shows the permeation stream flow rate versus feed flow rate. By increasing the feed
flow rate, the permeation flow rate increases. On the other hand, increasing the concentration of
feed component affects the permeation flow rate, similarly, this effect is developed for the retention
flow rate (Ismail et al., 2005).

20.5 CONCLUSION

Two experimental procedures in the calculation of the permeability factor were conducted so that
pure and mixed gas were fed into the permeation cell and the result concerning permeate and
reject flow rate, were recorded and plotted. According to the definition of selectivity, the ratio
of more permeable component CO2 to that of the less permeable component was determined so
that the selectivity factor was different in the two experiments. In the first experiment for the
pure gas component, α = 1.18 and in the second experiment for mixture gas, α = 1.07, which
is 5 percent lower than the first experiment result. This measurement procedure can be carried
out for other polymeric membranes with higher selectivity and the difference between experi-
mental selectivity becomes more distinctive. The role of operating conditions such as pressure
was significant, and the effects on change in the diffusivity coefficient were traced. In the first
experiment, the pressure of the pure gas component on the surface of the interface cannot be
replaced by partial pressure to calculate the solubility factor. So in conclusion, the permeability
varies with the diffusivity coefficient changed by the temperature and, the gas velocity concern-
ing to the motion of gas molecules inside the membrane pores and channels. Therefore, the first
experiment is discarded by considering the equation of gas transport and equilibrium rules. The
determination of the permeability factor is valid in the case that the feed consists of two mixed
components.
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NOMENCLATURE

C mole concentration [mol m−3]
D mass diffusivity [m2 s−1]
F molar flux of species A [mol s−1 m−2]
H equilibrium relation [kg mol m−3 atm−1]
l thickness of membrane [mm]
M molecular weight [g mol−1]
NA mass flux of species A [kg s−1 m−2]
P∗ vapor pressure [Pa]
PCO2 permeability of CO2 [barrer]
PCH4 permeability of CH4 [barrer]
PA1 pressure of component A1 [Pa]
PA2 pressure of component A2 [Pa]
Q volumetric flow rate of gas [m3 s−1]
t time [s]
S solubility [m3 (STP) atm−1 m−3]

Greek symbols

α selectivity factor
β slop correction term [m−1 Pa−1]
θ time-lag

REFERENCES

Al-Ismaily, M., Wijmans, J. & Kruczek, B. (2012) A shortcut method for faster determination of permeability
coefficient from time lag experiments. Journal of Membrane Science, 423, 165–174.

Bird, R.B., Stewart, E.E. & Lightfoot, E.N. (2007) Transport phenomena. John Wiley & Sons, Hoboken, NJ.
Brewis, D. & Dahm, R. (2006) Adhesion to fluoropolymers. Smithers Rapra Publishing, Shrewsbury, UK.
Burggraaf, A. & Cot, L. (eds.) (1996) Fundamentals of inorganic membrane science and technology. Elsevier

Science, Amsterdam, The Netherlands.
Chen, Y., Zhang, Y. & Feng, X. (2010) An improved approach for determining permeability and diffusivity

relevant to controlled release. Chemical Engineering Science, 65 (22), 5921–5928.
Crank, J. (1975) The mathematics of diffusion. Clarendon Press, Oxford, UK.
Do, D.D. (2001) Adsorption analysis: equilibria and kinetics. Imperial College Press, London, UK.
Geankoplis, C. (2003) Transport processes and separation process principles (includes unit operations).

Prentice Hall Press, Upper Saddle River, NJ.
Incropera, F.P. (2011) Fundamentals of heat and mass transfer. John Wiley & Sons, Hoboken, NJ.
Ismail, A.F., Kusworo, T.D., Mustafa, A. & Hasbullah, H. (2005) Understanding the solution-diffusion

mechanism in gas separation membrane for engineering student. Proceedings of the 2005 Regional
Conference on Engineering Education. pp. 155–159.

Kotz, J., Treichel, P. & Weaver, G. (2006) Chemistry and chemical reactivity. Cengage Learning,
Boston, MA.

Murphy, T.M., Offord, G.T. & Paul, D.R. (2009) Fundamentals of membrane gas separation. In: Drioli, E. &
Giorno, L. (eds.) Membrane operations: innovative separations and transformations. Wiley-VCH Verlag
GmbH & Co. KGaA, Weinheim, Germany. pp. 63–82.

Pineri, L.R.E.G.M. & Escoubes, M. (1993) Polyaniline membrane for gas separation and ESR experiments.
3rd International Conference on Effective Membrane Processes – New Perspectives. p. 323.

Saksena, M. & Saxena, S. (1965) Viscosity of multicomponent gas mixture. Physica A, 31, 18–25.
Wijmans, J. & Baker, R. (1995) The solution-diffusion model: a review. Journal of Membrane Science,

107 (1), 1–21.



This page intentionally left blankThis page intentionally left blank



CHAPTER 21

The effect of piperazine with N -methyldiethanolamine in emulsion
liquid membrane for carbon dioxide removal

Norfadilah Dolmat & Khairul S.N. Kamarudin

21.1 INTRODUCTION

Carbon dioxide (CO2) is one of the acid gases that are released from various industrial processes,
contributing to global warming (Teramoto et al., 2000). CO2 in natural gas can also cause equip-
ment plugging due to dry-ice formation, catalyst poisoning and reduction of the heating value
(Aroonwilas andTontiwachwuthikul, 1997). There are several methods that can be used to remove
CO2. Chemical and physical absorption, membrane separation, adsorption and cryogenic separa-
tion are those methods that have been used for CO2 removal (Mandal and Bandyopadhyay, 2006;
Moon and Shim, 2006). Meanwhile, absorption using alkanoamines such as primary, secondary
and tertiary amines is a common technique in separation industries nowadays (Wong and Bioletti,
2002). However, amine that is in contact with metal surfaces leads to corrosion and damages the
equipment (Kosseim et al., 1984).

Liquid membrane technology is one of the alternative techniques that can be used to remove CO2

efficiently. Liquid membrane consists of an organic phase that separates the two aqueous phases
which are the feed and receiving phases. The separation occurs when the solute permeates through
the liquid phase from the feed to receiving phase. Bulk liquid membrane (BLM), supported
liquid membrane (SLM) and emulsion liquid membrane (ELM) are three different types of liquid
membrane. Among these three types of liquid membrane, ELM seems to have a potential due to
the large mass transfer area and simple operation (Chakraborty et al., 2003). Indeed, ELM was
successfully used in the food and dairy, chemical, cosmetic, pharmaceutical and biotechnology
industries, in waste water treatment and in medical applications (Nath, 2008).

Absorption of carbon dioxide by using ELM technique can prevent corrosion problems (Li,
1968). This is due to the fact that, in the ELM technique, the aqueous phase containing amine
in the form of small particles is dispersed in the organic phase. The organic layer prevents the
amines from being directly in contact with the surface of the equipment. The formation of small
particles provides a large interfacial area for absorption.

Although N -methyldiethanolamine (MDEA) is corrosive, it is commonly used in the separation
process due to a high CO2 loading capacity (1 mol CO2 reacts with 1 mol of MDEA). However,
MDEA is a slow reacting alkanoamines (Bishnoi, 2000). Therefore, the addition of activator or
promoter such as piperazine (PZ) is necessary to increase the reaction between amine with CO2.
PZ contains two basic nitrogen atoms and can theoretically react with 2 mol of CO2. Besides,
the reaction rate constant of PZ with CO2 is about one order of magnitude higher than that of
MEA (Bishnoi and Rochelle, 2000). Therefore, PZ is used as a promoter with other amines
for CO2 capture process (Arunkumar and Bandyopadhyay, 2007; Bishnoi and Rochelle, 2002;
Cullinane and Rochelle, 2004; Xu et al., 1992; Zhang et al., 2001). However, to separate CO2

effectively, this process requires a stable emulsion. Hence, the objective of this chapter is to
discuss the stability of emulsion and CO2 absorption at various concentrations of MDEA and
PZ. PZ has been used together with MDEA in order to increase the CO2 absorption. Emulsion
liquid membrane technique has been applied to prevent corrosion of metal surfaces caused by the
MDEA and PZ.
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21.2 EXPERIMENTAL

21.2.1 Materials

Emulsion liquid membrane (ELM) was formed by homogenizing aqueous and organic phases.
The aqueous phase consists of MDEA (extractant), PZ (promoter) and NaOH solution, while the
organic phase consists of SPAN 80 (surfactant) and kerosene (diluent). MDEA supplied by QrecTM

and PZ supplied by Merck were used as received. In addition, deionized water and sodium hydrox-
ide pellets supplied byAshland Incorporation were used in the preparation of the aqueous solution.

21.2.2 Aqueous phase preparation

100 mL of aqueous phase was prepared by adding a mixture of MDEA and PZ into aqueous 0.1 M
NaOH solution. The solution was stirred for 15 min. Different samples were prepared by varying
the amount of PZ and NaOH solution. Based on previous research, the MDEA solution was fixed
at 8% volume (Bhatti and Kamarudin, 2010). Table 21.1 shows the volume of MDEA, PZ and
NaOH for aqueous phase preparation. The stirring speed and temperature of the heating plate
were fixed at 700 rpm and 30◦C, respectively. Table 21.2 shows the volume of the aqueous phase
based on MDEA/PZ ratio of 4:3. The amount of MDEA and PZ increases while NaOH solution
decreases to observe the effect of MDEA/PZ on CO2 removal.

21.2.3 Organic phase preparation

The 100 mL organic phase was prepared by adding 8 mL of Span-80 into the 92 mL of kerosene.
The solution was heated for 15 min. The stirring speed and temperature of the heating plate was
fixed at 700 rpm and 30◦C, respectively. The same procedure was repeated for other samples.

21.2.4 ELM preparation

Figure 21.1 shows the homogenization of aqueous and organic phase using a high performance
disperser Ultra Turrax® T25 with 18G mixing shaft. The organic phase mixture was placed in
the beaker. Then, the aqueous phase mixture was added drop wise into the organic solution
and homogenized for 5 minutes. The speed of the mixer was fixed at 10,000 rpm. Table 21.3
summarizes the formulation of ELM preparation.

Table 21.1. Volume for aqueous phase preparation.

MDEA [mL] PZ [mL] 0.1 M NaOH [mL]

8 0 92
8 2 90
8 3 89
8 4 88
8 5 87
8 6 86

Table 21.2. Volume for aqueous phase preparation at different
quantities of MDEA and PZ.

MDEA [mL] PZ [mL] 0.1 M NaOH [mL]

12 9 79
16 12 72
20 15 65
24 18 58
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Figure 21.1. Homogenization of aqueous and organic phase using high performance disperser UltraTurrax®

T25 with 18G mixing shaft.

Table 21.3. Formulation of ELM preparation.

Aqueous phase [mL] Organic phase [mL]

MDEA PZ NaOH, 0.1 M Kerosene Span-80

8 0 92 92 8
8 2 90 92 8
8 3 89 92 8
8 4 88 92 8
8 5 87 92 8
8 6 86 92 8
12 9 79 92 8
16 12 72 92 8
20 15 65 92 8
24 18 58 92 8

21.2.5 ELM characterization and performance

21.2.5.1 Stability studies
To determine the stability of the emulsion, the samples were filled in the graduated test tubes and
placed in the room at 25◦C.After 24 h, the formation of layers was measured. Demulsification will
result in the formation of 3 layers (organic phase, emulsion, aqueous phase) whereas sedimentation
of emulsion will result in the formation of 2 layers. Sedimentation is a process of the particles to
settle down to the bottom of the solution. It is the instability of the particle in the emulsion due
to the size or density of particles. Thus, stability was calculated based on the following equation:

%Stability = VT − VS

VT
× 100% (21.1)

where
VT =Total volume [mL]
VS =Top layer volume [mL]
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21.2.5.2 Carbon dioxide absorption analysis
A rotating disc contactor (RDC) column (Fig. 21.2) connected to the gas chromatography (GC)
was used for the CO2 absorption study. The column was filled with 200 mL of the prepared
emulsion. The flow rate of carbon dioxide to the column was fixed at 20 LPM (liter per minute).
The gas was allowed to flow into the column for 1 minute. The speed of the rotating disc was
in a range of 450–500 rpm. The pressure of the RDC was also recorded. Gas chromatography
(GC) was used to determine the amount of CO2 in the inlet and out streams of the RDC since the
amount of substance in a sample is proportional to the area under the peak of that substance. The
percentage of removal is the amount of CO2 absorbed by the ELM and was calculated based on
the area under the CO2 peak (Equation (21.2)):

Percentage of removal [%] = area CO2 in − area CO2 out

area CO2 in
(21.2)

Figure 21.2. Rotating disc contactor column.

21.3 RESULTS AND DISCUSSION

21.3.1 ELM characterization

21.3.1.1 Stability of emulsion
The separation of ELM was measured after the sample was left for 24 h in the graduated test
tube at 25◦C. The sample formed 2 layers, which indicates only sedimentation has occurred. The
stability was calculated based on Equation (21.1). Figure 21.3 shows the emulsion stability before
absorption at different MDEA/PZ compositions. A sample containing only MDEA has the highest
stability (98%). After the addition of 2 mL of PZ into 8 mL of MDEA solution, the stability of
the emulsion decreased from 98 to 89.9%. The stability of MDEA and PZ was influenced by the
viscosity of the solution. When combining PZ with MDEA, the viscosity of the solution increased.
In general, a high viscosity solution requires more energy during homogenization to form small
size particles that are well dispersed in the emulsion. Since the emulsification speed and time
were fixed at 10,000 rpm and 5 minutes respectively, the sedimentation started to occur. Thus,
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Figure 21.3. The percentages of emulsion stability before CO2 absorption.
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Figure 21.4. The percentages of emulsion stability after CO2 absorption.

sedimentation is enhanced and emulsion stability is decreased as the viscosity of solution increases
due to the addition of PZ. The emulsion stability containing 8 mL MDEA and PZ (between 3 and
6 mL) were in a range of 88.6 to 90%. However, when the total quantity of MDEA with PZ was
increased (based on 4:3 ratio), the emulsion stability was further reduced. The sample contained
24 mL MDEA with 18 mL PZ has the lowest percentage of emulsion stability (86.2%).

The emulsion stability was further reduced after CO2 absorption due to the particle size increase.
Figure 21.4 shows the percentage of emulsion stability after contacting with CO2. The emulsion
containing 8 mL MDEA retained the highest emulsion stability (87.3%) while 24 mL MDEA with
18 mL PZ had the lowest percentage of emulsion stability (73.1%). The emulsion stability for
sample containing 8 mL MDEA with an increasing volume of PZ (3 mL to 6 mL) was in the range
of 81.1 to 83.9%. As the quantity of MDEA and PZ increased (from 8:6 to 24:18), the emulsion
stability decreased continuously.

21.3.1.2 pH analysis
In this study, the pH value of the emulsion before and after contacting with CO2 was measured to
observe its relationship with the stability of the emulsion and the percentage of CO2 removal. The
pH value of emulsion before and after contacting with CO2 is shown in Figure 21.5 together with
the composition of MDEA and PZ in the aqueous phase solution. The figure shows that before
the emulsion contacted with CO2, the sample containing 8 mL MDEA has the lowest pH value
(10.83). After addition of PZ (8:2 and 8:3), the pH increased to 11.19 to 11.41. The increase of
pH was due to high pKa value of PZ (pKa = 10.33). Despite this effect, the pH was maintained
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Figure 21.5. pH value of emulsion before and after contacting with CO2 at different composition of MDEA
and PZ.

below 11.5 for all emulsions. After the absorption, the pH values decreased. This was due to the
acidic nature of CO2 gas.

21.3.2 ELM performance

21.3.2.1 Carbon dioxide removal
Figure 21.6 illustrates the percentage of CO2 removal using different quantities of MDEA/PZ.
The sample containing 8 mL MDEA and 6 mL PZ has the highest percentage of CO2 removal
(54.8%) while the sample containing 24 mL MDEA with 18 mL PZ showed the lowest percentage
of CO2 removal (34.1%). The percentage of CO2 removal increased as the amount of PZ increased.
It clearly shows that the addition of PZ into the solution increases the percentage of CO2 removal
as compared to use of MDEA only. For the reaction, MDEA has a CO2 loading capacity of 1.0
mol CO2 per mole of amine. However, when more PZ is added, the emulsion becomes less stable
because of the viscosity increase, which will result in a decreased percentage of CO2 removal.
This trend is also found in Figure 21.6.
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Figure 21.6. The percentages of CO2 removal.

21.3.3 Formulation of MDEA and PZ for CO2 removal

Figures 21.7 and 21.8 show the relationship between the percentage of CO2 removal and the
percentage of the emulsion stability, before and after the CO2 removal using different compositions
of MDEA and PZ. From the figures, emulsion containing 8 mL MDEA has the highest percentage
of stability before and after absorption, but the percentage of CO2 removal was low. However, the
addition of PZ into the emulsion decreased the percentage of stability of emulsion (before and
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Figure 21.8. The relationship between the percentages of CO2 removal and percentage of emulsion stability
after absorption.

after absorption) but increased the percentage of CO2 removal. When the quantity of MDEA and
PZ increased based on the ratio of 4:3, the stability of the emulsion before and after absorption was
reduced. Similarly, the percentage of CO2 removal was also reduced. Based on the formulation
of emulsion in Table 21.3, the emulsion containing 8 mL MDEA and 6 mL PZ has the highest
percentage of stability before and after absorption, and the highest CO2 removal. Therefore, this
study has shown that using a homogenization speed of 10,000 rpm and homogenization time of 5
minutes, emulsion formulation of 8 mL of Span 80, 92 mL of kerosene and 8 mL MDEA + 6 mL
PZ has the highest CO2 removal.

21.4 CONCLUSION

This study shows the effect of piperazine (PZ) addition to MDEA in the aqueous phase on stability
of emulsion and percentage of CO2 removal. The emulsion stability refers to sedimentation of
the particles that leads to the formation of 2 layers. The stability of emulsion decreased when the
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PZ was added to MDEA. This was due to high viscosity of solution that required more energy
to homogenize the emulsion to produce small particles. In contrast, the addition of PZ to 8 mL
of MDEA increased the percentage of CO2 removal. However, with further increase of PZ, the
emulsion stability started to decrease. Therefore, this study showed that emulsion formulation
containing 8 mL of Span 80 and 92 mL of kerosene (organic phase), and 86 mL NaOH, 8 mL
MDEA and 6 mL PZ (aqueous phase) was the best formulation for CO2 removal in a rotating
disc contactor column. The homogenization speed of 10,000 rpm and homogenization time of
5 minutes were able to produce a stable emulsion. This result provides new information about
emulsion formulation and its capability to remove carbon dioxide.
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CHAPTER 22

Separation of olefins from paraffins by membrane
contactor – a review

Gholamreza Bakeri, Ali Kazemi Joujili, Mostafa Rahimnejad,
Ahmad Fauzi Ismail & Takeshi Matsuura

22.1 INTRODUCTION

Olefins are among the most important products in petrochemical plants. Generally, they are
mixed with paraffins therefore it is necessary to use efficient technologies with lower energy
consumption for difficult separation of olefins from paraffins. Because of high operating costs
and capital investment for current commercially practiced separation processes, many researches
have been done into better olefin/paraffin separation techniques.

An olefin/paraffin separation scheme using membrane based techniques offers great advantages
such as reducing the operating cost and capital investment, as well as eliminating the operating
problems in distillation towers such as flooding, entrainment, etc. (Faiz and Li, 2012). Most of the
researches in this field have been devoted to gas separation membranes which have some problems
such as low flux and selectivity that prohibit their application in petrochemical industries.

On the other hand, membrane contactor offers many advantages such as high flux and selectivity
that are related to the separation mechanism in the contactor. As the membrane is porous and solute
gas diffuses through the pores, the flux is much higher than a gas separation membrane where the
gas should dissolve in the membrane and then diffuse through the dense skin layer. Furthermore,
the selectivity in contactor applications depends on the absorbent that can be chosen to maximize
the selectivity. Chilukuri et al. (2007) studied the separation of propylene from propane using
membrane contactor with a capacity of 300 tons/year and achieved reasonable results. Therefore,
the application of contactor with an efficient membrane for olefin/paraffin separation would be
an attractive alternative to replace the current separation processes.

22.2 OLEFIN AND PARAFFIN

Nowadays, olefin based products (especially with low molecular weight such as C2–C5) encom-
pass an important part of the petrochemical industries and people’s lives and yield a wide range
of products such as cosmetics, textile products, paints, tools etc. (Fallanza et al., 2012). Ethylene
and propylene, with a purity of more than 99.9%, are the most important olefins that are used as
feedstock in petrochemical plants for producing not only polyethylene and polypropylene but also
many kinds of chemicals such as ethylene oxide, vinyl chloride, etc. (Ceresana, 2011; Hilyard,
2008). Since olefins are so important in petrochemical industries, their production and consump-
tion capacity show increasing trends, e.g. in 1995, USA production capacity for ethylene was
21.3 million metric tons while in 1998, it increased to 23.6 million tons (Bessarabov, 1998; Burns
and Koros, 2003).

22.2.1 Olefin production technologies

About 70% of the olefins are produced by the cracking method and the other 30% are made through
catalytic cracking and paraffin dehydrogenation processes (Fallanza et al., 2011; Hilyard, 2008).

235
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As cracking methods are not selective, new technologies with higher selectivity in reaction (such
as methanol to propylene, MTP) were developed (Lurgi & NPC-RT, 2007).

22.2.2 The importance of olefin/paraffin separation

Since olefin and paraffin (with the same carbon number) have close physical properties such as
boiling point, their separation is so hard and needs a distillation tower with many trays, which
increases the operating costs and capital investment (Hirschfelder et al., 1964; Perry and Green,
1984; Rajabzadeh et al., 2010). On the other hand, in olefin production processes a mixture
of olefin and paraffin is produced that needs efficient methods for separation. Furthermore, oil
refinery plants produce a mixture of olefin/paraffin which, when used as a fuel, emits toxic
materials (Safarik and Eldridge, 1998). Therefore, it is worthwhile to develop new technologies
for separation of olefin from paraffin.

22.2.3 Olefin/paraffin separation methods

There are several methods for olefin/paraffin separation such as cryogenic distillation, extractive
distillation, molecular sieve adsorption, absorption and membrane based processes (Chang et al.,
2002; Ghosh et al., 1993). Among these methods, membrane technologies are the newest ones
which present some advantages over the other methods such as modularity, lower operating
cost etc.

22.2.4 Membrane processes

Membranes have been known to be used in separation processes for about 100 years (Lonsdale,
1982) but this technology was not used in industry for a long time. In the 1940s, membrane
was used for separation of uranium isotopes on a commercial scale. With the development of
asymmetric membranes by Loeb and Sourirajan (1963) in the early 1960s, membrane separation
processes have been widely used in the dairy, food and beverage industries (Jiao et al., 2004).
Membrane technologies present some advantages such as lower energy consumption (Scholz and
Lucas, 2003), modular design with smaller equipment (Porter, 1990; Scholz and Lucas, 2003),
higher surface to volume ratio (Drioli et al., 2006), more flexibility in operation (Drioli et al.,
2006) and less environmental pollution.

22.3 MEMBRANE CONTACTOR

Membrane contactor is one of the newest techniques for gas separation where mass transfer occurs
between gas stream and liquid absorbent without dispersion of phases into each other. The streams
flow on opposite sides of a porous membrane and the gas fills the pores of the membrane while the
liquid is immobilized at the entrance of the pores, so the phases are in contact with each other at
the mouth of the pores. In other words, unlike traditional separation equipment, there is no direct
contact between phases (Baker, 2012). Membrane contactor has some advantages compared to
other separation techniques (Bakeri et al., 2011; Gabelman and Hwang, 1999; Nymeijer D.C.
et al., 2004; Rajabzadeh et al., 2010) such as:

• The available contact area between phases remains nearly constant at different flow rates as it
depends on the membrane characteristics.

• As there is no phase dispersion, no emulsion forms.
• Scale up/down or capacity change of contactor system is very straightforward as the system

is modular.
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• Higher efficiency is obtained in comparison to dispersive systems such as packed towers
because of the higher contact area, as reported that the contact area in contactor systems is
4–30 times more than in packed towers (Simioni et al., 2011).

• The separation process in membrane can be done with high selectivity since as strong an
absorbent as possible can be selected.

As the energy consumption in contactor systems is low and the flux and selectivity are high, this
technology offers higher efficiency as reported by Klassen et al. (2005). However, membrane
contactor has some disadvantageous such as (Gabelman and Hwang, 1999):

• Membrane makes an extra resistance in mass transfer between phases. However, this resistance
is compensated by the high contact area generated by membrane.

• Membranes may be subjected to fouling which is not easy to be controlled.
• Membrane life time is limited so the cost of periodic membrane replacement should be

considered.

In summary, even though membrane contactor has some limitations, its benefits are large enough
to use it on a commercial scale.

Most of the researches in the field of membrane contactors were devoted to CO2 separation
and few studies were done on olefin/paraffin separation. Qi and Cussler (1985a; 1985b) were the
first who worked on the CO2 capture using membrane contactor. Bessarabov et al. (1995) used
non-porous membrane in two stages for ethane/ethylene separation. In recent years, a number of
researches have been done on olefin/paraffin separation, most of which were for ethane/ethylene
and propane/propylene separation Bessarabov et al. (1995).

In membrane contactor, olefin reacts with the absorbent and makes a complex with Ag and Cu
ions that are used as absorbent. Then, in the next stage gas should be separated from the absorbent
by breaking the complex through a change in temperature and pressure. Even though it seems
that the separation process is performed in two stages and membrane increases the mass transfer
resistance, the high interfacial area provided by the membrane enhances the overall performance
of the contactor system.

22.4 MEMBRANE CHARACTERISTICS

Some membrane properties such as porosity and hydrophobicity affect the performance of mem-
brane in contactor applications. Li et al. (1999) reported that the membrane mass transfer
coefficient depends on membrane porosity, membrane tortuosity and membrane thickness:

km = Deε

τlm
(22.1)

where lm is membrane thickness, τ is membrane tortuosity, ε is membrane porosity and De is
effective diffusivity that depends on membrane pore size (r) as presented by:

De = 1(
1
D + 3

2r

√
πM
8RT

) (22.2)

where M is the molecular weight of diffusing gas, D is bulk diffusivity, R is the universal gas
constant and T is absolute temperature. The diffusivity of gas through membrane pores depends
on pores size, i.e. for pore diameter less than 100 nm the Knudsen mechanism is the governing
one, for diameters more than 100 nm the bulk diffusion is the governing one and between these
two ranges, both mechanisms are dominant (Kumar et al., 2003).
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22.4.1 Membrane stability

The absorbent can alter the surface properties of membrane so the membrane material should
be selected according to the type of absorbent. Mansourizadeh and Ismail (2009) reported the
compatibility of different membranes and absorbents. Rajabzadeh et al. (2010) studied the stability
of PVDF membrane in olefin/paraffin separation using AgNO3 solution with a concentration of
200 mol m−3 and reported that the absorbent did not reduce the membrane stability.

22.5 MATHEMATICAL CORRELATIONS FOR MASS TRANSFER COEFFICIENTS

In membrane contactors, gas and liquid flow on opposite sides of a porous membrane where the
solute gas(es) diffuses from the bulk of the gas to entrance of the pore, then through the pore to
the other end of the pore and finally is absorbed by the liquid. Therefore, there are three mass
transfer resistances in series which are:

• Mass transfer resistance in the gas boundary layer.
• Membrane mass transfer resistance.
• Mass transfer resistance in liquid boundary layer.

The overall mass transfer coefficient (Koverall) is given as Equation (22.3) (Fallanza et al., 2011;
Feron and Jansen, 2002):

1

Koverall
= do

kgdi
+ 1

EaklH
+ do

kmdlm
(22.3)

where di, do and dlm are inner, outer and logarithmic mean diameters of membrane respectively, H
is Henry’s constant, kl, km and kg are liquid side, membrane (when the pores are gas filled) and gas
side mass transfer coefficient, respectively, and Ea is the enhancement factor. The overall mass
transfer coefficient (Koverall) can be obtained experimentally through the mass transfer flux as:

Koverall = Ql(Cout
l − C in

l )

A�Cave
l

(22.4)

where Ql is the liquid flow rate, Cl is the solute gas concentration in liquid, A is the contact area
which is calculated on inner diameter of membrane if liquid flows through the lumen side of
membrane and �Cave

l is logarithmic mean of transmembrane concentration difference of solute
gas in terms of liquid which is calculated by:

�Cave
l = (HC in

g − C in
l ) − (HCout

g − Cout
l )

ln
(

HC in
g −C in

l

HCout
g −Cout

l

) (22.5)

where Cg is the concentration of solute gas in the gas stream and “in” and “out” refer to the
entrance and exit of the liquid/gas stream from the membrane contactor. Fallanza et al. (2011)
studied the absorption of propylene in membrane contactor with cross flow arrangement and
reported Equation (22.6) for calculation of Koverall:

1

Koverall
= 7.807u−0.32

e + 1557.5 (22.6)

where ue is the superficial velocity of liquid.
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Table 22.1. The correlations for calculation of mass transfer coefficient in shell side of contactor.

Conditions Correlation Flow regime Reference

0.8 < Re < 20; Sh = 2.15Re0.42Sc0.33 Transverse Zheng et al. (2005)
0.4 < ϕ < 0.46
0.1 < Re < 0.4 Sh = 0.41Re0.36Sc0.33 Fouad and Bart (2007)
0.05 < Re < 5; Sh = 1.76Re0.82Sc0.33 Schöner et al. (1998)
0.49 < ϕ < 0.53
0 < Re < 500; Sh = β[de(1 − ϕ)/L]Re0.6Sc0.33 Parallel Prasad and Sirkar (1998)
0.04 < ϕ < 0.4 β: 5.8 for hydrophobic and 6.1

for hydrophilic fibers
21 < Re < 324; Sh = (0.53 − 0.58ϕ)Re0.53Sc0.33 Costello et al. (1993)
0.32 < ϕ < 0.76
32 < Re < 1287; Sh = (0.3045ϕ2 − 0.3421ϕ Wu and Chen (2000)
0.1 < ϕ < 0.7 + 0.0015)Re0.9Sc0.33

1 < Re < 25; ϕ = 0.7 Sh = 1.38Re0.34Sc0.33 Cross flow Yang and Cussler (1986)
0.6 < Re < 49; ϕ = 0.003 Sh = 0.61Re0.363Sc0.333 Cote et al. (1989)

22.5.1 Mass transfer coefficient in lumen side of contactor

In the case of liquid in the lumen side of the contactor, Kumar et al., 2003 reported Equations
(22.7)–(22.9) calculation of liquid side mass transfer coefficient (kl):

For Gz < 10 Sh = kldi

D
= 3.67 (22.7)

For Gz > 20 Sh = 1.62(Gz)1/3 (22.8)

For entire range of Gz Sh = (3.673 + 1.623Gz)1/3 (22.9)

Gz is the Graetz number (Gz = Vliquidd2
i

DL ) and Sh is the Sherwood number ( kLdi

D ) where di is the
inner diameter of hollow fiber membrane and D is the bulk diffusivity (Kreulen et al., 1993a).

22.5.2 Mass transfer coefficient in shell side of contactor

In the case of physical absorption, the mass transfer coefficient in terms of Sherwood number
depends on the packing density, Reynolds (Re) and Schmidt (Sc) numbers. In addition, it depends
on some other parameters such as the regularity of fibers in the module and the effect of the module
wall (Mansourizadeh and Ismail, 2009). Some of the correlations reported for calculation of the
shell side mass transfer coefficient are presented in Table 22.1.

22.5.3 Membrane mass transfer coefficient

In membrane contactor, the membrane makes an extra resistance in mass transfer between gas
and liquid and its contribution to overall mass transfer resistance depends on different membrane
characteristics among which the wettability of the pores is the main one. Three different cases for
pore wetting were reported:

• Pores are completely filled by gas.
• Pores are filled by gas and liquid.
• Pores are completely filled by liquid.

The third one is the worst case. The membrane mass transfer coefficient can be calculated by
Equation (22.1).
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Table 22.2. Results for ethylene absorption in silver salts solution (Nymeijer K.
et al., 2004a).

Anion T [K] Kc [m3 mol−1]a Reference

NO−
3 295–297 0.116 @ 298 K Baker (1964)

CF3COO− 290.5–305.5 0.094 @ 298 K Brandt (1959)
NO−

3 303 0.076 @ 303 K Clever (1970)
NO−

3 293 0.119 @ 293 K Crookes and Woolf (1973)
NO−

3 293–353 0.086 @ 303 K Temkin et al. (1964)
NO−

3 298 0.098 @ 298 K Trueblood and Lucas (1995)
NO−

3 273–298 0.085 @ 298 K Wasik and Tsang (1970)

22.6 THE TYPE OF ABSORBENT

There are two types of absorption processes in membrane contactors:

• Physical absorption where the solute gas(es) dissolves in absorbent.
• Chemical absorption where the solute gas(es) reacts with the absorbent after dissolution.

The latter one is usually preferred because of the higher absorption capacity and selectivity. In
olefin/paraffin separation, silver salts solutions such as AgCF3COO, AgBF4 and AgNO3 are
usually used as absorbent because of their ability to make a complex with the unsaturated bond
of olefins and its good solubility in water (Nymeijer K. et al., 2004a). Furthermore, these salt
solutions have low vapor pressure and good thermal stability (Fallanza et al., 2011). The results
for ethylene absorption using silver salts are presented in Table 22.2.

In addition, copper ion can be used for olefin/paraffin separation even though research in
this field is rare. Chilukuri et al. (2007) studied the separation of propylene using two types of
silver salts, AgNO3 and AgBF4, from technical and economical points of view and found that
AgBF4 dissociates completely and makes more concentration of Ag+. In addition, it was found
that even though increasing the concentration of Ag+ will increase the absorption of propylene, it
will be harder to break the olefin-Ag+ complex at higher concentrations. Therefore, an optimum
concentration of silver ion should be used. Nymeijer K. et al. (2004a) studied the formation of
olefin-silver complex using 1 M and 3.5 MAgNO3 solution. Fallanza et al. (2011) studied the mass
transfer for separation of propylene in a contactor module with cross flow regime, using 0.25 M
BMIMBF4-Ag salt solution. In the case of liquid in the shell side, they found that overall mass
transfer coefficient increases when liquid flow rate or salt concentration increases. Furthermore,
they optimized the liquid flow rate based on the liquid side pressure drop and mass transfer flux
and found that the mass transfer coefficient in the case of a cross flow regime is 17.6 times more
than parallel flow regime and 17.4 times more than stirred tank.

Rajabzadeh et al. (2010) used AgNO3 solution with different concentrations (0, 1000, 2000
and 4000 mol m−3) and found that the propylene absorption flux increases as salt concentration
or absorbent flow rate increases. Ortiz et al. (2010a; 2010b) studied the kinetics of reaction
between AgBF4 and propylene and found that the absorption rate is depending on both reactants
and Ag+ diffusivity will increase by increasing temperature and salt concentration. Furthermore,
they studied the effect of solvent type on the absorption of propylene where water and ionic
solvent (BMIMBF4) were used as solvent and AgBF4 was used as silver salt. In case of water,
the propylene absorption flux is more at higher concentration of Ag+ (e.g. 0.25 M) while for
ionic solvent, the absorption flux is higher at lower concentration of Ag+ (e.g. 0.1 M) as shown
in Table 22.3.

One important characteristic of absorbent in contactor applications is the surface tension which
reduces the ability of absorbent to wet the membrane; e.g. for CO2 separation, some researches
have been done on new absorbents such as potassium glycinate (Yan et al., 2007). Furthermore,
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Table 22.3. The effect of solvent type on propylene absorption flux; silver salt: AgBF4 (Ortiz et al., 2010b).

Propylene absorption flux [×105 mol m−2 s−1]

Solvent type

Water BMIMBF4
Silver salt concentration Silver salt concentration

Feed gas composition [%v/v] 0.1 M 0.25 M 0 M 0.1 M 0.25 M

70% propane – 30% propylene 2.12 3.60 0.94 2.27 2.06
50% propane – 50% propylene 3.12 5.38 1.59 3.46 4.10
30% propane – 70% propylene 4.90 7.11 2.26 5.60 5.61

as silver salts are expensive, the regeneration of absorbent is critical in olefin/paraffin separation.
Li and Chen (2005) studied the different factors in choosing the absorbent.

22.7 REACTIONS IN OLEFIN/PARAFFIN SEPARATION

22.7.1 Complex formation between Ag+ and olefin

Olefins are unsaturated hydrocarbons which can make a complex with the metal ions such as
Ag+ (Nymeijer, 2003; Nymeijer D.C. et al., 2004b; Nymeijer K. et al., 2004a). These complexes
can be broken via changing the operating conditions such as temperature and pressure, which
makes these types of ions suitable in membrane contactors for olefin separation. A number of
researches have been done on the kinetics and thermodynamics of reaction betweenAg+ and olefin
(Nymeijer, 2003; Trueblood and Lucas, 1995) to reveal that the reactions proceed according to
Equations (22.10)–(22.12):

Ag+ + olefin ←→
K1

[Ag(olefin)]+ (22.10)

[Ag(olefin)]+ + Ag+ ←→
K2

[Ag2(olefin)]2+ (22.11)

[Ag(olefin)]+ + olefin ←→
K3

[Ag(olefin)2]+ (22.12)

Generally, [Ag(olefin)2]+ and [Ag2(olefin)]2+ form at any concentrations of Ag+ (Trueblood and
Lucas, 1995) even though their concentration is low (Sunderrajan et al., 1999).

22.7.2 Kinetics and equilibrium constants

If the silver salt dissociates completely in solvent, the absorption capacity will increase but because
of the interaction between the anion and Ag+, the dissociation of silver salt is not complete
(Nymeijer K. et al., 2004a). The degree of salt dissociation is presented in two terms, dissociation
constant (Kdiss) and dissociation degree (α), which are given by Equations (22.13) and (22.14):

Kdiss =
[
Ag+]

aq

[
NO−

3

]
aq[

AgNO3

]
aq

(22.13)

α =
[
Ag+]

aq[
AgNO3

]
aq + [Ag+]

aq

(22.14)
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Table 22.4. Dissociation constant (Kdiss) and degree of dissociation (α) at
different temperatures for 1.0 and 3.5 M solutions of AgNO3
(Nymeijer K. et al., 2004a).

Salt concentration

1 M AgNO3 (aq) 3.5 M AgNO3 (aq)

Temperature [K] Kdiss [mol m−3] α [%] Kdiss [mol m−3] α [%]

275.5 213 37 177 20
278 274 40 228 22
283 449 48 373 28
288 722 56 600 34
293 1144 64 950 40

The degree of dissociation depends strongly on temperature and salt concentration and increases
with reduction in salt concentration and increase in temperature as is presented in Table 22.4; that
is the results reported by Nymeijer K. et al. (2004a).

Furthermore, they found in the reaction betweenAg+ and ethylene, that the equilibrium constant
increases with reduction in temperature.

22.7.3 Gas absorption rate in olefin/paraffin separation

In olefin/paraffin separation by membrane contactor, the driving force for mass transfer between
gas and liquid is the concentration gradient along the membrane. The chemical reaction between
silver ion and olefin influences the mass transfer rate in the liquid phase. Equation (22.15) was
reported for calculation of gas absorption flux when the gas side mass transfer resistance can be
neglected (Nymeijer K. et al., 2004a):

Rabs = −KlEa([A]i
l − [A]l)aVl (22.15)

where a is the interfacial area per unit volume, Kl is the liquid side mass transfer coefficient,
[A]i

l is the concentration of ethylene at liquid interface, [A]l is the concentration of ethylene in
the bulk of liquid, Vl is the volume of the liquid phase and Ea is the enhancement factor which
is defined as the ratio of the absorption rate in the case of chemical absorption to the rate of
absorption in the case of physical absorption at the same concentration differences of the solute
gas(es) (Hogendoorn et al., 1997). The enhancement factor depends on the Hatta number (Ha)
and infinite enhancement factor (Ea,∞) as shown in Equation (22.16) (Ortiz, 2010):

Ea = −Ha2

2Ea,∞
+
√

Ha4

4(Ea,∞ − 1)2
+ Ea,∞Ha2

Ea,∞ − 1
+ 1 (22.16)

A number of researches have been done to calculate the enhancement factor through analytical and
numerical methods, in which the analytical ones are based on the mass transfer theories such as
film theory, Higbie’s theory and surface renewal theory but because of using many assumptions,
analytical methods cannot give an exact solution even though they are easier to be used. On the
other hand, in membrane contactor the pore size of membrane is small and there is no velocity
gradient. Therefore, the mass transfer theories are not applicable and numerical methods should
be used for calculation of the enhancement factor.

Researchers attempted to study the chemical reaction in the absorption process using the
enhancement factor and Hatta number. Versteeg et al. (1989) reported the dependency between
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Figure 22.1. Variation of enhancement factor versus Hatta number at different reaction equilibrium
constants (Nymeijer D.C. et al., 2004a).

the enhancement factor and Hatta number at different reaction equilibrium constants as was
shown in Figure 22.1.

Nymeijer K. et al., 2004a found that the actual enhancement factor is approximately equal
to the infinite enhancement factor, indicating that the complex formation reaction is almost
instantaneous. Hatta number and infinite enhancement factor can be calculated through Equations
(22.17) and (22.18) (Fallanza et al., 2011):

Ha2 =
2

n+1 k1,1(C int,IL
C3H6

)n−1Cm
Ag+ DC3H6,l

k2
l

(22.17)

Ea,∞ =
(

1 + DAg+ CAg+

DC3H6,lC
int,IL
C3H6

)(
DC3H6,l

DAg+

)0.5

(22.18)

where Ha is the Hatta number, C is the concentration, D is the diffusivity, Ea,∞ is the infinite
enhancement factor, k1,1 is the kinetic constant of reaction and kL is the liquid phase mass transfer
coefficient.

22.8 OLEFIN/PARAFFIN SEPARATION USING MEMBRANE CONTACTOR

Separation of the olefin/paraffin mixture in membrane contactor is done by the selective absorp-
tion of olefins in silver salt solution. One of the most important drawbacks in contactor systems
is the membrane wetting which decreases the mass transfer rate (Kreulen et al., 1993b) as was
reported that wetting of just 2% of membrane pores will increase the membrane mass transfer
resistance up to 60% of the total mass resistance (Rangwala, 1996). The pore wetting depends
on membrane structural parameters such as membrane pore size and pore size distribution, and
the operating conditions such as transmembrane pressure difference, the liquid surface tension
etc. One method to overcome this problem is the application of hydrophobic membranes such as
PTFE or PP. These polymers are expensive or need complex process for membrane fabrication.
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Figure 22.2. The variation of (a): productivity and (b): ethylene over ethane separation factor versus liq-
uid absorbent flow rate. Operating conditions for experiments: temperature = 25◦C; silver
salt =AgNO3; salt concentration = 1.8 M, 3.5 M; total feed pressure = 0.3 MPa (Nymeijer
D.C. et al., 2004a).

On the other hand, it is possible to reduce the membrane wettability by reduction in pore size as
was presented in the Young-Laplace relation:

�P = 2σL cos θ

r
(22.19)

where σL is surface tension of liquid, θ is contact angle between liquid and membrane surface
and r is the pore radius.

Bakeri et al. (2010) used polyetherimide (a relatively hydrophilic polymer) for the fabrication
of membranes to be used in contactor applications and by manipulating the membrane charac-
teristics, such as membrane pore size, porosity and tortuosity, could achieve higher performance
than commercial hydrophobic membranes. Since PEI is much cheaper than PTFE, their method
provided a more economical way of membrane manufacturing. Another method to overcome the
membrane wettability is the coating of pores on the liquid side of membrane, using highly gas
permeable elastomeric materials. Nymeijer D.C. et al. (2004a) applied 8 µm ethylene propylene
diene monomer (EPDM) coating on the surface of a porous membrane and used the composite
membrane in a contactor to separate 20:80 ethane/ethylene mixture. They found that the pro-
ductivity of ethane kept increasing with liquid absorbent flow rate while for ethylene showed a
maximum in productivity. Their results are presented in Figure 22.2.

Furthermore, Nymeijer K. et al. (2004b) applied a layer of sulfonated poly(ether ether ketone)
(SPEEK) on the polypropylene hollow fiber membrane by the dip coating method and used the
coated membrane in contactor for separation of 20:80 ethane/ethylene mixture, using 3.5 M silver
nitrate solution as absorbent. The water in the absorbent makes the coating swell and prevents
drying of the coating. Their results (Figs. 22.3 and 22.4) show that SPEEK coating provides higher
selectivity compared to EPDM coating but the ethylene productivity is lower.

Even though SPEEK coating swells more than EPDM coating in the absorption process, it has
lower ethylene permeability but as the SPEEK coating is saturated with silver ions, it is highly
selective to ethylene. The effect of feed gas pressure on the ethylene productivity at various
liquid flow rates of absorbent for the membranes with SPEEK and EPDM coatings was shown in
Figure 22.5.

Furthermore, block copolymer of poly(ethylene oxide) (PEO) and poly(butylene terephthalate)
(PBT) coating was applied on the polypropylene hollow fiber membrane (Nymeijer K. et al.,
2004c), and the result showed much higher productivity than SPEEK coating and much higher
selectivity than EPDM coating. In other words, this coating showed higher productivity and
selectivity than EPDM and SPEEK coatings and is most suitable to be used in olefin/paraffin
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Figure 22.5. Ethylene productivity as a function of the liquid absorbent flow rate and the feed gas pressure
for SPEEK- or EPDM-coated hollow fiber membranes (Nymeijer K. et al., 2004b).

Table 22.5. The permeability and swelling properties of different coatings
used for olefin separation.

Permeability [barrer] Swelling [wt%]

Coating type C2H6 C2H4 H2Oa H2O 3.5 M AgNO3

PEO/PBT 10.4 16.5 5.4 × 105 53.7 84.7
EPDM 40.2 46.4 1.5 × 103 0.3 0.1
SPEEK NAb NA 1.2 × 105 88.0 51.0

a3.5 M AgNO3 (aq); bNot applicable
barrer: 10−10 cm3 · cm

cm2 · s · cmHg

separation by membrane contactor. The results for permeability and selectivity of the films of
different coatings are presented in Table 22.5.

The high permeability of water through the coatings causes the permeate stream to be humid.
Even though membrane coating can overcome the membrane wettability, adding a layer on the
membrane surface increases membrane mass transfer resistance. Ceramic membrane was also
proposed to reduce membrane wetting in olefin/paraffin separation (Faiz et al., 2012).

22.9 RECOMMENDATIONS

Even though many researches have been done in the field of membrane contactor and considering
the important advantages of membrane contactor (such as higher absorption flux and selectivity)
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compared to traditional separation equipment and other membrane based separation processes
such as gas separation membrane or facilitated transport membrane, it still needs more studies
to be commercialized especially in the field of olefin/paraffin separation. Most of the researches
for olefin/paraffin separation have been done at normal temperatures however it is still needed
to study the separation process at higher temperatures as the reaction rate between silver ion
and olefin increases with temperature even though the thermal stability of membrane should
be considered. Although, silver salts are mostly used as absorbent, their high price limits the
application in commercial scale. So, studies on other types of absorbent, such as copper ion,
would be advantageous.

Application of other types of polymer for membrane fabrication can reduce the cost of process,
e.g. PEI was used for membrane fabrication and presented higher performance than hydrophobic
membranes (Cote et al., 1989). Furthermore, surface modification using surface modifying
macromolecules (Bakeri et al., 2012a; 2012b) or hydrophobic nanoparticles can be applied to
enhance the performance of membrane in contactor applications and reduce the process costs.

It is also essential to investigate the long term stability of membrane in contactor application
for olefin/paraffin separation process and at different operating conditions such as temperature
and pressure.
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CHAPTER 23

The reliability of the conventional gas permeation
testing method for characterizing the porous asymmetric
membranes: a conceptual review

Seyed A. Hashemifard, Ahmad Fauzi Ismail & Takeshi Matsuura

23.1 INTRODUCTION

Attempts have been made to employ extensively asymmetric membranes with porous skin layer
for ultrafiltration (UF), microfiltration (MF), membrane distillation (MD) and, more recently,
membrane contactor (MC) as separation processes in various industries. Selection of an adequate
membrane for a specific application requires a deep understanding of its permeation mechanism
and also information on surface porosity, bubble point, mean pore size, and pore-size distribution.
The pore size and its distribution have been measured using various methods, best exemplified
by gas permeation testing, bubble point method, liquid displacement method, solute probe tech-
niques, and atomic force microscopy (Lee et al., 2002). Each method has its own unique distinction
by which it is suitable for specific types of membranes, hence, poses some limitations for the
other types of membranes. The important aspect is the accuracy of the method in measuring or
estimating the pore size, which in turn arises from a strong theoretical background. One of the
easiest and the most frequently used approaches is the well-known conventional gas permeation
testing (GPT).

Gas permeation testing was introduced for the first time by Carman in 1956 for characterization
of porous media (Carman, 1956). Later Yasuda and Tsai (1974) employed a constant volume
permeation testing setup in order to characterize a polymeric membrane made from polysulfone.
A porous membrane was placed in a Millipore high-pressure cell, and the assembled cell was
connected to a stainless steel tank (16.4 × 10−3 m3 capacity) which had a pressure transducer.
After the tank was pressurized to a predetermined pressure, the ball valve between the tank and
the permeability cell was opened and the pressure decay was recorded. It was empirically found
that the initial stage of pressure decay was not representative of the steady flux. In order to avoid
the initial transient stage of pressure decay, the tank was pressurized to a pressure of approximately
50% higher than the pressure needed for the measurement. The gas was then allowed to permeate
through the test membrane before recording the pressure. The slopes of the pressure decay curve
were measured and recorded at various pressures on a linear strip-chart recorder and were used
to plot against the mean pressure. Wang et al. (1995) adopted the technique in an easier way, i.e.
constant pressure gas permeation testing. Two kinds of pure non-sorbable gases (H2 and N2) were
used to determine the permeability and the separation factor of the asymmetric membrane similar
to those employed in Monsanto’s prism system. A mathematical model was developed to relate
the gas permeation characteristics to the membrane structural parameters (the mean pore size and
the surface porosity) of the asymmetric membrane. The models were applied to characterize the
asymmetric polysulfone flat and hollow fiber membranes prepared in their laboratory.

Many researchers (Altena et al., 1983; Bird et al., 2007; Schofield et al., 1990; Uchytil et al.,
1992; 1995; Wang et al., 1990) applied the gas permeation testing for integrated porous skin layer
membrane characterization for different purposes, e.g. UF, MF, MD and MC. Khayet and Matsuura
(2001) fabricated polyvinylidene fluoride (PVDF) flat-sheet membranes for membrane distillation
(MD) with different pore sizes and porosities from casting solutions containing 15 wt% of PVDF,
dimethylacetamide, and different concentrations of pure water. They used the conventional GPT
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method to estimate the membranes pore size. Mansurizadeh and Ismail (2011) used this technique
to measure the pore size of a PVDF membrane for the purpose of CO2 removal by a MC. Bakeri
et al. (2010) applied the technique to measure the pore size and effective surface porosity of MC
membranes prepared from different concentrations of polyetherimide (dissolved in N -methyl-2-
pyrrolidone). The concentration of polymer in the spinning dope was varied from 10 to 15 wt%
and water was used as the internal and external coagulant. Increasing PEI concentration in the
spinning dope decreased the mean pore size and the effective surface porosity at the skin layer
and the bulk void fraction. Tailor-made asymmetric PVDF hollow-fiber membranes and their
membrane modules were fabricated by Li et al. (1999) to remove soluble gas H2S. Hollow fibers
with different morphological structures were prepared using the phase-inversion process, and
were characterized by the gas permeation technique. Results revealed that the skin location is
largely dependent on the coagulation medium. The addition of a substantial amount of ethanol to
the coagulation medium would greatly affect the formation of the skin.

Even though all the above mentioned works are very important since they are providing the
information on the porous structure at the membrane surface, the methods they employed are
prone to some inaccuracy caused by inadequate experimental and theoretical techniques. In this
work we intend to conduct a thorough analysis of the conventional GPT, especially in its theoretical
aspect. As well, we intend to present an improved approach.

23.2 THEORETICAL BACKGROUND

The diffusion and flow of gases through porous media such as integrated porous skin layer mem-
branes can occur by different mechanisms. For solids with relatively narrow pore size distributions,
several distinct regimes of behavior are observed, depending upon the ratio of the mean free path
of gas molecules to the mean pore diameter, which is known as Knudsen number:

Kn = λ

2rp
(23.1)

where, Kn is the Knudsen number, rp is the pore radius [m]. λ is gas mean free path [m] given by
kinetic theory of gases (Bird et al., 2007):

λ = 1√
2

kBT

πσ2P
(23.2)

where kB is the Boltzmann constant (equal to 1.38 × 10−23 J K−1), T is the absolute temperature
[K], σ is the collision diameter [m] and P is system mean pressure [Pa]. When an isothermal
condition is assumed, the mass transfer in the pores of the porous medium can take place by
Knudsen diffusion, molecular diffusion or viscous flow. Different driving forces are responsible
for each diffusion mechanism. Gradient of total pressure (dp/dx) leads to a viscous flow and/or
Knudsen diffusion, whereas, a concentration gradient (dX i/dx) leads to molecular diffusion and/or
Knudsen diffusion (Kast and Hohenthanner, 2000).

There are several issues associated with gas permeability through the capillary porous mem-
brane namely: (i) characterization of flow conditions applying the Knudsen number, (ii) describing
the mechanism involved and the governing theory, (iii) distinguishing the contribution of every
individual mechanism in the overall gas flow, and (iv) validity of the proposed modeling approach
(Civan, 2010).

Three different regimes in integrated porous skin layer membranes can be considered, depend-
ing on the Knudsen number, Kn, which is used as a criteria to distinguish the flow regimes. It
should however be noted that, according to different researchers, there is an order of magnitude
difference in the Knudsen number upper or lower limits that is applicable to each flow regime
(Bird et al., 2007; Knudsen, 1909). Therefore, we adopt the criteria proposed by Roy et al. (2003)
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Table 23.1. Categorizing the flow regimes in capillary channels according to the Knudsen number criteria
(Civan, 2010).

Characteristics Flow regime Knudsen number limit

Molecule-wall collision Free molecular Kn ≥ 10
Transition from molecule-wall collision Transition 0.1 ≤ Kn < 10
to molecule-molecule collision
Molecule-molecule collision Slip phenomena (slip on the wall) 0.001 < Kn < 0.1

Continuum (friction on the wall) Kn ≤ 0.001

as shown in Table 23.1. These limits were determined experimentally by Schaff and Chambre
(1961) for capillary pipes possessing different flow regimes.

If the pore size or mean pressure is so small that Kn ≥ 10 then the flow regime is in the free
molecular region. In this region, the mean free path is large compared with the pore diameter
(Bird et al., 2007; Civan, 2010), whilst the pore size or mean pressure is so large that Kn ≤ 0.001
the flow regime is in continuum region. In the continuum region the mean free path of the gas is
small compared with the pore diameter. The flow mechanism is considered as transition regime
when the mean free path is comparable with the pore diameter or 0.1 ≤ Kn ≤ 10.

In the free molecular region, i.e. at high values of Kn, molecule-wall collision predominates the
molecule-molecule collision and the flow is governed by Knudsen diffusion as a result of either
concentration gradient or total pressure gradient (Rangarajan et al., 1984). The free molecular
region is modeled by the Knudsen diffusion equation:

NK = 2rpAp

3RT

(
8RT

πM

)0.5
�P

lp
(23.3)

where NK is the Knudsen flow rate [mol s−1], rp is the pore radius [m], Ap is pore cross sectional
area [m2], M is the molecular weight, �P is the transmembrane pressure difference [Pa], R is the
universal gas constant (equal to 8.314 Pa m3 mol−1 K−1) and lp is the pore length [m].

In contrast, in the continuum region, the molecule-molecule collision predominates over the
molecule-wall collision. In this case, molecular diffusion is responsible for the mass transfer in
a gas mixture. In a pure gas system there is no molecular diffusion since dX i/dx = 0 (Kast and
Hohenthanner, 2000; Wakao et al., 1965), thus, a gradient of total pressure results in viscous
flow, which is described by Hagen-Poiseuille equation:

NV = r2
pApP

8µRT

�P

lp
(23.4)

where NV is the viscous flow rate [mol/s] and µ is the gas viscosity [Pa s].
Special care should be taken in the transition region where 0.1 ≤ Kn ≤ 10. In this regime,

according to the dusty gas theorem, a combination of various transport mechanisms: Knudsen
diffusion, molecular diffusion and viscous flow are considered (Wakao et al., 1965). As men-
tioned above, in the pure gas systems, molecular diffusion plays no role in the mass transfer.
Consequently, a combination of the Knudsen and viscous flow governs the system flow. In this
region, gas molecules collide with each other and the pore-walls while travelling through the pore
medium.

When the pore radius approaches the mean free path of gas molecules and also at low pressure
(0.001 ≤ Kn ≤ 0.1), the frequency of collision between gas molecules and solid walls increases,
since gas molecules are often so far apart, they slip onto the channel’s wall almost without
interaction (no friction loss) (Klinkenberg, 1941; Renksizbulut et al., 2006). This additional
flux due to the gas flow at the wall surface, which is called “slip flow”, becomes effective to
enhance the total flow rate. This phenomenon is also known as Klinkenberg effect (Tanikawa
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et al., 2006; Ursin and Zolotukhin, 1997). What is important and has been widely ignored in
asymmetric porous membrane is that, to what extent each flow mechanism is contributing to total
gas flow rate?

The three mechanisms (Knudsen, slip and viscous) considered all involve diffusion through the
gas phase. If there is significant adsorption on the pore wall, (in the case of condensable gases,
e.g. carbon dioxide, ammonia, sulfur dioxide, etc.) there is the possibility of an additional gas
permeation due to diffusion through the adsorbed phase or “surface diffusion”. Surface diffusion
is an activated process, but the diffusional activation energy is generally smaller than the heat
of adsorption. As a result, surface diffusion increases with decreasing temperature. Therefore,
surface diffusion is generally insignificant at temperatures which are high relative to the normal
boiling point of the adsorbate gas such as nitrogen, methane, hydrogen and helium (Karger and
Ruthven, 1992).

When UF, MF, and MC membranes are characterized via the GPT method, the pressures are
usually in the range, where the transition regime is applicable, which means Knudsen flow, viscous
flow as well as slip flow are contributing to the total flow.

Most attempts at describing the Knudsen/viscous transition region involve a combination
of Equations (23.3) and (23.4). For example, Weber (1954) proposed the combination of
Knudsen and viscous flow permeabilities, with the Knudsen permeability being multiplied by
(π/4+λ/2rp)/(1 + λ/2rp), to describe the transition region for the flow along capillary tubes.
Creutz (1974) adopted a similar approach, including an adjustable parameter to fit the experi-
mental data. Various authors have integrated these (and other) capillary equations over the range
of pore sizes in a porous medium with reasonable success (for example Schneider, 1975). Others
adopted a similar approach including adjustable parameters to fit experimental data, e.g. Shofield
et al. (1990) stated that, for a range of gases and membranes, flux can be expressed by a simple
equation, J = aPb�P, where a is the membrane mass transfer constant and b is a measure of the
extent of viscous flow. As can be seen in all of these attempts, the effect of the slip flow was not
taken into consideration.

The authors believe that the contribution of the slip flow at the wall should be included when
the transport of membrane pores is discussed, particularly for the ranges of pressures and pore
sizes we are dealing with. Scott and Dullien (1962) by using modern kinetic theory concepts
described the slip flow mechanism by:

NS = rpAp

RT

(
πRT

8M

)0.5
�P

lp
(23.5)

Wakao et al. (1965), after a rigorous algebraic formulation showed that for a pure gas system,
total gas flow N , is given by:

N = cAp

RT

�P

lp
(23.6)

where:

C =
(

1

1 + 1
Kn

)
2

3
rp

(
8RT

πM

)0.5

+
(

1

1 + Kn

)[
rp

(
πRT

8M

)0.5

+ r2
pP

8µ

]
(23.7)

where on the right hand side, the first term is the Knudsen flow, the first term in the square
bracket is the slip flow and the second term is the viscous flow. The path of a molecule in a tube
is interrupted either by collision with the tube wall or with another molecule. Wakao et al. (1965)
also proposed the probability of collisions with the wall be ϕ, that is:

ϕ = Wall collision frequency

Total collision frequency
(23.8)
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Figure 23.1. Wall-molecule probability function (ϕ) versus Knudsen number (Kn), combined with the
domain of the individual mechanism.

With this concept the total flow rate through the tube is:

N = (probability of wall-molecule collisions)NK

+ (probability of molecule-molecule collisions) (NS + NV) (23.9)

and
N = ϕNK + (1 − ϕ)(NS + NV) (23.10)

where, NK is the Knudsen flow rate, NS is the slip flow rate, and NV is the viscous flow rate.
By comparing Equations (23.3)–(23.7) with Equation (23.10) they concluded that:

ϕ = 1

1 + 1
Kn

(23.11)

ϕ was also called wall-molecule collision probability function. Figure 23.1 illustrates ϕ versus Kn.
The domain of the individual mechanism associated with the corresponding range of Knudsen
number is shown in Figure 23.1 as well.

Scott and Dullien (1962) derived an approximate expression similar to Equation (23.7) by
applying the kinetic theory. Their equations were derived by supposing the molecules to be hard
spheres. With this assumption, the results could be expressed in terms of a mean free path.

Their results are the same as that of Wakao et al. (1965) except for a different probability
function defined by:

ϕ = exp
[
−sinh

(
1

Kn

)]
(23.12)

The two expressions for ϕ, i.e. Equations (23.11) and (23.12), state that ϕ is a function of the
Knudsen number. Eventually the final form of the total flow rate over the entire range of the
Knudsen number including the transition regime is given by:

N =
{

ϕ
2rp

3RT

(
8RT

πM

)0.5

+ (1 − ϕ)

[
rp

RT

(
πRT

8M

)0.5

+ r2
pP

8µRT

]}
AP�P

lp
(23.13)

Equation (23.13) has the ability to predict the gas flow for different flow regimes corresponding
to various ranges of the Knudsen number and also match the end limits. When ϕ approaches to



256 S.A. Hashemifard, A.F. Ismail & T. Matsuura

Table 23.2. Collision diameter and the coefficient in the ϕ equation
for several gases (Reid and Sherwood, 1966).

Gas species σ [Å] Coefficient [m Pa]−1

CH4 3.82 315.30
CO2 3.941 335.59
N2 3.798 311.68
Ar 3.542 271.08
O2 3.467 259.72
He 2.55 140.50
H2 2.93 185.50

T = 298 K.

unity, N becomes nearly equal to NK, whereas N becomes nearly equal to (NS + NV) when ϕ

approaches to zero, Furthermore by increasing the system pressure, slip flow will be negligible
as compared to the viscous flow and eventually N will be equal to NV.

23.3 RESULTS AND DISCUSSION

23.3.1 Analyzing the Wakao et al. (1965) model for GPT

By substituting Equation (23.1) and (23.2) for the Knudsen number of Equation (23.11):

ϕ = 1

1 +
(

2
√

2 πσ2

kBT

)
rpP

(23.14)

As can be seen from Equation (23.14), ϕ is a function of pore radius, system operating param-
eters, i.e. temperature and system mean pressure, along with the property of the testing gas,
i.e. collision diameter of gas:

� = f (T , P, rp, gas properties) (23.15)

Thus for a particular gas and at an isothermal condition, ϕ is only a function of system mean
pressure and pore size:

� = f (P, rp) (23.16)

For example, for nitrogen gas and at room temperature (T = 298 K) Equation (23.14) is reduced to:

ϕ = 1

1 + 311.68 rpP
(23.17)

Table 23.2 summarizes the coefficient preceding rpP in Equation (23.17) for some other gases.
According to Equation (23.17) when rp or P becomes large ϕ approaches zero, which indicates

a pure viscous flow, i.e. Equation (23.4). In contrast, if rp or P approaches zero ϕ approaches
unity, which corresponds to pure Knudsen flow, i.e. Equation (23.3). Figure 23.2 illustrates ϕ

as a function of pore size and mean pressure for nitrogen gas. From Figure 23.2 and Equation
(23.17), ϕ is always between zero and unity limits; 0.0 < ϕ < 1.0. As can be seen, by increasing
pore size at any pressure ϕ decreases, which means the contribution of viscous flow is enhanced.
The same trend is observed for increasing the mean pressure at every pore size. At high pressures
and large pore sizes, ϕ approaches zero. Also by decreasing pore size and mean pressure ϕ tends
to approach unity. From Equation (23.13) and Figure 23.2, it is concluded that during the gas
permeation testing by changing the upstream pressure, the fraction of viscous and Knudsen flow
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Figure 23.2. Wall-molecule probability function (ϕ) of nitrogen versus system mean pressure for various
pore radius at T = 298 K.

is continuously changing. It is noted that when rp and the pressure are kept constant, ϕ is only
a function of the gas species which is utilized as the testing gas. As a result, even at the same
conditions, different gases may experience various flow regimes, which is due to the difference
in their mean free path.

23.3.2 Predictions of the model for integrated porous skin layer membranes

The permeance, J [mol−1 m−2 Pa−1] through a membrane possessing porous skin layer is as
follows:

J = 1

RT

{
ϕ

2rp

3

(
8RT

πM

)0.5

+ (1 − ϕ)

[
rp

(
πRT

8M

)0.5

+ r2
pP

8µ

]}
ε

lp
(23.18)

where ε is the membrane surface porosity.
Wakao et al. (1965) showed that their model exhibited good agreement with their experimental

results and also with the experimental results reported by Knudsen for small capillaries. To the
best of our knowledge, this concept has not been documented to model and characterize the
performance of asymmetric membranes to estimate the membrane structural parameters such as
mean pore size and effective surface porosity. Therefore, their model will be used as a principal
model throughout the present study. To estimate the asymmetric membrane with porous skin layer,
the mass transfer resistance of the support layer is roughly considered to be negligible.

Figure 23.3, shows the model prediction for porous skin layer membranes with different mean
pore size ranging from 10 to 90 nm. According to the figure there is a minimum in permeance,
particularly when the pore size is large. This trend was indeed observed experimentally. For
example, Figure 23.4 shows experimental J versus P plot for a flat sheet asymmetric membrane
prepared from a dope containing 15% polyetherimide in N -methyl-2-pyrrolidone. Referring to
Figures 23.3 and 23.4, the diagram can be divided into three major regions namely: a decreasing
trend, an almost plateau region with a minimum, and a nearly constant increasing trend (the linear
part). Most of our experiments exhibited a similar trend.

Figure 23.5 depicts the contribution of each flow regime to the total permeance at different
pressures. At low pressure (high Kn) the system is controlled by the Knudsen diffusion, and at high
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pressure (low Kn) the system is governed by the viscous flow mechanism, whereas at intermediate
pressures the Knudsen, slip and viscous flow are contributing almost equally. Experimental data
as well as theoretical work have demonstrated a nonlinear dependence of mass flow rate on the
pressure drop for the slip flow regime. In fact, the minimum point in the J versus P indicates
the area of transition from Knudsen flow toward viscous flow which the slip flow mechanism on
the pore walls also interfere the total flow mechanism. This nonlinear dependence of permeance
on pressure was also reported by other researchers (Altena et al., 1983; Beskok and Karniadakis,
1999; Beskok et al., 1995; Dullien, 1979).
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23.3.3 Drawbacks of the conventional GPT method

The conventional GPT method to determine the mean pore size and effective porosity is based on
a model in which the Knudsen and viscous flow contribute equally to the total permeance, while
neglecting the slip flow contribution. The applicable equation is therefore (Altena et al., 1983):

J = JK + JV = 1

RT

[
2rp

3

(
8RT

πM

)0.5

+
(

r2
pP

8µ

)]
ε

lp
(23.19)

Although this method has been used frequently, the following problems will arise when the
experimental data are fitted to the model.

First of all, referring to Equation (23.18), the conventional GPT method, is not attainable by
simplifying the Wakao et al. (1965) model. In the conventional GPT method it is assumed that
the Knudsen and viscous mechanism have equal contribution in the overall permeance. If we
consider that ϕ is equal to 0.5 which states the Knudsen and viscous mechanism have the same
degree of contribution in the overall permeance, then the gas permeation equation reduces to:

J = 1

RT

{
0.5

2rp

3

(
8RT

πM

)0.5

+ 0.5

[
rp

(
πRT

8M

)0.5

+ r2
pP

8µ

]}
ε

lp
(23.20)

Even though, the slip term is neglected in Equation (23.20):

J = 1

RT

[
0.5

2rp

3

(
8RT

πM

)0.5

+ 0.5

(
r2

pP

8µ

)]
ε

lp
(23.21)

Comparing the two last equations, keeping the mean pore size and effective surface porosity
constant, obviously, the predictions of the conventional gas permeation method in relation to
gas permeance is twice the predictions by the Wakao et al. (1965) model. This is depicted
schematically in Figure 23.6.
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Figure 23.6. Conventional GPT method against Wakao et al. (1965) model for nitrogen at T = 298 K, for
rp = 90 nm, ε/lp = 1600 m−1.

Based on the Equation (23.19) the pore radius rp and the effective porosity, ε/lp of the membrane
are obtained as follows: Plot J versus P. This is supposed to be a linear line according to Equation
(23.19). From the intercept with the y axis (I ) and slope of the straight line (S):

rp(conv.GPT) =
(

16

3

)
µ

(
S

I

)(
8RT

πM

)0.5

(23.22)

and

ε/lp(conv.GPT) = 8µRTS

r2
p,conv.GPT

(23.23)

The J versus P plot often shows a nonlinear relationship as mentioned earlier, Figure 23.6. Then,
the method is either inapplicable in the region where J decreases with P (negative slopes), or
leads to erroneous rp and ε/lp, values (nonlinear positive slopes).

At low P, ϕ is still large enough and the Knudsen flow has its considerable influence. As a
result, the trend is not linear and the slope is not constant relative to the change in pressure. At
slopes close to zero, by a small change in the slope of J versus P, the predictions can be varied
dramatically, and hence, the results of the conventional GPT method can be very erroneous.
Suppose the experimental data in the intermediate P region of 1.6 to 3.5 × 105 Pa are as shown
in Figure 23.7a (replot of Fig. 23.4 in this narrower region) rp and ε/lp strongly depend on the
range of P adopted for the interpolation. This is quite obvious from the linear plots made in the
lower, middle and upper range of P. Table 23.3 shows even more clearly how different rp and ε/lp

values may become, depending on which portion of the J versus P plot is used. Even when you
use a very high pressure range of P (above 3.5 × 105 Pa), where J versus P plot may is linear,
incorrect rp and ε/lp values are obtained by the above approach.

Table 23.3 indicates that the results of the conventional GPT method can be very different
depending on the slope and the interception of the J versus P diagram. As a matter of fact, since
the GPT experiment is not conducted by a standard procedure, the conventional GPT method
is unfortunately an arbitrary approach to determine the membrane structural parameters. That is
why even when the membrane is fabricated under the identical conditions using the same dope
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Table 23.3. rp and (ε/lp) as a function of the slope and intercept of J versus
P for different part of the diagram.

J versus P Slope (S) Intercept (I ) rp [nm] ε/lp [m−1]

Lower part 7.594 × 10−12 4.538 × 10−6 76.7 463.2
Middle part 8.088 × 10−12 4.368 × 10−6 84.9 403.1
Upper part 1.163 × 10−11 3.299 × 10−6 161.4 160.0
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Figure 23.8. Incapability of the conventional GPT method to predict the membrane. Parameters at negative
and zero slopes; The system is nitrogen at T = 298 K.

formulation, different values are reported as a result of conventional GPT approach. It is important
to remember that all of the preceding discussion is valid only if we are in the linear region of the
J versus P, i.e. when Kn << 1. Otherwise, in the transition region, which produces negative or
zero slopes the two Equations (23.19) and (23.21) are not capable to make any prediction (see
Fig. 23.8). This has been also pointed out by the other researchers (Bird et al., 2007; Uchytil
et al., 1995). In such a case, the effect of ϕ on the slope of the J versus P should be taken into
consideration. This issue will be discussed in the future work more in detail.

According to Equation (23.18), which seems more complete than Equation (23.19) since exper-
imental J versus P plots are often not linear but nonlinear, ϕ approaches zero at high pressure
and J becomes:

J = JS + JV = 1

RT

ε

lp

[
rp

(
πRT

8M

)0.5

+ r2
pP

8µ

]
(23.24)

Then, rp and ε/lp values which are obtained by the I and S of the straight line will become:

rp(Modif.GPT) = 8µ

(
S

I

)(
πRT

8M

)0.5

(23.25)

ε/lp(Modif.GPT) = 8µRTS

r2
p,Modif.GPT

(23.26)

rp(Modif.GPT)

rp(Conv.GPT)
= 3 π

16
≈ 0.58 (23.27)

(ε/lp)Modif.GPT

(ε/lp)Conv.GPT
=
(

16

3 π

)2

≈ 2.88 (23.28)
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Therefore, much smaller rp and much larger ε/lp are obtained by using Equation (23.18). The
best approach seems to use the entire range of P that is covered by experiments and fit the data
to Equation (23.18). Implementation of Equation (23.18) and comparing the predicted values for
structural properties of asymmetric porous membrane with the experimental points is the topic
of our future study.

23.4 CONCLUSION

A theoretical analysis along with some experimental data was presented in order to study the
capability of the conventional GPT method with reference to the membrane structural parameters.
Although the conventional GPT method is relatively easy and fast to be implemented, it suffers
from several conceptual drawbacks. First of all, it is based on a rather weak theoretical background.
That is the reason why the conventional GPT does not necessarily describe the experimental
data very well. It was shown that simple addition of the Knudsen and viscous terms may lead
to erroneous conclusions. By comparing the conventional GPT method with the Wakao et al.
(1965) model, it was concluded that the modified values of rp and (ε/lp) were different from the
conventional ones by the factor of 3π/16, and (16/3π)2, respectively. In addition, the slope of J
versus P plot depends on the adopted region of the mean pressure. In the other words, depending on
which region of the J versus P plot is selected, different rp and (ε/lp) will be achieved. Finally, at the
regions which the slope is negative or zero, the conventional GPT method is simply not applicable.
Since the GPT experiment was not conducted by a standard procedure, the conventional GPT
method was unfortunately an arbitrary approach to determine the structural parameters. That is
why, sometimes with the same membrane fabrication conditions and the same dope formulation,
the structural parameters obtained by the conventional GPT method do not agree with each other.
The best approach seems to use the entire range of P that is covered by experiments and fit the data
to Equation (23.18). Implementation of Equation (23.18) and comparing the predicted values for
structural properties of asymmetric porous membrane with the experimental points is the topic
of our future study.
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CHAPTER 24

Modeling of concurrent and counter-current flow hollow fiber
membrane modules for multi-component systems

Serene Sow Mun Lock, Kok Keong Lau & Azmi Mohd Shariff

24.1 INTRODUCTION

The combined United States market for membranes employed in gas and liquid separating applica-
tions is reported to be worth approximately US$ 2.2 billion in 2013 (BCC Research, 2014). Based
on forecasts of analysts, the gas separation and pervaporation market, which is solely based in the
United States, is expected to boost from US$ 247 million in 2014 to US$ 380 million in 2019,
achieving a compound annual growth rate of 7.9% during the five-year period (BCC Research,
2014). The rapid growth of membrane separation techniques is due to the fact that they exhibit
many advantages in comparison to the conventional separation technologies for gases, such as
occupying a relatively smaller footprint, chemical free operation, cost effectiveness, high process
flexibility and high energy efficiency (Baker and Lokhandwala, 2008). The promising expansion
of membrane gas separation is also attributed to improved membrane performance due to devel-
opment of new membrane material with enhanced permeability and selectivity over recent years
(Marriott and Sorensen, 2003). Among all the commercially available membrane types, hollow
fiber membrane modules are exceptionally favorable in industrial applications because a large
membrane area can be packed within a small volume, which allows for more effective separation
(Baker, 2002).

In order to assist in the optimal design of the hollow fiber membrane module in industrial
application, such as the required module specification and operating conditions, an accurate math-
ematical model in characterizing membrane permeation process is vital (Baker and Lokhandwala,
2008; Makaruk and Harasek, 2009). It can be adapted to minimize the technical risks that are
inherent in the development of the newer process. The availability of the mathematical model
also eliminates the need for the time consuming and costly pilot plant and experimental studies to
evaluate the required conditions in order to optimize the membrane process behavior. In addition,
the mathematical model can also be applied in the process of membrane material development
by determining the favorable characteristics of various operating conditions and the scale-up of
the fabricated materials in industry scale.

The currently available model characterizing separation within hollow fiber membrane module
is analyzed to determine the pros and cons associated to each method, as well as outlining the gap
presented. The findings are summarized in Table 24.1.

Based on a review of the published literature, it is concluded that the favorable mathematical
model should be easy to be implemented to ensure stability and convergence of the solution
procedure. In addition, over-complexity associated to the mathematical modeling often requires
excessive level of detail or algorithms that constraint the applicability of the mathematical model.
However, the methodology should not be over-simplified, such as that of the averaging method
(Pettersen and Lien, 1999), which reduces the model prediction accuracy. In this context, the
stage-wise coupled with mass conservation approach is found to be appealing since it involves
merely reducing the membrane module into a number of entities, in which the mass transfers
are assumed to be constant and independent of one another (Thundyil and Koros, 1997). Non-
ideal effects, such as pressure drop, can also be incorporated easily in conjunction with the mass

265
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Table 24.1. Summary of major developments in methodology adapted to characterize the separation
performance of hollow fiber membrane module.

Published
literature Study domain Research gap

Pan (1986) – Mathematical modeling of
multi-component high-flux, asymmetric
hollow fiber membranes by formulating
numerical integration of governing
differential equations over relevant
boundary conditions.

– Instability when solving the differential
equations (Makaruk and Harasek, 2009).

– Shortcoming in predicting higher stage
cuts performance due to the assumption
of negligible bulk flow configuration
(Makaruk and Harasek, 2009).

– Proposed that all gas separation
performances can be approximated by the
cross-flow mechanism regardless of the
bulk flow configuration.

Thundyil and
Koros (1997)

– Succession of states method to
characterize the mass balances of radial
cross-flow, counter-current and
concurrent flow configuration within the
hollow fiber membrane module by
dividing the module into many finite
elements, while performing mass balance
independently on each element.

– The equations presented are merely
applicable to the binary system separation.

Coker et al.
(1998)

– Mathematical modeling of the multi-
component hollow fiber membrane
contactors adapting the stage-wise
approach to transform the conservation
differential mass balance equations to
a first order finite difference solution
procedure.

– Required the conservation equations to be
fitted into the form of a tridiagonal matrix
and to be solved simultaneously using the
complicated Thomas algorithm.

– Experimental validation of the method and
sensitivity of the technique to initial
estimates were not provided (Chowdhury
et al., 2005).

Pettersen and
Lien (1999)

– Averaging method by using the
logarithmic mean pressure driving force
to describe the overall symmetric hollow
fiber module performance.

– Accuracy of the method, which was
developed based on the assumption of
constant driving force along the length of
the membrane permeator, was only in good
agreement with the exact solution at lower
stage cuts.

Marriott and
Sorensen
(2003)

– Mathematical modeling of the multi-
component separation within the hollow
fiber and spiral wound membrane module
by developing rigorous mass, momentum
and energy balances to characterize the
system, which were later solved
simultaneously using the orthogonal
collocation numerical method.

– Required the knowledge of diffusion and
dispersion coefficients in the fluid phase,
which was not available at the initial stage
of design process.

conservation equations as compared to mathematical modeling adapting differential equations
(Thundyil and Koros, 1997).

However, there are still limited mathematical models developed based on the stage-wise with
mass balance approach that are applicable to multi-component system currently since the method-
ology is evolved from binary system separation. Although the binary component system is often
assumed for model development purpose to provide the fundamental knowledge in understand-
ing the realistic modeling of separation processes, usage of the models is limited. It is highly
desirable to extend the approach to incorporate the multi-component system to encompass more
practical functions and higher prediction capability since real membrane separation processes
usually involve more than two components.
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Therefore, in this work, an experimentally validated multi-component hollow fiber membrane
mathematical model is developed to characterize the counter-current and concurrent flow con-
figuration based on a “multi-component progressive cell balance” methodology. The chapter also
demonstrates the case study of CO2 removal from natural gas through adaptation of hollow fiber
membrane module to compare the performance of the different flow configurations based on their
separation efficiency.

24.2 METHODOLOGY

24.2.1 Multi-component progressive cell balance methodology

The “multi-component progressive cell balance methodology” involves reducing the problem into
a number of finite entities. The outlet condition of the entity is computed based on the specified
inlet condition provided and will be the inlet condition of the subsequent entity. Therefore, from
one entity, the computation proceeds to the next and is completed over the entire membrane
module. Coker et al. (1998), Marriot and Sorensen (2003), Soni et al. (2009) and Thundyil
and Koros (1997) highlighted that the counter-current and concurrent flow configuration can be
sufficiently described using the one dimension approach along the axial direction of the membrane
module since the characteristic of the fibers in the radial direction can be assumed to be the same.

The membrane bundle specifications are provided by the end user to determine the active
membrane area of each finite entity based on the predetermined number of entities, m. It is done
by dividing the membrane module along the longitudinal direction. Among the input parameters
required to determine the active membrane area of each entity are as followed:

• Active length of the fiber bundle, L
• Radius of the fiber bundle, R
• Inner and outer diameter of the hollow fibers, di and do

• Packing density, ∅, or porosity, ε, or number of fibers, nf , of the membrane module, which
are related to one another, as depicted as (Li et al., 2004):

∅ = 1 − ε = nf
Af

Amodule
(24.1)

The area calculation is adapted from Rautenbach as well as Thundyil and Koros published liter-
ature, in which the active area for permeation of each entity, Am, is determined from the volume
(Rautenbach, 1990; Thundyil and Koros, 1997), whereby the geometry is defined as a cylinder
with radius, R, and axial thickness, �z = L/m:

Am = 4πR2(�z)(1 − ε)

do
(24.2)

In addition, several assumptions have been outlined when developing the “multi-component pro-
gressive cell balance” mathematical model to simplify the modeling approach. These assumptions
are provided as following:

• The model assumes no mixing in the tube and shell sides and can be sufficiently described by
plug flow (Pan and Habgood, 1978; Pettersen and Lien, 1994; Stern and Walawender, 1969;
Thundyil and Koros, 1997; Weller and Steiner, 1950). Therefore, the mass balance of each
plug can be solved independently provided the previous plug state is known.

• The shell side pressure variations are negligible while the permeate side pressure drop can be
adequately described using the Hagen-Poiseuille equation (Coker et al., 1998; Davis, 2002;
Pan, 1986; Thundyil and Koros, 1997).

• Operation within the hollow fiber membrane module is isothermal (Davis, 2002; Pan, 1986;
Thundyil and Koros, 1997).
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Figure 24.1. Schematic representation of (a) concurrent hollow fiber membrane module and (b) entities
within the multi-component progressive cell balance methodology for mathematical modeling.

24.2.2 Multi-component progressive cell balance in concurrent flow mechanism

Figure 24.1a shows the schematic representation of the concurrent hollow fiber membrane module
with the feed introduced through the shell side. The feed gas flows in the axial direction parallel
to the hollow fibers until the retentate end, while the permeate stream diffuses into the fibers in
the same direction with the feed. The end of the fiber bundle near the feed gas is sealed with
epoxy glue while the other end allows the fibers to protrude through the seal for permeate gas to
be separated from the retentate. Figure 24.1b depicts the schematic representation of the multi-
component progressive cell balance approach to characterize the mass balance of the concurrent
hollow fiber membrane module. From Figure 24.1b, there are two types of entity, which are Type I
with feed on only the shell side, and Type II with feed on both the shell and tube sides.

24.2.3 Multi-component progressive cell balance in concurrent flow mechanism: Type I entity
with feed on the shell side

The solution algorithm of the concurrent flow pattern is relatively simple because the computation
proceeds from the feed end using the feed known composition to the retentate end. For a binary
system separation, such as that of Thundyil and Koros’s (1997) work, the permeate composition
at the membrane module sealed end-sheet, y1, can be easily calculated using Equation (24.3)
(Brubaker and Kammermeyer, 1954; Pan and Habgood, 1978; Thundyil and Koros, 1997):

y1 = (α − 1)(βx1 + 1) + β − [((α − 1)(βx1 + 1) + β)2 − 4αβx1(α − 1)
]0.5

2(α − 1)
(24.3)

Based on computation of the permeate composition near the sealed end, the calculation proceeds
throughout the entire hollow fiber membrane module. However, Equation (24.3) is only confined
to the binary separation.
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For the multi-component system, a simple yet versatile iterative technique is required to ensure
quick convergence of the solution. The following solution procedure has been implemented, which
is characterized based on solution-diffusion model. According to the solution-diffusion model,
separation is achieved among different components because some gases are more soluble in the
membrane material, and pass more readily through the membrane than other components in the
gas. The governing flux equation of the solution-diffusion model that characterizes the transport
mechanism of component n for a Type I entity within the concurrent flow hollow fiber membrane
module can be sufficiently described using Fick’s law of diffusion (Baker, 2012), as provided in
expression (24.4). The driving force for separation of the longitudinal flow is the partial pressures
of the shell side retentate to the tube side permeate leaving the entity, as described by Barrer et al.
(1962), Coker et al. (1998), and Graham (1866).

yn(1)θ∗Qf = PnAm

{
ph

1 − θ∗
[
xf ,n − θ∗yn(1)

]− plyn(1)
}

(24.4)

Coupled with the Newton bisection methodology in Visual Basic subroutine, the guessed
permeate composition, yn(1), is initiated from both the low and the high sides to ensure quick
convergence. The solution algorithm is as follows:

• The value of the permeate composition of the first component, y1(1), is assumed.
• The local stage cut, θ∗, is estimated from Equation (24.4).
• QT(1) is computed based on the estimated θ∗.
• The sum of all the compositions in the permeate stream is calculated and compared to unity.

This procedure is iterated until the summation meets unity within pre-defined tolerance, ∈, of
0.1%, as shown in expression (24.5).

δ = abs

(
N∑

n=1

yn(1) − 1

)
� ∈ (24.5)

• The local retentate composition is determined from Equation (24.6), which followed from the
Type I entity balance:

xn(1) =
[
xf ,n − θ∗yn(1)

]
(1 − θ∗)

(24.6)

24.2.4 Multi-component progressive cell balance in concurrent flow mechanism: Type II
entity with feed on the shell and tube sides

For the Type II entity, the characterization of the transport across the concurrent flow hollow
fiber membrane module with shell and tube sides feed using Fick’s law of diffusion is described
by (24.7)

yn( j)θ∗QS( j − 1) − yn( j − 1)QT( j − 1)

= PnAm

⎧⎪⎪⎨
⎪⎪⎩

ph[xn( j − 1) − yn( j)θ∗ + yn( j − 1)QT( j − 1)/QS( j − 1)]

1 + QT( j − 1)

QS( j − 1)
− θ∗

− plyn( j)

⎫⎪⎪⎬
⎪⎪⎭ (24.7)

The same solution procedure as outlined in the previous section has been applied to determine
the permeate composition followed by the local retentate composition of each Type II entity
using (24.8).

xn( j) =
xn( j − 1) − yn( j)θ∗ + yn( j − 1)QT( j − 1)

QS( j − 1)

1 + QT( j − 1)

QS( j − 1)
− θ∗

(24.8)



270 S.S.M. Lock, K.K. Lau & A.M. Shariff

(a)

Epoxy tube sheet
(closed end)

Epoxy tube sheet
(open end)

Retentate

Retentate

Feed end

j = m j = 1

I II Permeate exitend

Permeate

Feed

(b)

Figure 24.2. Schematic representation of: (a) counter-current hollow fiber membrane module and (b) enti-
ties within the multi-component progressive cell balance methodology for mathematical
modeling.

After determining the local permeate and retentate composition of each entity, the flow rates
in the shell and tube sides of the hollow fiber membrane module are determined adapting the
following equations. Only with the exception of the Type I concurrent flow entity in direct contact
with the feed, the indices ( j − 1) are replaced with the feed condition, e.g. Qf and xf ,n:

�Q =
N∑

n=1

PnAm(phxn( j) − plyn( j)) (24.9)

�Qn = PnAm(phxn( j) − plyn( j)), n = 1, 2, . . . , N (24.10)

QS( j) = QS(j − 1) − �Q (24.11)

QT( j) = QT(j − 1) + �Q (24.12)

As mentioned previously, the tube side pressure drop is characterized by the Hagen-Poiseuille
equation, as presented in Equation (24.13), while incorporation of the Hagen-Poiseuille equation
within the multi-component progressive cell balance approach is depicted by (24.14) (Thundyil
and Koros, 1997):

dp2
l

dz
= 25.6RTω

πd4
i

(
QT

nf

)
(24.13)

pl( j) =
√

[pl(j − 1)2 − 25.6
RTωQT( j)

πd4
i nf

�z] (24.14)

24.2.5 Multi-component progressive cell balance in counter-current flow mechanism

Figure 24.2a shows the schematic representation of the counter-current hollow fiber membrane
module with the feed introduced through the shell side. The feed flows axially along the hollow
fibers until the retentate end to be collected at the retentate outlet. The permeate stream into the
fibers flows in the opposite direction with respect to the feed. The end of the fiber bundle near
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Q
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Q
T
(1), yn(1)

Q f , x f,n QS(m), xn(m) QS(m – 1), xn(m – 1)

j = m j = 1

Figure 24.3. Schematic representation of cross flow module for m stages as initial guesses for counter-
current flow simulation.

the feed gas is the tube sheet to enable the permeate stream to exit the membrane module, while
the end of the fiber bundle near the retentate end is sealed.

The complexity associated with the mathematical modeling of the counter-current hollow fiber
membrane module arises because the permeation at the stage where the feed gas enters the module
is dependent upon the composition of the gas that has already permeated. This information is
initially not known. Therefore, the composition and flow rates of each entity have to be obtained
using cross flow results as initial guesses, which is proposed in Figure 24.3. A similar approach
has been employed by Coker et al. (1998).

Starting from the feed end, the solution procedure outlined previously has been adopted to com-
pute the initial guesses of the entities. Using the cross-flow solution as an initial guess, improved
estimates of xn( j) and yn( j) are obtained from Equations (24.15) and (24.16) respectively, which
followed from the mass balance of each entity:

xn,new( j) = xn,old( j − 1)QS,old( j − 1) + AmPnplyn,old( j)

QS,old( j) + AmPnph
(24.15)

yn,new( j) = yn,old( j + 1)QT,old( j + 1) + AmPnphxn,old( j)

QT,old( j) + AmPnpl
(24.16)

The improved estimates of xn( j) and yn( j) are employed to calculate the shell and tube sides
flow rate, starting from the feed end to a series of entities until the retentate end, such as that
demonstrated in Figure 24.2b adapting the following equations:

�Qnew =
N∑

n=1

PnAm(phxn,new( j) − plyn,new( j)) (24.17)

�Qn,new = PnAm(phxn,new( j) − plyn,new( j)), n = 1, 2, . . . , N (24.18)

QS,new( j) = QS,new( j − 1) − �Qnew (24.19)

QT,new( j) = QT,new( j + 1) + �Qnew (24.20)

The updated tube side flow rate, QT( j), obtained through iteration has been adapted to calculate
the tube side pressure profile, as depicted in Equation (24.14). Similarly, for the entity in direct
contact with the feed side, the indices ( j − 1) are replaced with the feed condition, e.g. Qf and
xf ,n. The above procedures are iterated until the changes in the component permeate and retentate
flow rates are within a defined tolerance limit, ∈, of 0.1%.

24.3 RESULTS AND DISCUSSION

24.3.1 Mathematical model validation

To demonstrate the applicability of the simulation model, it has been validated using published
experimental data by Tranchino et al. (1989) for concurrent separation and Sada et al. (1992)
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Table 24.2. Input parameters adapted for model validation (Sada et al., 1992; Tranchino et al., 1989).

Published literature Tranchino et al. (1989) Sada et al. (1992)

Flow configuration Concurrent, shell side feed Counter-current, shell side feed
Feed pressure [MPa] 0.4053 1.570
Permeate pressure [MPa] 0.1013 0.1013
Feed composition 60.0% CO2, 40.0 CH4 50.0% CO2, 10.5% O2, 39.5% N2
Permeance [GPU] PCO2 = 9.44, PCH4 = 2.63 PCO2 = 61.01, PO2 = 17.99, PN2 = 3.91
Fiber active length [cm] 15 26
Number of fibers 6 270
Inner and outer diameter 735/389 156/63
of fiber [µm]
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Figure 24.4. Model validation with published literature using Tranchino et al. (1989) experimental data for
concurrent flow (�), and Sada et al. (1992) experimental data for counter-current flow (�).
(—— Counter-current simulation model; – – – – Concurrent simulation model).

for counter-current separation. The simulation conditions adapted for the model validation are
summarized in Table 24.2, while the model validation is provided in Figure 24.4.

As illustrated in Figure 24.4, the suggested simulation model gives good approximation to
the published experiment data for both the counter-current flow and concurrent flow, which
demonstrates the accuracy of the mathematical model.

24.3.2 Comparison between concurrent and counter-current flow

To compare the performance of the counter-current and concurrent flow, the hollow fiber mem-
brane module is simulated as a simple single stage membrane. The simulations are run under
1,000,000 cm3(STP) s−1 feed gas flow rate with 5.0 MPa pressure. Feed gas containing 10% CO2,
70% methane, 10% ethane and 10% nitrogen, corresponding to the sweetening of natural gas with
low quantities of acid gas is simulated. The ratio of the feed pressure to the permeate pressure,
β, is maintained at 50, analogous to atmospheric pressure for the permeate stream. The fiber
bundle is assumed to be 50% packed with hollow fibers of inner diameter 100 µm and outer
diameter 250 µm (Thundyil and Koros, 1997). The material of fabrication of the membrane is
assumed to be the commonly used cellulose triacetate for acid gas separation with permeance
values as followed: PCH4 = 2.86 GPU, PC2H6 = 2 GPU and PN2 = 3.57 GPU (Coker et al., 1998;
Kundu et al., 2012). High selectivity and low selectivity membranes are simulated using αCO2/CH4 .
40 and 20 respectively. The active length of the hollow fibers, L, is altered within the range of
100–500 cm while the radius of the fiber bundle, R, is changed within the range of 10–25 cm to
vary the membrane area. The performance of the hollow fiber membrane module for the 10%
CO2 case is presented in Figure 24.5a–c.
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Figure 24.5. Separation performance of hollow fiber membrane module permeators under counter-current
and concurrent flow configuration as a function of membrane area for low and high selectivity
membrane: (a) stage cut, (b) CO2 composition in the residue and (c) fraction of hydrocarbon
recovered (CO2 feed composition = 10%).
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As depicted in Figure 24.5a–c, in order to analyze the performance and separation efficiency
of the hollow fiber permeators under different flow configuration, the membrane area is plotted
against the stage cut, the CO2 composition in the residue stream and the fraction of hydrocarbon
recovered.

The effect of the availability of membrane area to the stage cut is depicted in Figure 24.5a.
The stage cut is defined as the flow rate of permeate over the flow rate of the feed. When more
membrane area is available for permeation, the readily permeable CO2 permeates more through
the hollow fibers. Therefore, the stage cut increases when the permeate flow increases. It is also
observed from Figure 24.5a that the stage cut of the higher selectivity membrane is greater than
that of the lower selectivity membrane. Similarly, it is attributed to more permeation of CO2 since
the membrane has a higher CO2 permeability characteristic, which further increases the permeate
flux. The superiority of the higher selectivity membrane to the lower selectivity membrane in
terms of stage cut becomes less substantial when the membrane area is further increased since
the availability of the permeable CO2 in the shell side decreases.

Figure 24.5b demonstrates the effect of the membrane area to the CO2 residue composition.
It is observed that the CO2 residue composition decreases with the membrane area attributed to
the permeation of more CO2 to the permeate stream when more membrane area is available. The
higher selectivity membrane exhibits more pronounced impact by allowing more CO2 to transport
through the hollow fibers when provided with the same membrane area as compared to the lower
selectivity membrane. The less significant impact of the CO2 change at higher membrane area as
described previously is demonstrated through the slow decrement of the CO2 residue composition,
which is especially substantial for the high selectivity membrane.

The effect of the membrane area to the hydrocarbon recovery is depicted in Figure 24.5c.
Hydrocarbon recovery is defined as the percentage of the hydrocarbon recovered in the residue
stream as compared to the total amount of hydrocarbon contained in the feed. It is depicted
that the hydrocarbon recovery decreases with increment in the membrane area. This is due to
availability of more membrane area that also enables permeation of more hydrocarbons to the
permeate stream. It is also depicted from Figure 24.5c that the hydrocarbon recovery of the high
and low selectivity membrane is similar since the membrane under investigation exhibits similar
characteristics to permeation of methane. However, the percentage hydrocarbon recovery of the
higher selectivity membrane decreases slightly in comparison to the lower selectivity membrane
at high membrane area. This is attributed to the excessive membrane area that further leads to
increased hydrocarbons lost in the permeate stream when there is reducing availability of the
more permeable CO2 in the shell side.

Viewing from the aspect of the flow configuration, the counter-current flow is demonstrated
to provide higher separative performance by displaying outputs, such as increased stage cut,
decreased CO2 concentration in the residue stream, and improved hydrocarbon recovery when
provided with the same membrane area for permeation as compared to the concurrent flow.
The superiority of the counter-current flow is attributed to the partial pressure driving force
distribution. The opposite flow of the tube and shell sides contributes to the slowly declining
pressure gradient that enables the pressure driving force to be maximized along the module length
(Ho and Sirkar, 1992). Therefore higher permeation of the CO2 is achieved for the counter-current
flow while retaining the hydrocarbon in the residue stream in comparison to the concurrent pattern
(Ho and Sirkar, 1992; Makaruk and Harasek, 2009; Thundyil and Koros, 1997).

Parameter sensitivity of the feed composition is also conducted by altering the feed composition
to 60% CO2, 20% methane, 10% ethane and 10% nitrogen. This simulation condition is analogous
to the natural gas processing in enriched oil recovery with high impurities concentration. The
membrane selectivity, αCO2/CH4 , is maintained at 20 in this case study to determine the effect of
harsh feed condition (e.g. high impurities composition) on lower performance membranes (Lock
et al., 2015). The performance of the hollow fiber membrane module for the 60% CO2 case as
compared to the 10% case is presented in Figure 24.6a–b.

It is depicted from Figure 24.6a–b that the performances at the higher feed concentrations is
merely an amplification of the results obtained at the lower feed concentrations, such as increased
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Figure 24.6. Separation performance of hollow fiber membrane module permeators under counter-current
and concurrent flow configuration as a function of membrane area for 10% and 60% CO2
feed composition: (a) stage cut and (b) CO2 composition in the residue (αCO2/CH4 = 20).

stage cut and higher concentration of the CO2 in the residue stream. The simulation results are
consistent with the observation by Thundyil and Koros (1997). The increased stage cut is ascribed
to the higher permeate flux with more permeable CO2, while the higher CO2 concentration in the
retentate is due to the availability of the higher CO2 in the feed to be removed.

Similarly, the counter-current flow is demonstrated to be more effective in removing the CO2

in comparison to the concurrent flow attributed to the partial pressure driving force as discussed
previously. However, it is depicted from Figure 24.6a–b that the superiority of the counter-
current to the concurrent flow is more pronounced when the CO2 feed concentration is higher.
This is attributed to the more substantial impact of the CO2 flux permeation with more driving
force when the CO2 feed composition is increased, which further increases the efficiency of the
counter-current in comparison to the concurrent configuration.
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24.4 CONCLUSION

A solution algorithm coupled with Newton Bisection methodology has been established for the
“multi-component progressive cell balance” approach to characterize the multi-component sepa-
ration performance of the hollow fiber membrane module. The solution algorithm has been suited
for the longitudinal flow configuration, which encompasses the counter-current and concurrent,
by characterizing the membrane module into many pre-defined number of entities in the axial
direction. The advantages of the solution algorithm are it is simple, ensures stable convergence
and allows the non-linearity of permeate pressure drop to be incorporated easily in conjunction
with the mass conservation equations. The accuracy of the simulated model has been validated
with published experimental results, in which the simulated data exhibit good agreement with
the laboratory observation. The performance of the counter-current and concurrent membrane
module fashion has been evaluated based on the stage cut, CO2 residue concentration and the per-
centage hydrocarbon recovery with respect to the membrane area for separation. The simulation
sensitivity has been investigated by altering the membrane selectivity properties and feed CO2

composition. It is observed that the performance of the counter-current flow is better than that
of the concurrent flow due to the slowly declining pressure gradient that maximizes the driving
force for permeation.
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NOMENCLATURE

Af cross section area of fiber [cm2]
Am area of permeation for one entity [cm2]
Amodule cross section area of membrane module [cm2]
di inner diameter of the hollow fiber [cm]
do outer diameter of the hollow fiber [cm]
L active length of the fiber bundle [cm]
nf number of fibers
ph pressure on the shell side [cmHg]
pl pressure on the tube side [cmHg]
Pn mix gas permeance of each component in the feed

[GPU, 1 GPU = 10−6 cm3 (STP)/(cm2 cmHg s)]
Qf feed flow rate [cm3 (STP) s−1]
QS( j) shell side flow rate of each entity [cm3 (STP) s−1]
QT( j) tube side flow rate of each entity [cm3 (STP) s−1]
R radius of the fiber bundle [cm]
x1 mole fraction of component on shell side at the sealed end-sheet for binary gas system
xf ,n feed composition of each component
xn( j) shell side composition of each entity
y1 mole fraction of component on tube side at the sealed end-sheet for binary gas syem
yn( j) tube side composition of each entity
�Q flow rate that permeates through the membrane [cm3 (STP) s−1]
�z thickness of entity in the axial direction [cm]
∈ convergence criteria
Ø packing factor of fibers within the membrane bundle
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GREEK SYMBOLS

α selectivity of the higher permeance component to the lower permeance component
β ratio of the pressure on the shell side to the pressure on the tube side
δ difference between the check conditions with the datum
ε porosity
θ∗ local stage cut of each entity
ω viscosity [cm2 s−1]
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CHAPTER 25

Preparation of sulfonated polyether ether ketone (SPEEK)
and optimization of degree of sulfonation for using in
microbial fuel cells

Mostafa Ghasemi, Wan Ramli Wan Daud, Ahmad Fauzi Ismail & Takeshi Matsuura

25.1 INTRODUCTION

Recently by depletion of fossil fuels and environmental pollution, fuel cells have attracted attention
due to low emissions of pollutants and high efficiency. Microbial fuel cells (MFCs) as a novel
technology, convert the chemical energy in organic compounds into electricity and biohydrogen,
by the aid of microorganisms as biocatalyst (Ghasemi et al., 2011). Generally, MFC is a device
that simultaneously produces energy and treats the wastewater (Ghasemi et al., 2013a). Also
MFC can be applied for bioremediation of some chemicals. MFC, similar to all other fuel cells
and batteries, consists of two parts (anode, cathode) which are separated by a proton exchange
membrane (PEM). The performance of a MFC depends on several factors including, type of
electrodes, cathode catalyst, PEM, distance of the electrodes, microorganisms etc., but among
them membrane has one of the most significant roles as it separates anode and cathode and must
support the transfer of protons from anode to cathode while, at the same time, should inhibit
transferring of media from anode to cathode (Ghasemi et al., 2013b). One of the big obstacles of
commercialization of MFC is high capital cost of the PEMs which cover about 40% of the expense
of MFC (Ghasemi et al., 2013c; 2013d). There are a lot of researches about different types of
PEM (nano-composite, ultrafiltration etc.) in MFCs, but due to complication of the MFC system
and existence of several factors, the proper membrane has not been found yet (Lim et al., 2012).

Recent researches into developing suitable and cost efficient PEMs in fuel cells have focused
on aromatic polymers such as polyimide (PI), polybenzimidazole (PBI) and poly ether ether
ketone (PEEK) composite membranes (Ghasemi et al., 2013e). Among the various polymeric
membranes, with diverse mechanical, thermal and electrical properties PEEK was shown to be one
of considerable promise due to long term stability, cost efficiency and performance. The studies
found that PEEK has good thermal stability, high proton conductivity and mechanical stability.
All of these properties depend on degree of sulfonation of the polymer (Leong et al., 2013).

As we mentioned, there are a lot of works about various types of membranes for PEM in MFC
but there is not much study about the application of sulfonated poly ether ether ketone (SPEEK)
in MFCs, although it was used widely in other types of fuel cell (Ilbeygi et al., 2015). Our group
has studied some types of membranes in MFCs. Ghasemi et al. (2012) developed and applied
activated carbon nano-fiber/Nafion as PEM in MFC. It produced the power of 1.5 times more than
Nafion 117, a PEM traditionally used in MFC. Also in another study Rahimnejad et al. (2012)
fabricated Fe3O4/PES nano-composite membranes and compared its performance with Nafion
117. The Fe3O4/PES PEM also produced the power of 1.3 times more than Nafion 117. However,
the big obstacle for using this type of membrane in MFC is their porous nature which allows the
passage of media from anode to cathode and also oxygen from cathode to anode, disturbing the
long term performance of MFC.

The objective of this study is to maximize the performance of MFC by using sulfonated
polyether ether ketones (SPEEKs) of different degrees of sulfonation as PEM.

281
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25.2 MATERIALS AND METHODS

25.2.1 Synthesis of SPEEK

For the preparation of SPEEK, 20 g of PEEK powder (Goodfellow Cambridge Ltd., UK) was
added slowly to 500 mL of 95–98% concentrated sulfuric acid (R & M Chemicals, Essex, UK)
under vigorous stirring so that the entire PEEK was dissolved completely. Stirring was continued
at an elevated temperature of 80◦C for 1, 2, 3 and 4 hours to obtain SPEEKs with different
degrees of sulfonation. The SPEEKs so synthesized were named as SPEEK1, SPEEK2, SPEEK3
and SPEEK4, respectively, depending on the reaction periods. The SPEEK solution was then
poured into a large excess of ice water to precipitate the SPEEK polymer, followed by filtration
by a Whatman filter paper and washing with deionized water. Finally, the SPEEK was dried at
70◦C to remove any remaining water before use.

25.2.2 Determination of the degree of sulfonation

The degree of sulfonation (DS) was measured by 1H nuclear magnetic resonance (FT-NMR
ADVANCE 111 600 MHz with cryoprobe) spectroscopic analysis (Bruker, Karlsruhe, Germany).
Before measurement, the SPEEK was dissolved in dimethyl sulfoxide (DMSO-d6). The DS can
be calculated by the following equation:

DS

S − 2DS
= A1

A2
(0 < DS < 1) (25.1)

where S is the total number of hydrogen atoms in the repeat unit of the polymer before sulfonation,
which is 12 for PEEK, A1(H13) is the peak area of the distinct signal and A2 is the integrated
peak area of the signals corresponding to all other aromatic hydrogen. To calculate DS in percent
(DS%), the answer for DS has to be multiplied by 100.

25.2.3 Fabrication of membranes

Ten grams of SPEEK was dissolved in 90 grams of NMP and the mixture was stirred for 24 h for
complete dissolution of the polymer. The solution so prepared was cast on a glass plate by using
a casting knife to a thickness of 80–120 µm. The cast film was then dried in a vacuum oven at
60◦C for 6 h. The membrane was separated from the glass plate by immersing in to water and
kept in deionized water until it was used.

25.2.4 MFC configuration

Two cubic shaped chambers were constructed from Plexiglas, with a height of 10 cm, a width
of 6 cm, and length of a 10 cm (giving a working volume of 420 mL). They were separated by a
proton exchange membrane (PEM). Oxygen was continuously fed to the cathode side by an air
pump at a rate of 80 mL min−1. Both the cathode and the anode had a surface area of 12 cm2.
The cathode was made of carbon paper, coated with 0.5 mg cm−2 Pt and the anode (as described
above) was plain carbon paper.

25.2.5 Enrichment

Palm oil mill effluent (POME, Indah Water Consortium) anaerobic sludge was used for the
inoculation of MFCs. The media contained 5 g of glucose, 0.07 g of yeast extract, 0.2 g of KCl,
1 g of NaH2PO4 · 4H2O, 2 g of NH4Cl, 3.5 g of NaHCO3 (all from the Merck company), 10 mL of
Wolfe’s mineral solution and 10 mL of Wolfe’s vitamin solution (added per liter). All experiments
were conducted in an incubator at 30◦C. Furthermore, the cathode chamber contained a phosphate
buffer solution which consisted of 2.76 g L−1 of NaH2PO4, 4.26 g L−1 of Na2HPO4, 0.31 g L−1

of NH4Cl, and 0.13 g L−1 of KCl (all from the Merck company).
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25.2.6 Analysis and calculation

FTIR spectroscopy was performed by Nicolet 5700 FTIR (Thermo Electron, USA) used to identify
the functional group of the membranes before pre-treatment, after pre-treatment, and after fouling.
Scanning Electron Microscopy (SEM, Supra 55vp-Zeiss, Germany) was implemented to observe
the attachment of microorganisms onto the surface of the anode electrode. Moisture should be
removed from the biological samples (POME mix culture sludge) by critical drying. They were
then coated with a conductive material (such as gold or carbon), with a thickness of approximately
20–50 nm, in order to make them conductive for the SEM analysis.

To measure the chemical oxygen demand (COD), a sample was first diluted 10 times and
2 mL of the diluted sample was mixed with a digestion solution of a high-range COD reagent.
Then, the sample was heated at 150◦C for 2 h in a thermoreactor (DRB200), before reading the
absorbance with a spectrophotometer (DR 2800). The voltage was measured using a multimeter
(Fluke 8846A), and the power density curve was obtained by applying different loads to the system
and calculating the power at different loads.

The current was obtained by:

I = V

R
(25.2)

where, I is the current [A], V is the voltage [V], and R is the applied external resistance [�].
The power density was calculated using:

P = R × I 2 (25.3)

The Coulombic efficiency (CE) was calculated as the current over time; until the maximum
theoretical current was achieved, using:

CE =
M

t∫
0

I dt

FbVan�COD
(25.4)

where, M is the molecular weight of oxygen (32), F is Faraday’s constant, b = 4 indicates the
number of electrons exchanged per mole of oxygen, Van is the volume of liquid in the anode
compartment, and �COD is the change in chemical oxygen demand (COD) over time, ‘t’.

25.2.7 Pre-treatment of PEMs

The pre-treatment of Nafion 117 was conducted by boiling in distilled water, 3% hydrogen
peroxide, or 0.5 M sulfuric acid for 1 h consecutively and then stored in water until being used in
the system. SPEEK is also kept in water after fabrication until use (Shahgaldi et al., 2014).

25.3 RESULTS AND DISCUSSION

25.3.1 Attachment of microorganisms on anode electrode

Figure 25.1 shows the attachment of microorganisms on the anode electrode in MFC. As can be
seen in the figure, different types of microorganisms are attached on the electrode surface. It is
one of the benefits of using mixed culture microorganisms as the media than single culture in
MFCs. The attached microorganisms play the role of biocatalyst to transfer the electrons from
media to the electrode.

25.3.2 Degree of sulfonation of SPEEK

Figure 25.2 shows the NMR spectra of the SPEEK2. From the figure, the degree of sulfonation for
this SPEEK is 41% applying Equation (25.1). Table 25.1 summarizes the DS of all the SPEEKs.
It should be mentioned that more than 4 h of sulfonation, make the SPEEK soluble in water.
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2 µm

Figure 25.1. Attachment of microorganisms on anode electrode surface.
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Figure 25.2. NMR spectra for determination of degree of sulfonation (DS) of SPEEK2 polymer.

25.3.3 FTIR analysis

Figure 25.3 shows FTIR spectra of PEEK and SPEEK. The peak observed at 1224 cm−1 in PEEK
and SPEEK represents the presence of C–O–C with aromatic ring and the peak at 1490 cm−1 for
PEEK corresponds to the presence of C–C aromatic ring. The figure also shows a large band from
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Table 25.1. Degree of sulfonation (DS) of SPEEKs synthesized
in this work.

Membrane Time of sulfonation [h] DS

SPEEK1 1 20.8
SPEEK2 2 41
SPEEK3 3 63.6
SPEEK4 4 76
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Figure 25.3. FT-IR spectra for PEEK and SPEEK polymer.

3200–3500 cm−1 for SPEEK, which represents the O–S–O stretching vibration of sulfonic acid
groups.

25.3.4 Power density and polarization curve

Figure 25.4 shows the power density of the MFCs constructed using the membranes under
study. As the figure shows the MFC working with SPEEK3 (DS = 63.6%) produced the high-
est power density (68.6408 mW m−2) among all the tested membranes, followed by SPEEK4
(DS = 76%, 54.83 mW m−2), SPEEK2 (DS = 41%, 42.56 mW m−2) and SPEEK1 (DS = 20.8%,
29.48 mW m−2). The results can be due to the fact that the sulfonation enhances proton transport
cation exchange capacity. However, sulfonation also enhances the transport of metal cations such
as Na+, K+ etc. which are present in the media. That is the reason why the power density of
SPEEK4 membrane is not the highest among all the SPEEK membranes.

Figure 25.5 shows the polarization curve of different MFCs. The internal resistance of the
systems can be calculated from this figure as the slope of the line of current density vs. voltage. The
results showed that the smallest internal resistance belongs to the system with SPEEK (DS = 63%)
but the internal resistance of the other three SPEEKs are also nearly the same as that of SPEEK3.

25.3.5 COD removal and CE

Figure 25.6 shows the CE and COD removal of the studied systems. As the figure shows the
highest CE (26%) belongs to the system working with SPEEK3 as PEM, followed by SPEEK4
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Figure 25.5. Polarization curve for MFC systems with different DS of SPEEK membranes.

(18.5%) SPEEK2 (18%) and SPEEK1 (14%). Thus the order of SPEEK appearance in the CE
level is the same as the order in the power density. This is because MFC’s performance depends
on PEM’s ability to conduct proton while preventing the crossover of oxygen, which enables to
keep the anaerobic (Ghoreishi et al., 2014).

The figure also shows that all the systems have high COD removal (>80%), indicating the high
potential of MFC as a new method for wastewater treatment.
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Figure 25.6. COD removal and Coulombic efficiency of MFCs system with different DS of SPEEK
membranes.

25.4 CONCLUSION

MFCs were constructed using PEMs made of SPEEKs with different degrees of sulfonation. The
MFCs were then tested for their performance of them in power generation and COD removal. A
maximum power density of 68.6408 mW m−2 was obtained by SPEEK3 whose DS was 63.6%.
Thus, the SPEEK membrane can be a proper alternative to replace Nafion® 117 membrane in
MFC system applications. Also it is a novel PEM for commercialization of MFC.
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CHAPTER 26

Performance of polyphenylsulfone solvent resistant nanofiltration
membrane: effects of polymer concentration, membrane
pretreatment and operating pressure

Nur Aimie Abdullah Sani, Woei Jye Lau & Ahmad Fauzi Ismail

26.1 INTRODUCTION

The presence of trace amount of organic acids such as naphthenic acid in crude oil and distilled
fractions could cause corrosion problems damaging pipelines and separation equipment in the
oil and gas industry (Yépez, 2007). Therefore, it is desirable to reduce the acidity of crude oil
by removing the amount of naphthenic acid. Generally, naphthenic acid is removed by extraction
with methanol and then the methanol is recovered using distillation. However, these conven-
tional separation processes are associated with many significant drawbacks such as high energy
consumption and need for large amounts of solvents (Subramanian et al., 2004).

Membrane technology especially nanofiltration (NF), experiences increasing attention com-
pared to these separation techniques as it offers many unique advantages. For instance, it consumes
less energy and requires no additive during the treatment process, leading to relatively low
operating cost (Dobrak et al., 2010). NF of organic solutions also known as solvent resistant
nanofiltration (SRNF) is applied to separate compounds dissolved in solvents with molecular
weight (MW) in the range from 200 to 1400 Da with simultaneous passing of the organic solvent
through the membrane.

It must be pointed out that the applications of NF membrane in organic solution are not very
successful compared to their uses in aqueous solution. The use of polymeric membranes in SRNF
has been employed by a growing number of researchers (Machado et al., 1999; Soroko et al.,
2011; Tsarkov et al., 2012; Van der Bruggen et al., 2002a; 2002b), however, these membranes
show severe performance loss due to their chemical instability in organic solvents. Among the
problems, infinite flux caused by either the membrane swelling or dissolving (Raman et al.,
1996), zero flux due to membrane collapse (Raman et al., 1996), poor selectivity or rejection
(Subramanian et al., 1998) and membrane performance deterioration as a function of filtration
time are always reported (Bridge et al., 2002).

Several solutions have been proposed in the literature to overcome the recurrent problems. Aerts
et al. (2006) have prepared plasma modified polydimethylsiloxane (PDMS) membrane subjected
for the separation of dyes in alcohol solvents such as methanol, ethanol and isopropanol. Bitter
et al. (1988) have used halogen-substituted silicon rubber for the separation of solvents from
hydrocarbons dissolved in the toluene and methyl ethyl ketone. However, both approaches were
not practical for industrial applications due to the significant flux reduction after a short period of
operation. In view of this, the aim of this study is to evaluate the third member of the polysulfone
family – polyphenylsulfone (PPSF) for organic solvent NF application. In this work, the properties
of PPSF NF membranes were investigated by varying the polymer concentration in dope solution,
the duration of membrane pretreatment using methanol solvent and the operating pressure during
organic solvent application. The influences of these three variables on the performance of the mem-
branes were characterized with respect to methanol flux and dye rejection (Reactive Black 5, RB5).
Performance comparison was also made to compare the performances of in-house made PPSF
membranes with a commercially available SRNF membrane, i.e. NF030306F (SolSep BV, CA).

289
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Table 26.1. Condition for PPSF membranes pretreatment prior to testing.

Designation Solvent used in pretreatment Duration

Case 1 Methanol 5 min
Case 2 1 day

26.2 EXPERIMENTAL

26.2.1 Materials

PPSF polymer pellets with MW of 11,044 gmol−1 purchased from Sigma-Aldrich, Malaysia was
used as the main membrane forming material for SRNF preparation. N -methyl-2-pyrrolidinone
(NMP) obtained from Merck, Malaysia was used as solvent to dissolve the polymer in pellet form.
Methanol (analytical grade >99%) used in this study was supplied by Merck, Malaysia and is
the common solvent used in deacidification of crude oil. Reactive Black 5 (RB5) with MW of
991 g mol−1 from Sigma-Aldrich, Malaysia was selected to represent naphthenic acid which has
MW in the range of 180–2400 g mol−1.

26.2.2 Preparation of membranes

PPSF membrane was prepared by dissolving a pre-weighed quantity of the polymer pellets in
NMP at room temperature to form 17, 21 and 25 wt% polymer dope solution. Then, the solution
was stirred overnight to ensure complete polymer dissolution. The solution was left at least 24 h
to remove air bubbles before it was used for membrane casting. The polymer solution was cast
on a glass plate without any non-woven support using a casting knife at room temperature. It was
subsequently immersed in a non-solvent bath of tap water and kept for 24 h. The membrane was
subjected to air drying process at room temperature for at least 24 h prior to use. The morphology
of prepared membrane was observed by scanning electron microscope (SEM) (TM3000, Hitachi,
Japan). Samples of SEM analysis were prepared by fracturing the membrane in liquid nitrogen.
The commercial membrane used for the comparison purpose was NF030306F manufactured by
SolSep BV, CA and was supplied in dry form. This membrane was made of silicone polymer.

26.2.3 Experimental procedure

The separation performances of the membranes were carried out using dead-end stirred cell
(Sterlitech HP4750, Sterlitech Corporation, USA) with maximum capacity of 300 mL. The active
membrane area was approximately 14.6 cm2. A nitrogen cylinder equipped with a two-stage
pressure regulator was connected to the top of the stirred cells to supply the desired pressure for
filtration experiments. In order to minimize concentration polarization during the experiments, a
Teflon-coated magnetic stirring bar was used and was controlled at 700 rpm on top of the active
side of membrane.

To study the effect of membrane pretreatment process on membranes performance, the mem-
branes were first subjected to two different pretreatment conditions as shown in Table 26.1
followed by compaction at pressure of 3.0 MPa for about 1 h. The experiment was then performed
at 0.5 and 2.5 MPa using pure methanol.

To study the effect of operating pressure on membrane flux and rejection, the pressure was
varied between 0.5 and 2.5 MPa and before the experiment, the membrane was compacted at
pressure of 2.6 MPa with the tested solvent for about 1 h. The permeate was collected after 30 min
of experiment when flux had achieved steady-state and measured every 10 min for up to 2 h. The
flux (J ) [L h−1 m−2] was calculated by the following equation where V , A and t are permeate
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Figure 26.1. SEM images of membranes prepared from different polymer concentrations, (a) 17 wt%,
(b) 21 wt% and (c) 25 wt%.

volume, membrane area and time, respectively. Three flux measurements were made and the
average value was reported.

J = V

At
(26.1)

With respect to dye rejection determination, the experiment was carried out by filtering
methanol containing RB5 at initial concentration of 10 mg L−1. The rejection rate, R [%] of
the dyes by the membranes was calculated using:

R [%] =
(

1 − Cp

Cf

)
× 100 (26.2)

where cp is the dye concentration [mg L−1] of permeates and cf is the initial concentration
[mg L−1]. The dye concentrations in the permeate and feed stream were measured using UV-
vis spectrophotometer (DR5000, Hach Company, USA). A blank wavelength scan with pure
methanol was first performed prior to permeate sample analysis. The wavelength of maximum
absorbance (λmax) for RB5 is 592 nm.

26.3 RESULTS AND DISCUSSION

26.3.1 Effect of polymer concentration on membrane morphology and methanol flux

Figure 26.1 shows the SEM images of the cross sectional structure of the PPSF membrane prepared
at a different polymer concentration i.e. 17, 21 and 25 wt%. Generally, an integral asymmetric
structure with finger-like macrovoids supported by a spongy structure is often observed in flat-
sheet type polymeric membranes fabricated from the phase inversion method. It can be seen that
with increasing the PPSF concentration from 17 to 25 wt%, the morphology of the membrane
became less porous with less finger-like pores and macrovoids. It is found that the sponge-like
structure was dominant in 25 wt% PPSF membrane compared to the significant amount of finger-
like structure observed in membranes prepared from 17 and 21 wt% PPSF. Typically, viscosity
of polymer solution increases exponentially with polymer concentration, which will delay the
exchange rate between the solvent and water during the polymer precipitation process, leading to
a higher polymer concentration at the interface between the polymer solution and the non-solvent
(water). This as a result, develops a membrane with less porous morphology coupled with less
finger-like pores and microvoids, as evidenced in this study (Darvishmanesh et al., 2011a; 2011b).

Figure 26.2 shows the influence of the polymer concentration on the methanol flux at oper-
ating pressure of 0.5 MPa. As can be seen, the flux decreased as the polymer concentration in
the dope solution increased. The PPSF membrane prepared with 17 wt% polymer concentra-
tion has the highest flux (16.77 L m−2 h−1) followed by 21 wt% (12.38 L m−2 h−1) and 25 wt%
(0.80 L m−2 h−1). This phenomenon can be explained by the increase in the entire membrane
resistance, which mainly resulted from reduced surface pore size and suppression of finger-like
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Figure 26.2. Effect of polymer concentration on methanol flux.
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Figure 26.3. Methanol flux and RB5 rejection of 17 wt% PPSF membrane as a function of time (conditions:
initial feed concentration = 10 mg L−1 in methanol, pressure: 0.5 MPa).

microvoids. Compared to the 17 and 21 wt% PPSF membrane, in which the cross sectional struc-
ture was dominated by finger-like microvoids, the development of sponge-like morphology as
shown in the 25 wt% PPSF membrane has played a role in increasing solvent transport resistance
and reducing methanol productivity.

26.3.2 Performance of PPSF membrane in RB5 removal

To assess the performance of the as-prepared membranes in SRNF, 17 wt% of PPSF membranes
was tested using methanol solution containing 10 mg L−1 of RB5 at the pressure of 0.5 MPa and
the results are shown in Figure 26.3. As observed, both flux and rejection tended to decrease
with filtration time. The decrease of methanol flux from initial 50.3 to 39.1 L m−2 h−1 at the end
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Figure 26.4. Effect of pretreatment process on PPSF membrane performances: (a) flux of methanol and
(b) rejection of RB5.

of the experiment was caused by the pressure compaction on the membrane. This phenomenon
can be related to the finger-like macrovoids structure of the membrane as shown in Figure 26.1a.
As suggested by Persson et al. (1995), the finger-like macrovoids structure is more affected by
compaction than a sponge-like structure. The compaction preferentially occurs in the bulk layer
where most of the pore volume, i.e. large pores and macrovoids are situated (Jonsson, 1977).
Another possible explanation of the reduction of flux is the pore blockage by solvent molecules,
and similar observation has been reported elsewhere (Whu et al., 2000; Yang et al., 2001).
In comparison to membrane flux, it was found that the rejection ability of PPSF membrane was
not significantly affected throughout the entire experimental period. Its rejection remained in the
range of 90.8–96.9%.

26.3.3 Effect of pretreatment process duration on membrane performance

Membrane pretreatment process plays an important role in membrane performance for non-
aqueous systems. Pretreating the membrane before testing becomes critical because the solvent-
membrane interactions significantly affect the performance of the membrane. The purpose of
pretreating the membrane with organic solvent is to make the membrane in stable condition prior
to any experiment. It is because the sudden exposure of membrane to the solvent of filtration
may result in inconsistent flux and sudden swell of the membrane. Figure 26.4 presents the effect
of pretreatment conditions on the solvent flux and dye rejection of 17 wt% PPSF membrane at
two different operating pressures. As shown, fluxes of methanol significantly changed when the
membranes were pretreated with different treatment conditions. A longer period of immersion
causes the membranes to be more resistant towards methanol flux probably due to the swelling
of the membrane structure. The rejection of dye was measured to evaluate the effect of the
pretreatment process on membrane pore size. The significant increase in the dye rejection from
Case 1 to 2 indicates decrease in the pretreated membrane pore size. Ebert and Cuperus (1999)
reported that when a porous membrane swells, the pores become narrower and therefore increases
the membrane rejection. With respect to the effect of pressure on the performance of the pretreated
membrane, it was found that the methanol flux and the dye rejection were increased as the pressure
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Figure 26.5. Performance comparison between the in-house made PPSF membrane and the commercial
SRNF membrane as a function of operating pressure, (a) permeate flux and (b) RB5 rejection.

increased from 0.5 to 2.5 MPa. The highest methanol flux and dye rejection were obtained at
2.5 MPa by case 2 membrane (328.8 L m−2 h−1) and case 1 membrane (96.9%), respectively.

26.3.4 Effect of operating pressure on membrane performance: comparison of PPSF with
commercial membranes

The effect of operating pressure on membrane performance was examined in the range of 0.5 to
2.5 MPa at room temperature. Figure 26.5 compares the performances of 17 wt% PPSF membrane
with the commercially available SRNF membrane – NF030306F.The experimental results showed
that the methanol flux of both membranes increased by increasing the operating pressure. For
PPSF membrane, the flux increased from 16.8 to 167.2 L m−2 h−1 when increasing pressure from
0.5 to 2.5 MPa. This flux increment is 1.7–5.1 times greater than the one reported for commer-
cial NF030306F membrane. The greater flux of PPSF membrane could be due to its greater
hydrophilicity (contact angle: 63.9 ± 1.7◦) compared to NF030306F membrane (86 ± 1.2◦).
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It was previously reported that the lower solvent flux of a hydrophobic membrane is due to
the decrease in surface energy when a polar solvent like methanol is used (Machado et al., 1999).

With respect to the membrane separation performance at different operating pressure, it was
found that for both membranes, the rejection of dye was decreased with the increase in operating
pressure. Obviously, the rejection of PPSF membrane was much greater than that of NF030306F
membrane, irrespective of the pressure applied. The higher separation ability of PPSF membrane
can be explained by the fact that the membrane possesses much smaller molecular weight cut off
(MWCO) in comparison to the NF030306F membrane. It must be also noted that the excellent
separation rate of PPSF membrane was negatively affected when it was tested at high operating
pressure and this decreasing trend is likely caused by the permeation of dye molecules through
the membrane matrix and/or enlargement of pore structure at high filtration pressure.

26.4 CONCLUSION

In the present study, PPSF membranes of different properties were successfully prepared using the
phase inversion method. The effect of polymer concentration, membrane pretreatment and operat-
ing pressure on membrane performance were investigated. An increase in polymer concentration
from 17 to 25 wt% caused the membrane flux to decrease, owing to the increase in the entire
membrane resistance, which mainly resulted from reduced surface pore size and suppression of
finger-like macrovoids. With respect to pretreatment conditions, it is reported that different immer-
sion periods in methanol did affect the properties of PPSF membrane during filtration process.
The longer the immersion period the more resistant becomes the membrane towards methanol flux
probably due to the swelling of the membrane structure. Increasing operating pressure from 0.5
to 2.5 MPa was also reported to negatively affect the separation performance of PPSF membrane
against RB5, although solvent flux was increased. This decreasing trend of rejection could be due
to the permeation of dye molecules through the membrane matrix to the permeate side and/or
enlargement of pore structure when membrane was operated at high filtration pressure.
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CHAPTER 27

Application of membrane technology in degumming
and deacidification of vegetable oils refining

Noor Hidayu Othman, Ahmadilfitri Md Noor, Mohd Suria Affandi Yusoff,
Ahmad Fauzi Ismail, Pei Sean Goh & Woei Jye Lau

27.1 INTRODUCTION

World consumption of oils and fats has grown steadily during last 25 years. The ‘Oil World’
statistics indicate that oils and fats consumption has increased from 152 million metric tons in
2007 to 183 million tons in 2012 (Basiron, 2013). Vegetable oils and fats are not only used for
human consumption, but also in animal feed, medical purposes and certain technical applications.
Production of the major oils, derived from palm, soybean, rapeseed and sunflower seed, grew
by over 70% and accounted for 88% of the increase in world output of all oils and fats (R.E.A.,
2013). According to the 2012 revision of the official United Nations population estimates and
projections, the world population of 7.2 billion in mid-2013 is projected to increase by almost one
billion people within the next twelve years, reaching 8.1 billion in 2025, and to further increase to
9.6 billion in 2050 and 10.9 billion by 2100 (UN, 2013). Thus, there will be new challenges to the
food producers and processors to develop new technologies, processing methods, and agricultural
techniques to meet food demands of a growing population.

The vegetable oils industry involves the extraction and processing of oils and fats from a variety
of fruits, seeds, and nuts. The objectives of refining are to remove the undesirable constituents
(e.g.: FFA, PLs, metal ions, color pigments and others) from crude oils, to preserve valuable
vitamins (e.g., tocopherols and tocotrienols – natural antioxidants), to protect the oils against
degradation, and ensuring a good quality and stability of end product (Lin and Koseoglu, 2005).
However, several drawbacks are identified from conventional refining processes such as high
energy usage, losses of neutral oil, large amounts of water and chemical are used and heavily
contaminated effluents are produced (Gibon et al., 2007).

Membrane technology is a mature industry and has been successfully applied in various
food industries for separation of undesirable fractions from valuable components. Commercial
membrane separation processes are offered in the areas of nitrogen production and waste-water
treatment application. The developing membrane application in vegetable oils processing includes
solvent recovery, degumming, deacidification, pigment removal, wax removal and extraction of
minor components (tocopherols and carotenoids) (Cheryan, 2005).

The application of membrane technology in vegetable oils refining has been receiving attention
in the light of various inherent advantages associated with membrane processes. It seems to be
a simple and promising tool to refine vegetable oils due to low energy consumption, ambient
temperature operation, no addition of chemicals, and retention of nutrients and other desirable
components that contributes to cost and energy effectiveness and eco-friendliness (de Morais
Coutinho et al., 1990; Koseoglu and Engelgau, 1990; Raman et al., 1994a).

27.1.1 Membrane technology and its basic principles

Membranes can be defined as semipermeable barriers that separate two phases and restrict the
transport of various substances in a specific way. The primordial function of a membrane is to
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act as a selective barrier, allowing the passage of certain components and the retention of others
from a determined mixture, implying the concentration of one or more components both in the
permeate and in the retentate (Ladhe and Kumar, 2010). Its selectivity is related to the dimensions
of the molecule or particle of interest for separation and the pore size, as also the solute diffusivity
in the matrix and the associated electric charges (Strathmann, 1990).

In the chemical process industry one often encounters the problem of separating a mixture
in its components. Membranes can in principle carry out most of the separation processes and
can complement or form an alternative for processes like distillation, extraction, fractionation,
adsorption etc. The basic membrane systems commercially available include microfiltration (MF),
ultrafiltration (UF), nanofiltration (NF), and reverse osmosis (RO), each of which depending on
the nature of particle or on the molecular size of the solutes that are separated. Generally, MF
addresses the largest macromolecules from 200,000 to 1 million molecular weight (MW) (500–2
million angstrom units); UF with middle-range molecules from 10,000–300,000 MW (40–2000
angstrom units); NF with small molecules of 15,000–150 MW (80–80 Angström units); and RO
with ions and smallest molecules up to 600 MW (20 Angström units) (Lin and Koseoglu, 2005).

The success of using membranes is closely related to the intrinsic properties of the membrane.
Interfacial interactions between membrane surface, surrounding environment and solutes govern
membrane performance to a great extent (Cheryan, 1998). There are four essential features
required for the efficient operation of a membrane process: (ii) selectivity which determines
product purity, (ii) flux which determines the product throughput, (iii) rate of separation which
determines the equipment size and (iv) durability/ease of cleaning which determines the operating
cost. The use of membranes in industrial applications is growing at a rapid rate. Equipment
suppliers and academicians have generated a great deal of information about the performance,
capabilities, and applications of membrane systems (Cheremisinoff, 2002).

The factor that distinguishes between the common membrane separation processes of MF,
UF, NF and RO is the application of hydraulic pressure as the driving force for mass transport.
Nevertheless the nature of the membrane controls which components will permeate and which
will be retained, since they are selectively separated according to their molar masses or particle
size (Strathmann, 1990). In a conventional filtration system, the fluid flow, be it liquid or gaseous
is perpendicular to the membrane surface, such that solutes deposit on it, requiring periodic
interruption of the process to clean or substitute the filter. In tangential membrane filtration the
fluid flow is parallel to the membrane surface, and the solutes that tend to accumulate on the surface
are stripped away due to the high velocity, making the process more efficient (Muralidhara, 2010).

27.2 VEGETABLE OILS AND DEGUMMING

27.2.1 Overview and principle of degumming process

Crude oil obtained by screw pressing and solvent extraction of oilseeds will throw a deposit of
so-called gums on storage. The chemical nature of these gums has been difficult to determine.
These gums consist mainly of phosphatides but also contain entrained oil and mill particles. They
are formed when the oil absorbs water that causes some of the phosphatides to become hydrated
and thereby oil-insoluble. Accordingly, hydrating the gums and removing the hydrated gums from
the oil before storing the oil can prevent the formation of a gum deposit (Paulson et al., 1984). Five
basic principles of degumming processes are described as water degumming, dry degumming,
acid degumming, acid refining and soft degumming as shown in Figure 27.1.

Water degumming is the oldest degumming treatment and also forms the basis of the production
of commercial lecithin. It is the simplest method for phosphatide reduction where the hot water
is mixed into warm oil (70–90◦C). Hydratable phospholipids (PLs) absorb water to agglomerate
into a gum phase, which is, after a certain holding time, separated in separators or decanters. The
procedure may be sufficient for some types of vegetable oils, e.g. 99% of PLs are removed by
heating oil to 80–85◦C with water and then filtering at 55–60◦C (Deffense, 2011a). The classic
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Figure 27.1. Overview of degumming routes (Deffense, 2011b).

water degumming process leads to a considerable loss of neutral oil, large amount of wastewater
and energy consumption. Besides, non-hydratable salts of phosphatidic acids are not removed. In
most cases, it is not sufficiently efficient for the preliminary purification of oils before physical
refining (Vintilă, 2009).

Dry degumming process is mainly for oils and fats that are low in phosphatides (20 mg kg−1 of
phosphorus) such as palm oil, palm kernel oil and olive oil. In physical refining of palm oil, the
crude palm oil (CPO) is mixed with 0.04–0.1% phosphoric acid (concentration 85%) for about
10–20 min. Then 1–2% bleaching earth is added under vacuum at a temperature of 80–120◦C.
After a suitable contact time, the spent bleaching earth is removed by filtration. The function
of phosphoric acid is to disrupt non-hydratable phosphatides by decomposing magnesium and
calcium complexes. Then, it coagulates the phosphatides, sequestrates iron and copper, before
being removed by adsorption on bleaching earth (Molík and Pokorný, 2000). Citric acid can also
be used but due to economic reasons, phosphoric acid is mainly used by Malaysia refiners. The
amount of acid introduced into the oil is quite critical. A low dosage of phosphoric acid may lead
to the oil darkening during deodorization and off-flavor problems due to phosphatides breakdown
caused by thermal instability (Deffense, 2011b). An excess of phosphoric acid also promotes
darkening of refined oil due to the reverse reaction of phosphatidic acid (PA) into phosphatides
(Patterson, 1992).

Acid degumming processes usually lead to lower residual phosphorus and iron contents, than
those of water degumming. It is preferred for processing rapeseed and sunflower oils. In acid
degumming; phosphoric acid was used as it forms no dissociable phosphates with calcium,
iron, or magnesium ions. The use of 0.05–0.20% phosphoric acid was found satisfactory for the
degumming of palm oil but not for most other vegetable oils (Thiagarajan and Tang, 1991). For
degumming of soybean oil, the application of phosphoric acid and water was recommended, first
with a concentrated acid and then with diluted acid (Faessler, 1998). Citric acid is an alternative
to phosphoric acid. It is more expensive than phosphoric acid, but the removal of non-hydratable
phospholipids is more efficient. Heating of crude rapeseed oil with 0.1% citric acid to 70◦C
with removal of the precipitate by centrifugation resulted in degummed oil containing only 2 mg
phosphorus and 0.3 mg iron in 1 kg oil (Aly, 1992). Sodium citrate was reported as more efficient
for removing calcium, magnesium, or iron from non-hydratable phosphatides (NHP) than free
citric acid (Segers, 1994).
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Acid refining is applicable for both water degummed oil and oils that have not yet been
degummed (Molík and Pokorný, 2000). Similar to acid degumming, non-hydratable phospho-
lipids are firstly decomposed by a sufficiently strong acid. Instead of diluting the degumming
acid with water, the hydratability of phospholipids is achieved by the addition of a base, such as
sodium hydroxide, caustic soda, or sodium silicate. Only partially degumming acid was neutral-
ized to prevent soap formation (Vintilă, 2009). Various processes have been developed based on
partial neutralization of PA by sodium hydroxide without touching the free fatty acids such as TOP
degumming by Vandemoortele (original process) (Dijkstra and Opstal, 1989); Uni-degumming
by Unilever as a post-treatment like in the TOP degumming has been added to the Super degum-
ming (Sande van de and Segers, 1989); special degumming developed on crude oils by Alfa
Laval (Johansson et al., 1988); UF degumming using lower temperature than in the TOP and low
agitation by Krupp (Rohdenburg et al., 1993); and the Impac degumming using additionally a
wetting agent by De Smet (2013). TOP is a Dutch acronym derived from “Totaal Ontslijmings
Process” meaning total degumming process.

Soft degumming is another option to remove phosphatides from crude palm oil with high phos-
phatide and iron contents (Gibon and Tirtiaux, 1998). In this case, the oil is heated (75–85◦C) and
mixed with a water solution (2%) containing a complexing molecule [ethylenediaminetetracetic
acid (EDTA)] and, eventually, a wetting compound [sodium dodecyl sulfate (SDS)]. EDTA is able
to form strong chelates with magnesium, calcium and iron. As a consequence, non-hydratable
phospholipids will be more easily removed. After 20 min of retention time followed by centrifu-
gation, less than 1 mg kg−1 of phosphorus can be achieved. Iron is reduced to below 0.1 mg kg−1

as it forms an oil-insoluble complex with EDTA (Lin and Koseoglu, 2005). The efficiency of the
process depends on the degree of dispersion and contact between the chelating agent (EDTA) and
the NHP. A detergent, sodium lauryl sulfate (SLS) is used to facilitate the contact between the
NHP in the oil phase and the water phase solution containing the chelating agent. However the
separation of both phases was made more difficult due to the high stability of the emulsion (Jamil
et al., 2000).

27.2.2 Membrane degumming of vegetable oils

Membrane separation is primarily a size-exclusion based pressure-driven process. It separates
different components according to the molecular weights or particle sizes and shapes of individual
components. Sometimes it depends on their interactions with the membrane surfaces and other
components of the mixture (Cheryan, 1986). The performance of membrane separation is affected
by membrane composition, temperature, pressure, velocity of flow and interactions between
components of the feedstock and with the membrane surface (Subramanian and Nakajima, 1997).

Theoretically, PLs and triacylglycerols (TG) have almost similar molecular weights (MW) of
about 700 Da and 900 Da, respectively which makes them difficult to be separated by a membrane.
However PLs are surfactants in nature, having both hydrophilic and hydrophobic groups. It tends
to form reverse micelles with MW of 20 kDa or more in non-aqueous systems such as vegetable
oils and oil/hexane micelle that enable their separation by using of appropriate membrane (Gupta,
1977; Lin et al., 1997; Ochoa et al., 2001; Pagliero et al., 2001; Subramanian et al., 2001).

According to the previous researches on the processing of vegetable oils using membrane
technology, the degumming process can be conducted using 3 categories of membranes; polymeric
membrane, nonporous polymeric composite membrane and ceramic membrane.

27.2.3 Membrane degumming using polymeric membrane

In the last decade, the use of membrane in the degumming of vegetable oils has been a subject of
research. Some of the alternatives are based on removal of the PLs from the micelle (oil/hexane)
and others from solvent-free oil. Sen Gupta in his pioneering work demonstrated that ultrafiltration
(UF) membranes could be used for degumming hexane-oil miscella (Gupta, 1977). Since then,
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many researchers from various countries followed this technique using porous and non-porous
membrane with different types of source oils.

Different types of polymeric materials were studied including polyvinylidenfluoride (PVDF),
polyethersulfone (PES), polysulfone (PSF) and polyimide (PI) in crude soybean oil filtration. The
UF cell resulted up 99% PLs removal by PVDF membrane. A sharp initial decrease in permeate
flux especially by PSF membrane explained the membrane behavior in term of concentration
polarization effects and internal fouling (Pagliero et al., 2001). Similar behavior was observed
in a study with PVDF and polyimide (PI) membranes in the same UF cell. PVDF membrane
allowed larger pure hexane fluxes than PI at the same transmembrane pressure in the whole
temperature range analyzed. Further study has been made to minimize the surface fouling between
the membrane structure and membrane-solvent interaction effects. PVDF and PI membranes
gave selectivity values and permeate color that did not differ significantly from each other. The
PLs rejections more than 98% were obtained in all cases while PVDF membrane had higher
productivity than other membranes (Ochoa et al., 2001; Pagliero et al., 2001; 2004).

However, under the influence of the solvent, micelle can greatly increase the effective particle
size of the PLs and enable them to be wholly retained by membrane. Due to hydrophobicity of PI
membrane, lower fluxes are indicated in the case of relatively polar solvents, such as water and
alcohols. Higher fluxes are evident in the case of non-polar solvent, such as hexane and acetone.
Various solvents (water, alcohols, acetone and hexane) fluxes were measured with PLs that were
rejected above 90% (Kim et al., 2002).

Besides soybean oil, cottonseed and rice bran oil, the removal of PLs was also studied in
sunflower oil using a cross-flow UF membrane. Two tubular PES membranes with different
MWCO (4000 and 9000 Da) were used for degumming of sunflower oil micelle. Both membranes
presented approximately the same rejection of phospholipids (95–97%), although the 9000 Da
membrane showed higher miscella permeate flux, lower oil rejection and higher FFA rejection
(García et al., 2006).

The flat sheet PES UF membrane was also investigated for their ability to selectively separate
PLs miscella from the desolventized crude soybean oil and from the crude soybean oil/hexane
(miscella). The maximum of 77% and 85% PLs were recorded from the disolventized crude soy-
bean oil and oil/hexane micelle, respectively. The use of miscella presents an important advantage
to the industrial level, where system productivity is measured mainly by permeate flux and solute
(phospholipids) removal (de Moura et al., 2005).

27.2.4 Membrane degumming using nonporous polymeric composite membrane

Nonporous membranes offer several advantages over UF membranes, namely higher rejection
of PLs, carotenoids and chlorophylls. Recently, the use of nonporous polymeric composite
membrane was actively investigated for processing of hexane/oil micelle.

Flat sheet polymeric composite membranes (NTGS-2200) with silicon as an active layer and
PI as a support layer from Nitto Denko, Japan were used to degum crude rice bran oil and
water-degummed soybean oils after dilution with hexane at required pressure of 3 MPa. During
membrane processing, the reduction in PLs varied from 93.8 to 96.4% and from 63.9 to 77.3%
in rice bran and soybean oils, respectively (Saravanan et al., 2006).

Similar polymeric composite membrane (NTGS-2200) was used in processing of CPO and
palm olein under both undiluted and hexane-diluted conditions. The membrane showed very
high selectivity between TG and PLs even under hexane-diluted conditions and the PLs rejection
was nearly complete (95–100%). However the oil flux was very low in both undiluted (0.12–
0.14 kg m−2 h−1) and hexane diluted (0.9–1.1 kg m−2 h−1), making it industrially not applicable
(Arora et al., 2006).

The efficacy of non-porous membrane was further investigated using two composite mem-
branes; NTGS-2200 and NTGS-2100 with polydimethylsiloxane (PDMS) as active layer and PI
as support layer. Both membranes showed very high reduction (above 99%) of PL content in undi-
luted crude oils (Subramaniana et al., 2004). However, due to very low oil flux, hexane-diluted
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condition was applied for processing of crude rice bran oil. The percentage rejection of PL varied
from 95.1 to 98.8%, which indicated that the membrane posed a very high selectivity for PL even
under hexane-diluted (Manjula and Subramanian, 2009; Subramaniana et al., 2004).

Generally, the PL content is well above the critical micelle concentration (CMC) in crude
solvent-extracted oils. In such systems, size exclusion may provide a synergistic effect in the rejec-
tion (Subramaniana et al., 2004). The nonporous polymeric composite of hydrophobic membrane
(NTGS-2200) was very effective in rejecting PLs (98–100%) in crude rice bran oil and groundnut
oil. Even in hexane-diluted conditions, the PLs rejection by the membrane was nearly as effective
as that of undiluted systems (Manjula et al., 2011).

27.2.5 Membrane degumming using ceramic membrane

Ceramic membrane is an inorganic membrane. It shows great mechanical resistance and supports
high pressures and can tolerate the entire pH range (0–14), high temperatures of over 400◦C.
It is also chemically inert (Cuperus and Nijhuis, 1993). A tubular ceramic membrane (MWCO:
15 kDa) made of ZrO2 was used to treat a crude soybean oil-hexane micelle using UF module 92–
93% of PLs were successfully rejected with a 25% crude soybean oil-hexane mixture (Marenchino
et al., 2006).

Direct membrane filtration to pretreat CPO was studied using ceramic MF membranes (alpha
alumina: 0.45 µm and 0.2 µm) and UF membranes (Zirconia: 50 nm and 20 nm). The MF ceramic
membranes and UF ceramic membranes were able to reject 14–56.8% PLs and 60–78.1% PLs
respectively as compared to that of bleached oil with 34.4% PLs rejection. Although the PLs rejec-
tion is not higher, the membrane pre-treatment technique showed better prospect than conventional
bleaching method (Iyike et al., 2004).

Corn oil is distinct from other vegetable oils since it has a higher content of waxes that require
removal. A multichannel ceramic membrane constructed from alumina (support and filter ele-
ment) was used for degumming a crude corn oil and crude soybean oil in an oil/hexane micelle,
respectively. The membrane was initially conditioned with a solvent of high polarity and con-
tinuing up to a nonpolar solvent using pure water, ethyl alcohol, hexane and a combination of
binary solutions before filtration process. The ceramic membrane showed good performance in
the filtration of both corn oil/hexane miscella and soybean oil/hexane micelle with the maximum
rejection of 93.5% PLs and 99% PLs, respectively (de Souza et al., 2008; Ribeiro et al., 2008).

Another attempt for direct membrane filtration using ceramic UF membrane with relatively
small in MWCO (6 kDa or smaller) was conducted to refine sunflower seed oil. The highest PLs
retention of 97% was achieved. It can be stated that the higher the pressure, the greater was the
flux, but PL rejection decreased as well. Direct filtration seems not to be efficient enough because
of the membrane fouling due to the high solid and particle content of the pressed oil (Koris and
Marki, 2006).

27.3 VEGETABLE OILS AND DEACIDIFICATION

27.3.1 Conventional method and principle of deacidification process

The removal of free fatty acids (deacidification) is the most critical step in vegetable oil refining.
It represents the main economic impact on oil production which determines the quality of the
final refined product. Any inefficiency in this process has a great impact on the subsequent
process operations. Chemical, physical and micelle deacidification have been used industrially
for deacidification (Bhosle and Subramanian, 2005).

Chemical deacidification of palm oil was introduced in the early 1970s in Malaysia (PORAM,
2013). The deacidification process accomplished by neutralizing the FFA with sodium hydroxide
(NaOH) to remove the FFA in the form of soap-stock as well as any remaining PLs. Sometime an
excess of NaOH is required to reduce color of the refined oil and to ensure the removal of trace
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elements (Lin and Koseoglu, 2005). Any residual soap will be removed by the addition of hot
water and subsequent centrifugation. FFA content in the crude oil has direct impact in the loss of
significant amounts of triglycerides due to saponification (Snape and Nakajima, 1996). However,
for oils with high acidity, chemical refining causes high losses of neutral oil due to saponification
and emulsification. In spite of having several disadvantages; chemical deacidification is still
industrially used upon request by customers.

Physical deacification emerged as a better alternative to chemical deacidification in the late
1970s. Since then it was mainly used by modern refineries in Malaysia. Physical deacidification
uses steam distillation where the FFA and other volatile components are distilled off from the oil
by using an effective stripping agent under suitable processing conditions (Ceriani and Meirelles,
2006). As a consequence, oil losses are reduced, the quality of FFA is improved, and the operation
is simplified. Despite all the advantages of reducing the loss of neutral oil, this process con-
sumed high energy due to high deodorization temperatures in the range of 240–260◦C. Besides,
incomplete removal of undesirable components during pre-treatment of the crude oil has to be
compensated by the increased use of bleaching earth which will in turn increase the operational
cost (Bhosle and Subramanian, 2005).

Miscella deacidification is another alternative to conventional chemical and physical refining.
In this process, miscella (typically 40–60% oil in hexane) is mixed with sodium hydroxide solution
for neutralization, reaction with phosphatides, and decolorization. The separated micelle and the
soap stock are both evaporated to remove the solvent (Hodgson, 1996). This micelle refining
process results in less oil loss and lighter oil color. However, micelle refining is not widely
used in industry because of several disadvantages. All equipment must be totally enclosed and
explosion-proof, which increases investment considerably. Besides, the refining must be carried
out at the solvent mills to be effective and economical (Anderson, 1996).

27.3.2 Membrane deacidification of vegetable oils

FFA in principle is almost impossible to be removed by membranes itself due to the molecular size
of FFA (<300 Da) is much smaller than that of TG (∼900 Da) (Cheryan, 2005). Theoretically, the
ideal process would be to use a membrane with pores so precise that they could effectively separate
the FFAs from the TG (Gibon et al., 2007). Most of the previous researchers had reported the use
of solvents in membrane deacidification of vegetable oils. Only a few studies have reported on
direct deacidification of vegetable oils using membrane system.

27.3.2.1 Direct membrane deacidification
The deacidification of crude soybean and rapeseed oils without addition of organic solvents
in undiluted oils was investigated using polymeric membrane. The process produces permeate
and retentate fractions containing TG and other oil constituents. The decreasing order of rela-
tive preferential permeation in the nonporous membranes is expected to be FFA, tocopherols,
TG, aldehydes, peroxides, color pigments and PLs. However, during membrane processing FFA
permeated preferentially compared to TG resulting in negative rejection of FFA (Subramanian
et al., 1998).

Similar results with negative rejection of FFA using polymeric nonporous membrane were
recorded in refined sunflower oil and oleic acid model system. Oleic acid permeated preferentially
over triacylglycerols in the nonporous membrane, over a wide range of concentrations (∼5–70%).
The differences in molecular size, solubility, diffusivity and polarity between TGs and oleic acid
appear insufficient for achieving direct deacidification (Bhosle et al., 2005).

Another attempt was made by using ceramic membrane and polysulfone (PSF) hollow fiber
membrane for membrane ultrafiltration of crude soybean oil. Ceramic membrane resulted in
higher rejection than PSF membrane with 54.45 and 34.39% FFA rejections, respectively. How-
ever, the permeate flux of the ceramic membrane (4.16 kg m−2 h−1) was much lower than the PSF
membrane (11.58 kg m−2 h−1) (Alicieo et al., 2002).
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27.3.2.2 Membrane deacidification with solvent
Most of the previous research works on deacidification of vegetable oils were conducted in
combination with solvent. This is because the difference in their molecular weights is too small
and membranes alone are very difficult to be used for membrane separation process (Raman
et al., 1994b). If the FFA were extracted from the crude oil by a solvent that selectively dissolves
the FFA, the extractant (containing the solvent + FFA) can be processed and separated through
the appropriate membrane.

Hollow fiber UF membranes were used to extract FFA from oil using 1,2-butanediol as a
selective extractant. The oil phase was circulated inside the fibers, and butanediol outside the
fibers. Some of the membranes tested could be used successfully. However due to the high mass
transfer resistance, the required membrane surface area for a given extraction was relatively high
(Keurentjes et al., 1992).

In other studies, the deacification of soybean oil was investigated after extracting FFA from
a model crude vegetable oil with methanol. A combination of high-rejection and low-rejection
membranes resulted in a retentate stream of 35% FFA and a permeate stream with less than 0.04%
FFA. No alkali is required, no soap-stock is formed, and almost all streams within the membrane
process are recycled with little discharged as effluent (Raman et al., 1996).

Another attempt using acetone-stable nanofiltration (NF) membranes was investigated for
separation of different vegetable oil/solvent mixtures. The permeate consisted almost entirely of
fatty acids in acetone, and only small traces of triglycerides were found. This makes it feasible
to selectively remove the fatty acids and reduce loss of triglycerides normally associated with
deacidification (Zwijnenberga et al., 1999).

Different types of commercial nonporous (reverse osmosis and gas separation) polymeric mem-
branes were screened for their abilities to separate FFA, MG, DG, andTG from a lipase hydrolysate
of high-oleic sunflower oil after diluting with organic solvents (ethanol and hexane). Separation
of FFA, MG, and DG from TG may find an industrial application as it could replace or reduce
the load on the deacidification and deodorization steps in the conventional refining process. The
constituents can be separated in suitable solvents using appropriate nonporous membranes (Koike
et al., 2002).

In deacidification of model vegetable oils using polymeric hydrophobic nonporous and
hydrophilic NF membranes, dilution with hexane had improved oil flux compared to the model
undiluted system. However, membrane selectivity was completely lost as both triacylglycerols
and oleic acid permeated along with the solvent. Processing of the model oil after diluting with
acetone showed that oleic acid was retained less than TG by the NF membrane. However, the
selectivity decreased during successive runs, owing to the gradual loss of hydrophilicity due to
polarity conditioning of the membrane (Bhosle et al., 2005).

Different types of commercial porous and nonporous polymeric membranes were studied to
separate FFA from hydrolysate of partially hydrogenated soybean oil (PHSO). UF membrane
PLAC (PLAC is a trade name of a membrane, MW cut off 1000) made from regenerated cellulose
(RC) and non-porous membranes of NTR series (Nitto Denko, Japan) had recorded 95.41% FFA
rejection at 27 kg m−2 h−1 and 95–96% FFA rejection at 5–10 kg m−2 h−1, respectively in the
ethanol system. In spite of encouraging results, there are still some key issues to be resolved for
membrane development. A good compromise between achieving high selectivity and keeping
high permeate flux, and long term stabilities give promising results for scale-up operation under
solvent conditions (Jala et al., 2011).

27.4 CONCLUSION

The development of membrane technology in degumming and deacidification – independently or
in combination with the current technology – has emerged as a new approach to overcome major
drawbacks in conventional refining of vegetable oils. It is a promising tool to refine vegetable
oils due to low-energy consumption, mild temperature operation, low maintenance/operation
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cost, easiness to scale-up, retention of nutrients and other desirable components. However, the
development of suitable membranes that enable achieving higher removal of PLs and FFA at
acceptable flux is necessary for industrial adoption of this technology. With this, the consumer
expectation for a sustainable, mild and efficient refining process could be achieved.

ACKNOWLEDGEMENT

The authors are grateful to Sime Darby Research Sdn. Bhd. and Advanced Membrane Technology
Centre (AMTEC), UTM Skudai, Johor for providing the necessary facilities and technical support
for successful completion of this review chapter.

REFERENCES

Alicieo, T.V.R., Mendes, E.S., Pereira, N.C. & Motta Lima, O.C. (2002) Membrane ultrafiltration of crude
soybean oil. Desalination, 148, 99–102.

Aly, S.M. (1992) Degumming of soybean oil. Grasas Aceites, 43, 284–286.
Anderson, D. (1996) A primer on oils processing technology. In: Hui, Y.H. (ed.) Bailey’s industrial oil and

fat products, Volume 4. 5th edition. John Wiley & Sons, New York, NY. pp. 1–60.
Arora, S., Manjula, S., Gopala Krishna, A.G. & Subramanian, R. (2006) Membrane processing of crude

palm oil. Desalination 191, 454–466.
Basiron, Y. (2013) Palm oil in the global oils & fats market. Malaysia-Myanmar Palm Oil Trade Fair &

Seminar POTS Myanmar 2013, 28th June 2013, Traders Hotel, Yangon, Myanmar. Slides 7–11.
Bhosle, B.M. & Subramanian, R. (2005) New approaches in deacidification of edible oils – a review. Journal

of Food Engineering, 69, 481–494.
Bhosle, B.M., Subramanian, R. & Ebert, K. (2005) Deacidification of model vegetable oils using polymeric

membranes. European Journal of Lipid Science and Technology, 107, 746–753.
Ceriani, R. & Meirelles, A.J.A. (2006) Simulation of continuous physical refiners for edible oil deacidifica-

tion. Journal of Food Engineering, 76, 261–271.
Cheremisinoff, N.P. (2002) Membrane separation technologies. Chapter 9 in Handbook of water and

wastewater treatment technologies. Butterworth-Heinemann, Elsevier, Oxford, UK, pp. 335–371.
Cheryan, M. (1986) Ultrafiltration handbook. Technomic Publishing Company, Inc., Lancaster, PA.
Cheryan, M. (1998) Ultrafiltration and microfiltration handbook. Technomic Publishing, Chicago, IL.
Cheryan, M. (2005) Membrane technology in the vegetable oil industry. Membrane Technology, 2, 5–7.
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CHAPTER 28

Preparation of polysulfone electrospun nanofibers: effect of
electrospinning and solution parameters

Zafarullah Khan & Feras M. Kafiaha

28.1 INTRODUCTION

Electrospinning is considered as one of the unique techniques to produce fibers at micro- and
nano-scales (Greiner and Wendorff, 2007; Huang et al., 2003; Yao et al., 2003). The process is
straightforward and very simple technically, using very high electric field between nozzle and
collector to derive polymeric nano-fibers onto the collector as shown in Figure 28.1.

A polymeric solution is first prepared with a specific concentration using a suitable solvent
and then placed into a dispenser syringe for electrospinning at a selected applied voltage, feed
rate and distance between syringe nozzle (needle) and collector. The droplet coming out of the
needle tip is charged, turns into a cone (Taylor cone) and whips out the solution into jets. As
the jet travels toward the collector, the solvent evaporates leaving behind nano-fibers which are
deposited over the target collector.

Nano-fibers are produced due to the stretching of the solution jet by applying an electric force
on free charges at the surface or inside the solution as shown in Figure 28.1. The drift velocity
of charges is proportional to the electric field and mobility of carriers (Chang and Lin, 2009).
The motion of the charges will transfer the electric force to the polymeric solution that will be
accelerated to the field direction. At the early stages of this process, a small hemispherical droplet

Syringe

Needle

Liquid jet

Collector

Taylor cone

High voltage
power supply

V

Polymer solution

Figure 28.1. Schematic diagram for electrospinning setup (Li and Xia, 2004).
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Table 28.1. (wt/vol)% concentrations of PSF in DMF.

Concentration Weight of PSF Volume of
No. [g] DMF [mL]

1 17 100
2 22 100
3 25 100
4 27 100
5 30 100

at spinneret tip will be produced due to electric energy and as this energy increases, it assumes a
conical shape called a Taylor cone. Further increase of electric energy exceeds the surface tension
of a Taylor cone and causes a jet to eject out of the Taylor cone in a whipping action. The solvent
evaporates during this whipping action and dry fibers are collected on the collector plate.

Many parameters influence the resultant fibers morphology, those related to the polymeric
material to be electrospun like molecular weight and molecular weight distribution and other
parameters related to the polymeric solution like concentration, viscosity, surface tension and
electrical conductivity, and finally the parameters related to the electrospinning process, namely,
voltage, feed rate, distance between nozzle and collector, temperature and humidity (Buchko
et al., 1999; Fong et al., 1999; Hajra et al., 2003; Norris et al., 2000; Shin et al., 2001).

Due to its excellent thermal properties, good resistance to inorganic acids and bases (Cha
et al., 2006; Gopal et al., 2007), good solubility and low price (Yuan et al., 2004), polysulfone
(PSF) has been used as one of the most important membrane materials. Electrospun nano-fibrous
membranes show superior performance in separation technology because of many advantages
like high porosity, sub-micron to several microns open pore structure, high permeability to gases
and finally, high surface area to volume ratio (Gopal et al., 2007).

This work considers electrospinning polysulfone using N,N -dimethylformamide (DMF) as
solvent to produce uniform nano-fibrous structure without beads and with minimum fiber diam-
eters. Solution concentration and electrospinning parameters namely the applied voltage, feed
rate and distance between nozzle and collector on the fiber diameter and fiber morphology are
investigated.

28.2 EXPERIMENTAL

28.2.1 Materials

Polysulfone (MW = 35,000 g mol−1) was purchased from BOC Sciences, USA and the solvent
N,N -dimethylformamide (DMF) (density = 0.944 g cm−3) was purchased from Alfa Aesar, USA.
PSF was dissolved in DMF at 45◦C using magnetic stirrer until uniform and homogenous solution
was obtained. Table 28.1 shows the wt/vol concentration ratios used in this investigation.

28.2.2 Electrospinning and characterization

Eelctrospinning was carried out using NANON A-1 apparatus (MECC Ltd., Japan). A 5 mm
hypoderemic syringe with an 8 mm inner diameter needle was used to dispense the spinning
solution. Feed rate and voltage were controlled by the programmable electrospinning apparatus.
The electrospun fibers were collected on aluminum foil placed on the collector plate.

PSF nano-fiber mats produced were characterized by checking their morphologies and average
fibers diameter. The morphology was observed by SEM at different magnifications (1000×,
5000× and 10,000×). Average nano-fiber diameters were measured from high magnification
SEM micrographs using Image J software (http://rsb.info.nih.gov/ij/) in which, averages have
been taken for around 250 readings of every mat and their standard deviations, minima and
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Table 28.2. Matrix of electrospun samples with variation of different parameters along with some extracted
data. Note that: PSF 3, 6, 16 and 21 are with same results.

Polysulfone in DMF samples Extracted data

Concentration Voltage Distance Feed rate Average fiber Standard Min Max
Sample [wt/vol] [kV] [mm] [mL h−1] diameters [nm] deviation [nm] [nm]

PSF 1 17.00 20.00 150.00 4.00 Fibers with droplets and beads
PSF 2 22.00 20.00 150.00 4.00 Beaded fibers
PSF 3 25.00 20.00 150.00 4.00 1054.3 395.8 280.6 3024.5
PSF 4 27.00 20.00 150.00 4.00 1448.6 379.7 785.6 2804.7
PSF 5 30.00 20.00 150.00 4.00 2096.9 902.3 935.6 5252.9
PSF 6 25.00 20.00 150.00 4.00 1054.3 395.8 280.6 3024.5
PSF 7 25.00 22.00 150.00 4.00 1068.9 388.1 198.2 2255.0
PSF 8 25.00 24.00 150.00 4.00 1147.2 404.8 413.2 2684.6
PSF 9 25.00 26.00 150.00 4.00 1239.3 404.3 327.2 2858.4
PSF 10 25.00 28.00 150.00 4.00 1274.8 450.1 317.0 2924.2
PSF 11 25.00 30.00 150.00 4.00 1314.1 407.1 662.1 2206.7
PSF 12 25.00 20.00 60.00 4.00 1199.4 445.6 405.2 3116.0
PSF 13 25.00 20.00 80.00 4.00 1264.0 477.0 286.0 2806.0
PSF 14 25.00 20.00 100.00 4.00 1184.0 473.0 327.0 3269.0
PSF 15 25.00 20.00 120.00 4.00 1158.7 376.1 577.8 2589.4
PSF 16 25.00 20.00 150.00 4.00 1054.3 395.8 280.6 3024.5
PSF 17 25.00 20.00 150.00 1.00 609.0 219.0 177.0 1389.0
PSF 18 25.00 20.00 150.00 1.50 699.4 219.1 158.7 1796.6
PSF 19 25.00 20.00 150.00 2.00 750.0 315.3 236.9 1748.1
PSF 20 25.00 20.00 150.00 3.00 952.0 360.0 335.0 2857.0
PSF 21 25.00 20.00 150.00 4.00 1054.3 395.8 280.6 3024.5

maxima were calculated. Table 28.2 shows the electrospinning parameters that have been studied
on the left side and extracted data like average fibers diameter, standard deviation, minima and
maxima on the right side. PSF concentrations of 17, 22, 25, 27 and 30% (wt/vol) (Samples PSF
1 to PSF 5) were studied keeping voltage at 20 kV, feed rate at 4 mL h−1 and distance between
nozzle to collector at 150 mm. PSF concentration was then fixed at 25% (wt/vol) for reasons to
be discussed in Section 28.3.1. Voltages from 20 kV to 30 kV with a 2 kV increments (Samples
PSF 6 to PSF 11) were tested keeping feed rate at 4 mL h−1 and distance at 150 mm. Feed rates
of 1, 1.5, 2, 3 and 4 mL h−1 (Samples PSF 17 to PSF 21) were selected after fixing voltage at
20 kV and distance at 150 mm. Finally, effect of distance between nozzle to collector was studied
by adopting 60, 80, 100, 120 and 150 mm distances (Samples PSF 12 to PSF 16) keeping voltage
at 20 kV and feed rate at 4 mL h−1.

28.3 RESULTS AND DISCUSSION

28.3.1 Effect of PSF concentration on fiber morphology

Concentration or the amount of polymer in the solution is an important factor determining fiber
morphology (Jalili et al., 2005). Too high concentration will hinder the solution from being
pumped (Dhakate et al., 2010; Jun et al., 2003), and on the other hand, too low concentration will
lower the amount of polymer chain entanglements that are required to keep the jet from breaking
down (Chang and Lin, 2009).

At the concentration of 17% (wt/vol), there was insufficient polymer entanglement to stabi-
lize the jet and the electrospinning at this concentration resulted in the formation of droplets
and beaded fiber morphology as shown in SEM micrograph (Fig. 28.2a). As the concentration
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Figure 28.2. Effect of PSF concentration on morphology and diameters of nano-fibers: SEM micrographs
for (a) 17% (wt/vol), (b) 22% (wt/vol), (c) 25% (wt/vol), (d) 27% (wt/vol) and (e) 30%
(wt/vol). (f) Variation of average fiber diameters with concentration (feed rate 4 mL h−1,
distance distance between nozzle and the collector plate: 150 mm, voltage: 20 kV).

increased to 22% (wt/vol), jet was stabilized but many beads still appear in the fibers as shown
in (Fig. 28.2b). The beaded morphology results from high solution surface tension which at this
concentration is more controlling due to the fewer chain entanglements and higher amounts of
solvent (Ramakrishna et al., 2005) than electric force, which is responsible for stretching fibers.
Yuan et al. (2004) suggested that lower viscosity and conductivity of the lower concentration
PSF solutions could be the possible reasons leading to beaded fiber morphology. These beads
started to disappear at the concentration of 25% (wt/vol) PSF/DMF solution. At this concentra-
tion uniform fibers without beads were obtained (Fig. 28.2c). Further increase in the solution
concentration was responsible for increasing average fiber diameter (Fig. 28.2d,e). Figure 28.2f
shows the relation between average fiber diameter with solution concentration. As the concen-
tration increases the average fiber diameter increases and becomes broader. The figure has taken
only three concentrations (25, 27 and 30% (wt/vol)) and excluded 17% and 22% in which the
presence of droplets and beads did not permit accurate fiber diameter measurements. Demir et al.
(2002) studied this relation during polyurethane electrospinning and they found the average fiber
diameter to increase with concentration according to the third power law. Many researchers who
studied the effect of concentration on the average fiber diameter (Baumgarten, 1971; Beachley
and Wen, 2009; Chowdhury and Stylios, 2010; Demir et al., 2002; Fong et al., 1999; Heikkilä
and Harlin, 2008; Larrondo and St John Manley, 1981; Li et al., 2007; Megelski et al., 2002;
Mit-Uppatham et al., 2004; Morota et al., 2004; Ramakrishna et al., 2005; Supaphol et al., 2005;
Sutasinpromprae et al., 2006) found the same trend as the present study. These authors report
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Figure 28.3. Effect of electrospinning voltage on the morphology and diameters of nano-fibers: SEM
micrographs for (a) 20 kV, (b) 22 kV, (c) 24 kV, (d) 26 kV, (e) 28 kV and (f) 30 kV. (g) Variation
of average fiber diameters with applied voltage (feed rate 4 mL h−1, distance between nozzle
and the collector plate: 150 mm).

that increasing concentration will in some cases increase fiber length (Beachley and Wen, 2009),
decreases tendency of bead formation, and finally fibers become more uniform and smooth.
Fong et al. (1999) found that as beads become bigger, the distance between them becomes larger
and they change from spherical to spindle-like with increasing solution concentration (solution
viscosity) before acquiring a uniform fiber morphology.

28.3.2 Effect of applied voltage on fiber morphology

Applied voltage is considered to be the most contradictory parameter in affecting nano-fibers
morphology and average fiber diameter. The researchers find that the fiber diameter is either
directly (Li and Hsieh, 2005; Li et al., 2007; Morota et al., 2004; Pornsopone et al., 2005;
Supaphol et al., 2005; Zhang et al., 2005; Zhao et al., 2004; Zong et al., 2002) or inversely
(Buchko et al., 1999; Chang and Lin, 2009; Deitzel et al., 2001; Ding et al., 2002; Gu and Ren,
2005; Hsu and Shivkumar, 2004; Lee et al., 2004; Li et al., 2006; Megelski et al., 2002; Wang
et al., 2006a; Yuan et al., 2004) proportional to the applied voltage and in some cases report a
mixed trend (Chowdhury and Stylios, 2010; Jalili et al., 2005; Jun et al., 2003; Lee et al., 2002;
Li et al., 2006; Sencadas et al., 2012; Wang et al., 2006b) with variation in the applied voltage.

In this study, the average fiber diameter was found to increase with increasing voltage for solu-
tion concentration of 25% (which provides uniform fibers with lowest fiber diameter), 4 mL h−1

feed rate and 150 mm distance between nozzle and the collector plate. Figure 28.3 shows SEM
micrographs for PSF nano-fibers with variation of voltages from 20 kV (Fig. 28.3a) to 30 kV (Fig.
28.3f) with the 2 kV increments.
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Figure 28.4. Effect of solution feed rate on the morphology and diameters of nano-fibers. SEM micrographs
for (a) 1 mL h−1, (b) 1.5 mL h−1, (c) 2 mL h−1, (d) 3 mL h−1 and (e) 4 mL h−1. (f) Variation
of average fiber diameters with feed rate (distance between nozzle and the collector plate:
150 mm, voltage: 20 kV).

Although increasing voltage is expected to increase elongational force, which is responsible for
fiber thinning, the time for the jet to travel toward the collector is shortened and as a result there
is insufficient time for full solvent evaporation. In addition, the higher voltage causes more mass
flow and all of these favor an increase in the fiber diameter as corroborated by other researchers
(Demir et al., 2002; Li and Hsieh, 2005).

Some researchers found presence of beads with increasing voltages (Cui et al., 2007; Deitzel
et al., 2001; Krishnappa et al., 2003; Megelski et al., 2002), and they attribute this to the instability
of the jet at the needle in which the Taylor cone is receding (Zong et al., 2002). The other reason
is the steep increase in spinning current (Subbiah et al., 2005). However, in this study, beads at
high voltages were not observed.

28.3.3 Effect of solution feed rate on fiber morphology

The feed rate controls the amount of solution to be electrospun (Khayet and Matsuura, 2011;
Ramakrishna et al., 2005) and it is an important electrospinning parameter which is related to
Taylor cone stabilization. Feed rate in this study was varied from 1 to 4 mL h−1, keeping the
spinning voltage at 20 kV, needle tip to collector distance at 150 mm and solution concentration
at 25% (wt/vol).

Average fiber diameters were found to increase with increasing feed rate (Fig. 28.4f) and this
was proven by many research groups (Chang and Lin, 2009; Chowdhury and Stylios, 2010;
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Figure 28.5. Effect of distance between nozzle and collector on the morphology and diameters of nano-
fibers. SEM micrographs for (a) 60 mm, (b) 80 mm, (c) 100 mm, (d) 120 mm and (e) 150 mm.
(f)Variation of average fiber diameters with nozzle to collector distance (f)Variation of average
fiber diameters with concentration (feed rate 4 mL h−1, voltage: 20 kV).

Feng et al., 2011; Homayoni et al., 2009; Ramakrishna et al., 2005; Touny et al., 2010). These
researchers attributed this to the lesser time for the jet to reach the collector and hence lower
solvent evaporation rate which leaves thicker fibers.

At lower feed rates of 1 mL h−1 some beads (red marks) were noticed (as shown in Fig. 28.4a),
which start to disappear with increasing feed rate (Fig. 28.4b–e). This could be due to the smaller
volume of polymer coming out of needle which at high applied voltage makes the jet unstable
and discontinuous resulting in an increase in the surface tension and favors formation of beads.

It was also noted (as shown in Fig. 28.4f and Table 28.2) that an increase in the fiber diameter
occurs with increasing feed rate in which standard deviation of readings at 1 mL h−1 is almost
half of 4 mL h−1 feed rate. This could again be attributed to the increase in time for complete
solvent evaporation at lower feed.

28.3.4 Effect of distance between nozzle and collector on fiber morphology

The distance between nozzle and collector influences two important parameters related to fiber
morphology. First is the jet travelling time that is coined with solvent evaporation rate and second
is the field strength which describes the voltage over distance (Chang and Lin, 2009; Subbiah
et al., 2005). Decreasing this distance will shorten the time for jet travel and increase the field
strength, which will result in higher fiber diameters (Chowdhury and Stylios, 2010; Hekmati
et al., 2013; Kameoka and Craighead, 2003; Zhao et al., 2004). Figure 28.5a–e shows SEM
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micrographs for 25% (wt/vol) PSF nano-fibers electrospun at 20 kV voltage, 4 mL h−1 feed rate
and different needle to collector distances varied from 60 to 150 mm.

A slight decrease in average fiber diameter was noticed by changing the needle to collec-
tor distance. In the case of 60 mm distance fiber diameters were measured to be equal to
1199.4 ± 445.6 nm whereas at 150 mm distance, the fiber diameters decreased to 1054.3 ±
395.8 nm. This slight decrease in the fiber diameter could be attributed to the extra time for
solvent evaporation that causes fiber thinning on one hand and to the lower field strength (lower
stretching force) on the other hand.

Unlike some results found in the literature (Hsu and Shivkumar, 2004; Megelski et al., 2002),
distance between nozzle and collector was unrelated with the appearance of beads. Megelski et al.
(2002) found that average fiber diameter doesn’t change significantly with needle to collector
distance and their observations are consistent with the findings of this study. But on the other
hand, these authors found some elongated beads along Polystyrene (PS) fibers.

28.4 CONCLUSION

In this study, the effect of solution concentration and process parameters on the electrospun fiber
morphology for Polysulfone/DMF was investigated. It was found that droplets and beads disap-
peared and fibers became uniform after reaching 25% (wt/vol) PSF concentration. Increasing
concentration above this value causes an increase in average fiber diameter. Increasing electro-
spinning applied voltage and feed rate was found to increase average fiber diameter as well. On
the other hand, increasing the nozzle to collector distance resulted in a slight decrease in average
fiber diameters.

The smallest fiber diameters (around 700 nm) with uniform structure and without beads were
found in the case of PSF/DMF solution concentration of 25% (wt/vol) at the electrospinning
voltage of 20 kV, feed rate of 1.5 mL h−1 and needle to collector distance of 150 mm.
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Li, Y., Huang, Z. & Lǚ, Y. (2006) Electrospinning of nylon-6, 66, 1010 terpolymer. European Polymer
Journal, 42, 1696–1704.

Liu, F., Guo, R., Shen, M., Wang, S. & Shi, X. (2009) Effect of processing variables on the morphol-
ogy of electrospun poly [(lactic acid)-co-(glycolic acid)] nanofibers. Macromolecular Materials and
Engineering, 294, 666–672.

Megelski, S., Stephens, J.S., Chase, D.B. & Rabolt, J.F. (2002) Micro-and nanostructured surface morphology
on electrospun polymer fibers. Macromolecules, 35, 8456–8466.

Mit-Uppatham, C., Nithitanakul, M. & Supaphol, P. (2004) Effects of solution concentration, emitting elec-
trode polarity, solvent type, and salt addition on electrospun polyamide-6 fibers: a preliminary report.
Macromolecular Symposia. Vol. 216, Wiley Online Library. pp. 293–300.

Morota, K., Matsumoto, H., Mizukoshi, T., Konosu,Y., Minagawa, M., Tanioka, A.,Yamagata,Y. & Inoue, K.
(2004) Poly (ethylene oxide) thin films produced by electrospray deposition: morphology control and
additive effects of alcohols on nanostructure. Journal of Colloid and Interface Science, 279, 484–492.

Norris, I.D., Shaker, M.M., Ko, F.K. & MacDiarmid, A.G. (2000) Electrostatic fabrication of ultrafine
conducting fibers: polyaniline/polyethylene oxide blends. Synthetic Metals, 114, 109–114.

Pornsopone, V., Supaphol, P., Rangkupan, R. & Tantayanon, S. (2005) Electrospinning of methacrylate-
based copolymers: effects of solution concentration and applied electrical potential on morphological
appearance of as-spun fibers. Polymer Engineering & Science, 45, 1073–1080.

Ramakrishna, S., Fujihara, K., Teo, W.-E., Lim, T.-C. & Ma, Z. (2005) An introduction to electrospinning
and nanofibers. World Scientific.

Sencadas, V., Correia, D., Areias, A., Botelho, G., Fonseca, A., Neves, I., Gomez Ribelles, J. & Lanceros
Mendez, S. (2012) Determination of the parameters affecting electrospun chitosan fiber size distribution
and morphology. Carbohydrate Polymers, 87, 1295–1301.

Shin, Y.M., Hohman, M.M., Brenner, M.P. & Rutledge, G.C. (2001) Experimental characterization of
electrospinning: the electrically forced jet and instabilities. Polymer, 42, 09955–09967.

Subbiah, T., Bhat, G., Tock, R., Parameswaran, S. & Ramkumar, S. (2005) Electrospinning of nanofibers.
Journal of Applied Polymer Science, 96, 557–569.

Supaphol, P., Mit-Uppatham, C. & Nithitanakul, M. (2005) Ultrafine electrospun polyamide-6 fibers: effect
of emitting electrode polarity on morphology and average fiber diameter. Journal of Polymer Science B:
Polymer Physics, 43, 3699–3712.

Sutasinpromprae, J., Jitjaicham, S., Nithitanakul, M., Meechaisue, C. & Supaphol, P. (2006) Preparation and
characterization of ultrafine electrospun polyacrylonitrile fibers and their subsequent pyrolysis to carbon
fibers. Polymer International, 55, 825–833.

Touny, A.H., Lawrence, J.G., Jones, A.D. & Bhaduri, S.B. (2010) Effect of electrospinning parameters on
the characterization of PLA/HNT nanocomposite fibers. Journal of Materials Research, 25, 857–865.

Wang, C., Hsu, C.-H. & Lin, J.-H. (2006a) Scaling laws in electrospinning of polystyrene solutions.
Macromolecules, 39, 7662–7672.

Wang, C., Zhang, W., Huang, Z., Yan, E. & Su, Y. (2006b) Effect of concentration, voltage, take-over dis-
tance and diameter of pinhead on precursory poly (phenylene vinylene) electrospinning. Pigment & Resin
Technology, 35, 278–283.

Yao, L., Haas, T.W., Guiseppi-Elie, A., Bowlin, G.L., Simpson, D.G. & Wnek, G.E. (2003) Electrospinning
and stabilization of fully hydrolyzed poly (vinyl alcohol) fibers. Chemistry of Materials, 15, 1860–1864.

Yuan, X., Zhang, Y., Dong, C. & Sheng, J. (2004) Morphology of ultrafine polysulfone fibers prepared by
electrospinning. Polymer International, 53, 1704–1710.

Zhang, C., Yuan, X., Wu, L., Han, Y. & Sheng, J. (2005) Study on morphology of electrospun poly (vinyl
alcohol) mats. European Polymer Journal, 41, 423–432.

Zhao, S., Wu, X., Wang, L. & Huang,Y. (2004) Electrospinning of ethyl-cyanoethyl cellulose/tetrahydrofuran
solutions. Journal of Applied Polymer Science, 91, 242–246.

Zong, X., Kim, K., Fang, D., Ran, S., Hsiao, B.S. & Chu, B. (2002) Structure and process relationship of
electrospun bioabsorbable nanofiber membranes. Polymer, 43, 4403–4412.



Sustainable Water Developments

Book Series Editor: Jochen Bundschuh

ISSN: 2373-7506

Publisher: CRC Press/Balkema, Taylor & Francis Group

1. Membrane Technologies for Water Treatment: Removal of Toxic Trace
Elements with Emphasis on Arsenic, Fluoride and Uranium
Editors: Alberto Figoli, Jan Hoinkis & Jochen Bundschuh
2016
ISBN: 978-1-138-02720-6 (Hbk)

2. Innovative Materials and Methods for Water Treatment:
Solutions for Arsenic and Chromium Removal
Editors: Marek Bryjak, Nalan Kabay, Bernabé L. Rivas & Jochen Bundschuh
2016
ISBN: 978-1-138-02749-7 (Hbk)

3. Membrane Technology for Water and Wastewater Treatment,
Energy and Environment
Editors: Ahmad Fauzi Ismail & Takeshi Matsuura
2016
ISBN: 978-1-138-02901-9 (Hbk)



This page intentionally left blankThis page intentionally left blank



Editors: Ahmad Fauzi Ismail & Takeshi Matsuura

Ismail
Matsuura

3

M
em

brane Technology for W
ater and W

astew
ater Treatm

ent,
Energy and Environm

ent

Series: Sustainable Water Developments 3

Membrane Technology for Water 
and Wastewater Treatment, Energy 
and Environment

an informa business

SUSTAINABLE WATER DEVELOPMENTS – VOLUME 3	 ISSN 2373-7506

The book series addresses novel techniques and measures related to sustainable water de-
velopments with an interdisciplinary focus on different fields of water resources assessment 
and management, freshwater production, water and wastewater treatment and wastewater 
reuse as well as water-efficient technologies and water-saving measures. Particular attention is 
paid to the role of water issues within the water-energy-food-public health-ecosystem-climate 
nexus.  
Water and wastewater industries are rapidly growing sectors providing significant opportunities 
for investments. This applies especially to those industries using sustainable water and 
wastewater technologies, which are increasingly favored. 
The series of books constitutes an information source and facilitator for the transfer of 
knowledge, focusing on practical solutions and better understanding. It is aimed at academics, 
manufacturers and consultants, and professionals from governmental and non-governmental 
organizations, international funding agencies, public health, policy, regulatory and other 
relevant institutions, as well as the wider public, and targets communities and industries both 
great and small.
The series includes books authored and edited by world-renowned scientists and engineers as 
well as by leading authorities in economics and politics. Women are particularly encouraged to 
contribute, either as author or editor.

SERIES EDITOR: Jochen Bundschuh

Realizing that water, energy and food are the three pillars to sustain the growth of human 
population in the future, this book deals with all the above aspects with particular emphasis 
on water and energy. In particular, the book addresses applications of membrane science and 
technology for water and wastewater treatment, energy and environment. The readers are also 
offered a glimpse into the rapidly growing R & D activities in the ASEAN and the Middle East 
regions that are emerging as the next generation R & D centers of membrane technologies, 
especially owing to their need of technology for water and wastewater treatment. Hence, this 
book will be useful not only for the engineers, scientists, professors and graduate students who 
are engaged in the R & D activities in this field, but also for those who are interested in the 
sustainable development of these geographical regions. Thus, it is believed that the book will 
open up new avenues for the establishment of global collaborations to achieve our common 
goal of welfare of the human society.
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